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ANNOTATION 


The book gives a brief description of the technological flow-sheets, the cons¬ 
truction and the principle of action of different installations and the design 
of the main equipment of the by-product recovery section of coke plant. 

Physico-chemical constants and reference ta]>les for the design liave been 
appended. 

The book is meant for engineers and technicians of coal carbonisation 
industries and may be useful to the students of engineering colleges and 
institutes, specialising in the field of Fuel Technology and Chemical 
Engineering. 

(N. B. In Russian literature the terms Nussclt Number and Prandtl Number arc 
freely used both in heat and mass transfer operations. Prandtl Number in mass 
transfer means Schmidt Number and Nusselt Number similarly means Sher¬ 
wood N iiml >er—Tra n si a t or.) 
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Part I 


TECHNOLOGICAL FLOW-SHEET AND EQUIPMENT DESIGN 
FOR PRIMARY COOLING OF COKE OVEN GAS 

In spite of the simplicity of the physical process of primary cooling of coke 
oven gas its constructional aspect meets with technological difficulties. This 
is explained by a number of reasons out of which the following may be con¬ 
sidered important : 

(1) Necessity of cooling large volume of coke oven gas in admixture with 
steam ; 

(2) Separation of tar film and naphthalene on the surface of the equip¬ 
ment during cooling of the gas ; this disturbs normal thermal con¬ 
ditions ; 

(3) Formation of ammonia liquor containing ammonium salts, cyanides, 
hydrogen sulphide and other compounds in the process of cooling 
of the gas exerts wear and tear on the equipment. 

Unfavourable conditions of work of the cooling equipment must be taken 
into account in the selection of technological flow-sheet and the design of 
eciuipraent so as to ensure necessary productivity of individual equipment. 

Practice for many years of the l^y-product coking plants in the U.S.S.R. 
permitted selection of two flow-sheets of primary cooling of coke oven gas : 

(1) Primary cooling of coke oven gas in direct type coolers ; 

(2) Primary cooling of coke oven gas in ttibular coolers. 

Both the flow-sheets received wide application in the l)y-product coking 
plants of the Soviet Union. 

The flow-sheet of primary cooling of coke oven gas in tubular coolers has 
recently been accepted as the economical and typical flow-sheet. 




Chapter One 


TEGHNOLOGTCAL F1.0W-SHEET OF PRIMARY COOLING 
OF COKE OVEN GAS IN DIR1':CT TYPE COOLERS 

I Description of Flow-sheet (Fig. 1) 

The coke oven gas in admixture with steam and chemical products of coking 
(tar, ammonia, ])onzol hydrocarbons and other components) leave the free 
space of coke oven chamljcrs at an average temperature of 650 to 700^ 
through the stand-pipes in the collecting main (1). In the collecting main, gas 
is sharply cooled by the liquor fed in a quantity of 5 to 3 per ion of dry 
])lend ))y special sprays. 

By these methods of cooling in the collecting main, the gas temperalurc 
comes down to 80 to As a result of intensive cooling tar is separated 

(condensed from gas) and also particles of coal and dust mix with tar forming 
sludge. The quantity of the sludge formed is small and varies from 0*01 to 
0*02 per cent of the weight of dry ])lcud. 

'Fhe gas c'ooled in, the collecting main is sucked from each ov('n of the coke 
oven batU'ry along the pipe (2) and then it enters into the separator (3) 
together with licpioi*. In ihe separator th(i liquor and condensed tar are 
separated from the gas stream. 

Liquor and tar together enter through the pipe (A) into the settling tank 
lor separation and the coke oven gas is directed from tlie separatoi* along the 
pipe into the direct type primary cooler (4). 

In this way the initial cooling of coki) oven gas is accomplisluKl in collect¬ 
ing mains installed in coke ovens. 

During the cooling of coke oven gas in llu' collecting mains by liquor 
the following processes take place : 

(1) Evaporation of water into the gas and increase of total gas volume; 
the dew point of coke oven gas at its ('xit from the collecting main 
is 80 to 82^^; 

(2) Condensation of tar in a quantity of about 60 per cent of iUs total 
in the coke oven gas; 

(3) Separation of the sludge. 

In the direct type cooler (4) the coke oven gas is subjected to further cool¬ 
ing up to 30 to 35^' by means of direct spraying of liquor which has been pre¬ 
liminarily cooled to a temperature of 25 to 30'^ in the sprayer type cooler (5). 

In this way the direct type cooler accomplishes the second stage cooling 
of the gas and involves the following processes : 

(1) Condensation of the residual coal tar in a quantity of about 40 per 
cent of its total in the gas; however, a quantity of about 1*5 to 
2 g tar per nm^ gas is left behind as tar fog in the coke oven gas 
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after its cooling. Separation of this tar fog from coke oven gas 
requires special methods (electrolilters) ; 

(2) Condensation of steam fi'om coke oven gas up to saturation at a 
temperature of 30 to 35® ; 

(3) Partial absorption of ammonia, carbon dioxide, hydrogen sulphide, 
cyanides, etc., by the liquor ; 

(4) Separation of naphthalene from coke oven gas and its absorption by 
the condensing tar upto a residual concentration of 1*8 to 2‘8 g 
per 7im^ of gas. 

From the direct type cooler the gas Mows through the pipe (6), enters into 
the exhauster and gets compressed under a pressure of 2000-2500 mm w.c. 
Then it passes through the pipe (8) and enters into the elc^ctrostatic precipi¬ 
tator (9). About 98 per cent of tar fog in gas is removed in the electrostatic 
precipitator. The coke oven gas now practically completely purified from 
tar is sent to the sulphate section by pipe (10). 

The movement of liquor in various parts of the flow-sheet is described 
below. The liquor together with tar sludge flows under gravity from the 
separator (3) along pipe (a) into the mechanised decantor (11) in which three 
layers are separated : 

(1) Upper layer Liquor of density 1*01 to T02 kg/litre. 

(2) Middle layer Coal tar of density 1*17 to 1*18 kg/liti'e. 

(3) Lower layer Sludge of density about 1*25 kg/litrc. 

Liquor flow's under gravity from the decantor (11) into the intermediate 
collector (12) from which it is fed, as stated earlier, by a centrifugal pump 
(13) along the pipe (6) into the collecting main for the cooling of the coke oven 
gas. In this way the following cycle of liquor is complete : collecting main 
~>-separatoi'--»-mechanised decantor“>intermediate cooler->centrifugal pump 
-^collecting main. 

Th() coal tar (containing about 2 per cent water) separated from the waten* 
flows by gravity from the decantor (11) into the intermediate tar cooler (14) 
from which it is fed by a steam pump (15) into the tar reservoir. In the 
reservoir the tar is further separated from liquor and then sent either to the 
tar distillation shop or to the consumers. 

The sludge from the decantor (11) enters into the small wagon (16) and is 
transported outside the plant territory. 

Due to partial evaporation of liquor in the collecting main and its trans¬ 
formation into gaseous state in the coke oven gas, the balance of liquor in the 
cycle of the gas collecting main will be negative. Therefore, for the conti¬ 
nuous cooling of coke oven gas in the collecting main, it is essential to supply 
the cycle with the liquor condensed in direct type cooler [from liquor collec- 
tor (22) along pipe (c)]. 

The second cycle of movement of liquor is described below. From the 
pirect type cooler the liquor and condensing tar together pass through the 
hydraulic seal (d) and enter into the settling reservoir (17) in which separation 
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of liquor from tar takes place. Condensate from the gas pipe and also from 
the exhauster and the electrostatic precipitator enters into the same settling 
reservoir. The condensate is preliminarily collected in the intermediate 
collector (18) and then transferred to the settling tank (17) by the pump (19). 

The tar which settles down in this settling tank is fed into the intermediate 
tar collector (20) and transferred by the pump (21) first into the tar reseiwoir 
and then into the tar distillation shop for further treatment. 

The upper layer in the settling tank (17), i.e. liquor is transferred into the 
reservoir (22) from which, by means of a centrifugal pump (23) is fed into 
the sprayer cooler (5) for cooling. In these coolers liquor is cooled from 70° to 
25 to 30° by the wetting of the external surface of iron radiators of the cooler by 
water which is fed by the pipe (e) at a temperature of about 20 to 25°. 

From the sprayer cooler (5) the cooled liquor enters into the direct cooler 
(4) for the cooling of coke oven gas. 

Liquor heated to 70° in the direct type coolers is returned through the 
•hydraulic seal into the settling tank (17) and its cycle is completed as : direct 
type cooler-^settling tank-^sprayer cooler-»direct type cooler. 

The surplus quantity of liquor obtained by the removal of moisture from 
coal blend during carbonisation is transferred from the reservoir (22) into the 
collector (24), and therefrom by the centrifugal pump (25), is directed along 
the pipe (e) into the sulphate section for treatment in lime-ammonia still. 

Cooling of liquor in sprayer coolers (5) is usually carried out by the so- 
called return water from cooling towei's. Water is sprayed by sprayers over 
each section of iron radiators of sprayer coolers. This ensures good wetting 
of the external surface of the radiators and the required cooling of liquor. 

Water flowing from the radiator is collected in a concrete basin under 
sprayer coolers and is fed at about 45° by a centrifugal |)ump along the pipe 
(g) into the cooler tower for cooling; (h) is the water pipe. The cooled 
water is again used for the spraying of the same cooler. 

During recent years cooling towers with forced air blast are being utilised 
in by-product coke plants for the cooling of water. The installation of such 
cooling towers ensures, during summer, a watcir temperature not above 25°. 

11 Gas CollectiBg Mains 

1. Futiction and Construction of Gas Collecting Mains 

The principal function of gas collecting mains consists in the following : 

(z) Collecting gas from coke oven chambers in the course of the entire 
period of carbonisation and keeping its composition uniform. 

(ii) Cooling of coke oven gas from 650-700° to 80-85° by liquors sprayed in 
the quantity of 5-6 per ton of dry blend. 

The collecting main of Giprokoks design (Fig. 2) is essentially a metallic 
Gollector with vertical side walls of about 16 mm thickness. In the side Wall 
of collecting main there is a; fpipe. Iwid centre of each 

chanibcr, conn^eefing the collecting ^iS'tand/pjpe.' i:';-/:-'!; 
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The distinguishing features of these collecting mains in comparison with 
the collecting mains of circular cross section (Fig. 3) which are installed in 
almost all new coke ovens are that the stand pipes are connected with the 
wall of the collecting main by direct (usual) pipe bends in place of special 
connections. Such a construction of the connection of stand pipes with the 
collecting main considerably reduces the cost of fabrication. Moreover the 
application of direct pipe bends simplifies the construction and reduces its 
cost and also creates necessary conditions for a leak-proof equipment. 

The presence of vertical side surface permits installation of the collecting 
main nearer the stand pipe. Thus the distance from the axis of the stand pipe 
up to the axis of the collecting main of circular cross section is 1,700 mm while 
this distance is only 1,320 mm up to the axis of the collecting main with 
vertical side walls. The reduction of this distance by 380 mm simplifies the 
setting of the collecting main with the buckstays of coke ovens and at the 
same time creates more favourable conditions for the distribution of load on 
the buckstays. 

The second special feature of the construction of the collecting main 
having vertical side walls is the perfection of the hydraulic seal closing the 
collecting main from the stand pipe (before the pushing of coke from the 
chambers). 

As seen from Fig. 3 the hydraulic seal in the case of circular collecting 
main is essentially an iron plate type valve having a bigger cross-section than 
the stand pipe. This valve in its horizontal position is quickly filled up with 
liquor from sprayers situated above the wall thus forming a hydraulic seal for 
the coke oven gas. Such a position of the iron valve makes it difficult to 
clean it from the sludge and coke resulting from pyrolysis of tar particularly 
when the collecting main is insufficiently sprayed with liquor. Cleaning of 
valve may be performed only through a small opening at the upper part lof 
the connecting bend. In spite of the presence of this opening complete clea®:- 
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iiiff of the valve is not achieved because it is necessary to devote ^ much time 
and labour under unfavourable conditions due to heat radiation from the 

standpipe. Moreover, the situation of the valve in the zone of high tem¬ 
peratures (outside the collecting main) creates conditions for the intensive 
deposition of coke. 

The above mentioned demerits of hydraulic seals are removed from the 
design of the collecting main shown in Fig. 2. In this design the hydraulic seal 
is situated inside the collecting main, due to which it is not subjected to heat¬ 
ing beyond 100 to 150°. This prevents the deposition of coke and sludge 
on the hydraulic seal. Construction of the swing valve permits easy cleaning 



Fig. 3, collecting main of circular section 
1. Fire Clay Support; 2. Gas Out-let made of Pig Iron ; 

3. Out-let from Collecting Main with Plate Type Valve ; 

4. Walls of Collecting Main ; 5. Supports for the Collec¬ 

ting Main 

and, when necessary, replacement without removing the stand pip^* the 
case of the collecting main of circular section the replacement of valve requires 
removal of the bend of the stand pipe. 

In order to ensure smokeless charging of coke oven chambers by means 
of injecting coke oven gas from the stand pipe into the collecting main, an 
opening is left at the uppar part of the stand pipe for the feeding of necessary 

quantity of steams ’; 
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Construction of collecting main with vertical side walls makes it possible 
to install the pipe nearer to the sprayer and steam pipes. Compactness and 
simplicity of fabrication are also merits of this design of the collecting main. 

2. Design of Collecting Mains 

Primary data for calculation : 

(i) Quantity of dry blend carbonised in two coke oven batteries—120 
tons/hr. 

(ii) Yield of main products of carbonisation (weight per cent on dry 


blend) : 

Dry coke oven gas 15 

Steam (pyrogenic water 2*2%) 10 

Tar 3*5 

Benzol hydrocarbons TO 

Hydrogen sulphide 0*5 

Ammonia 0*3 

Coke 77*5 

Total 107*8 


{Hi) Composition of dry coke 
products (volume per cent) : 

CO 

CO2 

O2 

CH, 

N2 


oven gas after the recovery of chemical 

56*7 

6*0 

3*0 

0*8 

26*0 

5*0 

2*5 

100*0 


Material Balance 

The following quantities of gaseous products of carbonisation enter into the 
collecting main per hour : 

(1) By weighty kg : 


Dry coke oven gas, Gg = 

120,000x0*15 

= 18,000 

Steam, Gg ~ 

120,000x0*1 

= 12,000 

Tar vapours, Gt ~ 

120,000x0*035 

= 4,200 

Benzol hydrocarbons, G^ — 

120,000x0*01 

= 1,200 

Hydrogen sulphide, Gjig = 

120,000x0*005 

600 

Ammonia, Ga = 

120,000x0*003 

= 360 


Total 


36,360 
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(2) By volume : 

Dry coke oven gas : 


Vo 


18000 

0-48 


—37,500 nm®. 


where 0*48=density of dry coke oven gas, calculated from gas composition 
in the following way : 

(0*567 X 2-f 0*26x 16+0*06 X28+0-05X 28+0*03x44+0*025x28+ 
0-008 X 32)-^ =0-48 kg/m^. 


Water vapours : 

12 , 000 -^^ 51 == 14,950 nm^ 

lo 


Tar vapours: 

92*4 

Fi=4,200^1^=555 

where 170—average molecular weight of tar (assumed). 
Benzol hydrocarbons: 

F„ = l,200l|5i.=316 

GO 


where 83 = average molecular weight of benzol hydrocarbons (distilled upto 
180^). 

Hydrogen sulphide : 


F;,,= 600x^^=396 nm^ 

Ammonia : 


Va=360x 


22*4 


475 nm^. 


Total volume=54,192 

■ Let us assume that 60 per cent of the tar contained in the inlet gas is con¬ 
densed in the collecting main ; then the quantity of condensed tar will be : 

^^=0*6x4,200=2,520 kg, 

and tar remaining in the gas after the collecting main : 

=0*4x4,200=1,680 kg; 

this is by volume : 


0*4x555=222wm®. 

The quantity (in kg) of water eyaporated in the collecting main is designat¬ 
ed by G. This is equal to 1 *245 G nm®/hr by volume. 
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Then the following quantities of gaseous products leave the collecting main 
(Table 1) : 



Table 1 

^— 

Name of products 


Quantity 


kgjhr 

nm^lhr 

Dry coke oven gas 

18,000 

37,500 

Water vapours 

12,000+G 

14,950+1*245 G 

Tar vapours 

1,680 

222 

Benzol hydrocarbons 

1,200 

316 

Hydrogen sulphide 

600 

396 

Ammonia 

360 

475 

Total 

33,8404-G 

53,859+1*245 G 


The value of G is determined later from the heat balance of the collec¬ 
ting main. 


Heat Balance 

Heat input 

(1) Heat carried to the collecting main by coke oven gas: 

{%) Heat carried by dry gas: 

qi^GgCgii 

Let temperature of inlet gas—650°C. 

Average thermal capacity of dry coke oven gas in the temperature range 
0-650° may be determined from gas composition and average thermal capa¬ 
city of components. This will be 

C'^=:0-567 X 0*3135+0-26 X 0*555-f0-06 X 0*3265-f 
0*05 X 0-3235+0-03 x 0*4905+0*025 x 0*7165+ 

0*008 X 0.339=0*394 kcal/m^. deg. 

Thermal capacity by weight .* 

^ 0*394 0-394 . ... ^ 

C'p = -^=-y;^=0-821 kcal/kg.deg. 

Then 


^i=:650x 185000 x 0 - 821 = 9 , 600,000 kcal/hr. 
{it) Heat carried by steam : > 
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Taking average thermal capacity of steam (Cs) = 0*484 kcal/kg. deg^ we 
get: 

^2=12,000 (595+0*484x650) = 10,900,000 kcal/hr. 

{Hi) Heat carried by tar vapours : 

q^=Gt (100+Q. ^i) 

Thermal capacity of tar vapours is determined by the formula : 

C^=0*305+0*392xl0"3^i, 

or 

^=0*305+0*392 X 10-3 x 650 
= 0*56 kcal/kg. deg; 

then 

^3=4,200 (100+0*56 X 650) = 1,950,000 kcal/hr. 

{iv) Heat carried by benzol hydrocarbons : 

^4^^ X Cl) X tx 

[Latent heat of condensation of benzol hydrocarbons is not taken into account 
in the heat balance, since they are not condensed in the collecting main. In 
the heat balance also the heats of solution of ammonia and hydrogen sulphide 
in water are not included because of their negligible values.] 

Thermal capacity of benzol hydrocarbon vapours is determined by the 
formula: 


a 


20*7+0*026 

M 


where M=average molecular weight of benzol hydrocarbons. Therefore: 


Ch=: 


20*7+0*026x650 

83 


-=0*44 kcal/kg. deg; 


and ^4= 1,200 x 0*44 x 650=343,000 kcal/hr. 

(v) Heat carried by hydrogen sulphide : 

qs—Cjis X Cjis X ti’ 

Thermal capacity of hydrogen sulphide vapours : 

Cris=0'274 kcal/kg. deg. 

^5=600 X 0*274 X 650=107,000 kcal/hr. 

{vi) Heat carried by ammonia : 

q%'=-GaXCaXtx 

Thermal capacity of ammonia, Co= 0*624 kcal/kg. deg. 

^6=360 X 0*624X 650= 146,000 kcal/hr. 

Total quantity of heat carried by the gas into the collecting main i 
0,1=23,046,000 kcal/hr. 
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(2) Heat carried to the collecting main by liquor fed for gas cooling : 

0^2= X t w > 

where quantity of water, kg/hr ; 

f^=temperature of inlet water. 

Quantity of water fed to collecting main is taken equal to 5*5 m®/ton of dry 
charge, which means : 

P14= 120x5*5=660 m^ or 660,000 kg/hr. 

Minimum temperature of water fed to the collecting main is determined 
from the dew point of the gas entering into the collecting main. 

Partial pressure of water vapours in the gas entering into the collecting main 
is (when total pressure=760 mm Hg) : 

14 050 

P=760x^^^=210mm Hg; 

this corresponds to a temperature of 67*54°. 

Let us assume that the temperature of inlet water is 5-10° higher than the 
dew point i.e. equal to 75°. ; 

Then : ^ 

0^2=660,000 X 75=49,500,000 kcal/hr. 

Total quantity of heat carried to collecting main : 

„2,„<=23,046,000+49,500,000 = 72,546,000 kcal/hr. 


Heat output 

(1) Heat carried by coke oven gas from the collecting main : 

{%) Heat carried by dry gas : 

qi ~ Gg X Cg X ^2 

Let gas temperature h at the exit from the collecting main=82° (this 
temperature will be checked later). 

Average thermal capacity of dry coke oven gas in the temperature range 
0-82° will be: 

C, = 0*567x0*31+0*26x0*382+0‘06x0*306+0*05x 
0*305+0*03 X 0*415+0*025 x0*518+0*008x 
0.314 

=0*337 kcal/m^. deg ; 
and thermal capacity by weight: 

deg; 

then 

qx= 18,000 X 0-7 X 82== 1,035,000 kcal/hr. 

(ii) Heat carried by steam : 

qi = G ', (595+a.4) 
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The quantity of steam leaving the collecting main : 
G%=12,000 + G 


Thermal capacity of steam : 

Gs= 0*438 kcal/kg. deg ; 


then 


^2= (12,000+G) X (595+0*438 x 82) 
= 7,550,000+631 X G kcal/hr. 

(m) Heat carried by tar vapours : 


^3 = G% (100 + C,.i2) 


Thermal capacity of tar vapour : 

Gt=0'305+0*392xl0-sx82 = 0*336 kcal/kg. cleg; 

then 

^3=1680 (100+0*336x82) =214,000 kcal/hr. 

(iv) Heat carried by benzol hydrocarbons : 


Thermal capacity of benzol hydrocarbon vapours : 


^ 20*7+0*026x82 ^ i i/i i 

Gb=- —- = 0*269 kcal/kg. deg ; 

and ^4=15200x0*269x82=27,000 kcal/hr. 

{v) Heat carried by hydrogen sulphide : 

Thermal capacity of hydrogen sulphide : 

G7i,5=0*238 kcal/kg. deg ; 

^ 5 =600 X0*238x82= 11,700 kcal/hr. 

(vi) Heat carried by ammonia : 

q^^Ga-Ca^h 

Thermal capacity of ammonia : 

Ca=0*503 kcal/kg. deg; 

^6=360 X 0*503 X 82= 14,800 kcal/hr. 

Total heat carried by gas from the collecting main : 

0,3=8,852,500+63LG kcal/hr. 

(2) Heat carried by liquor from collecting main : 

0 /4= (660,000—G) 
and by condensing tar : 

0;4=2520.a.r«„ . ‘ 

where thermal capacity of tar, G^=0*327+0*31 X lO'^x r^, kcal/kg. deg. 
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Let temperature of water leaving the collecting main, ; 

then 

Q;4=(660,000-G) 77=50,820,000-77 Gkcal/hr 

and 

Q;'4=2,520x 0*351x77=68,000 kcal/hr, 

where 

Q=0*327+0*31x 10-3x77=0*351 kcal/kg. deg. 

Total quantity of heat carried by liquor : 

Q^,= 50,888,000-77*G kcal/hr. 

(3) Heat lost by the collecting main to the surroundings. 

The total heat lost from the collecting main is composed of the heat loss from 
its upper part internally wetted by gas and the heat loss from the lower part 
wetted by liquor. Let us assume that the gas wets 80 per cent of the entire 
surface of the collecting main and the liquor wets the remaining 20 per cent. 

If the part of surface wetted by water is designated by oc, then cross-section 
for the flow of liquor will be ; 

a^=(3-14a—0*5 sin360a) 
and for the flow of gas: 

^^ = [3*14 (1—a)4-0*5 sin360a] 

Taking a =0*2, we get: 

^^=(3* 14x0*2-0*5 sin 72°) 722=0*155 B?. 
ap= (3*14x0*8+0*5 sin 72°) 722=:2*985 RK 

(i) Heat loss from upper part of the collecting main : 

0 / 5 =0*8 UxA {tg—tair) kcal/hr. 

Surface of collecting main, A^nDL. 

Let the diameter of the collecting main jD= 1 *3 m and length of two collect¬ 
ing mains for two batteries, L=155 m. 

Then 

.4=3*14x1*3x155=630 m^. 

Overall heat transfer coefficient from gas to surrounding air : 

U=- j ^ j kcal/m2.hr. deg. 

hi V+I3 

Coefficient of heat transfer by convection from gas to wall of the collecting 
main is determined by the following equation : 

JVu=0‘023 Re^-^xPr^-^. 

Composition of dry coke oven gas : H2=56*7% ; CH 4 =± 26 % ; 02 = 0 * 8 %; 
C02-3% ,* CO= 6 % ; N2=5% ; G^Hn=2*5%. 

Viscosities of components of dry gas (in centipoises) at average gas temperature 
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calculated by special formulae (vide Table 25) are equal to 

/xh2 = 0*015 ; ^ch4 = 0*022 ; 1^02 = 0*037 ; l^co^ = 0*033 ; /^co = 0*03 ; 

fAN2=0*032 ; 

/^CwH«=0*02. 

Then viscosity of dry gas is determined by the following formula : 

100 M qg^^MiVi 
H'dg H'i 

where molecular weight of dry gas ; 

= viscosity of dry gas ; 

Mi—molecular weight of components ; 
viscosity of components ; 

—content of components (in volume percentages) 

Then 

100 M^, 56*7x2 26x16 0*8x32 

fxao 0*015 0*022 0*037 


3*44 6*28 5*28 2*5x28 

0*033"^ 0*03 "^0*032"^ 0*02 

= 44,733. 

Molecular weight of dry gas: 

Md,=22*4 p =22-4x0*48= 10*75. 
Consequently viscosity of dry gas is : 


f-^dg — 


100 Mdg 
44733 


100x10*75 

44733 


0*024 centipoise. 


We shall now determine the viscosity of wet gas. Content of water vapour 
in the gas at the entrance ; 

= 0-277 or 27-7% by volume 

and at the exit 

or 50-5%, 

where P —total pressure in collecting main : 

partial pressure of water vapour in the gas at the entrance. 

—aqxieous tension at 82°, 

Average content of water vapours in the gas is 39.1 per cent and the con¬ 
tent of dry gas is 60*9 per cent. 

Viscosity of water vapour at 366®, ^H 20 =0-022 centipoise. 
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Then viscosity of wet gas is determined by the formula : 

100 M„ __ M qg.va, ^ ^HjO. ^HtO 

l^via IJ-da I^HiO 

100 M„, 10-75X60-9 , 18x39-1 


fMwa 0-024 

Molecular weight of wet gas -. 


0-022 


=59,300. 


Then 


,, 60-9x10-75+39-1x 18 

li’59. 


_100+f„„ 100x13-59 . 

59300 59300 centipoise. 


Specific gravity of wet gas : 


13 * 5 ^ 973 


Reynolds number : Re= 


1000 vDpwg 

f^wg 


Taking the average gas velocity in collecting main, »=4-25 m/sec, we get 


„ 1000x4-25x1-3x0-26 

-0:023-=®2.500. 


Prandtl number : 


Pr=3-6x-^^, 

■^wg 

where C —average thermal capacity of wet gas in kcal/kg. deg. Thermal 
capacity of dry gas at entrance : 

C'^^-0-821 kcal/kg. deg. 

Thermal capacity of water vapours at entrance : 

C'//20=0*484 kcal/kg. deg. 

Content of water vapour at entrance is 27*7 per cent by volume. This figure 
expressed on weight basis becomes: 


27-7x18 

27-7x 18+72-3x 10-75 


= 39-1% 


and the content of dry gas is 60*9 per cent by weight. 

Then thermal capacity of dry gas at entrance : 

C+a=0*821 X0-609+0-484X0-391 =0*689 kcal/kg. deg. 
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Thermal capacity of dry gas at exit: 

C"<js=0-7 kcal/kg. deg. 

Thermal capacity of water vapour at exit: 

C"H20=0-438 kcal/kg. deg. 

Content of water vapour at exit is 50-5% by volume ; by weight it becomes 

50 ' 5 xl 8 _ 63 °/ 

50 - 5 X 184 - 49-5 X 10-75 

The content of dry gas is 37 per cent by weight. 

Then thermal capacity of wet gas at exit: 

C"„,9=0-7x0-374-0-438x0-63=0-535 kcal/kg. deg 
and average thermal capacity of wet gas; 

C =-®'®^^+®'^^^-=0-612 kcal/kg. deg. 


We shall now determine thermal conductivity of wet gas. Thermal conducti¬ 
vity of components of dry gas at 366° (in kcal/m.hr.deg.) : 

KHs=0-251 ; 

KCHi=0-065 ; 

AT«H„=0-0225 ; 

^C04=0-0374 ; 

-fi^C'02=0 0319 ; 

^• 02 = 0-0392 ; 

^JV2=0-036. 

Thermal conductivity of dry coke oven gas: 

Arii,=0-251 X 0-5674-0-065 X 0-264-0-0392 X 0-008 
4-0-0319 X 0-034-0-0374 x 0-064-0-036 x 0-05 
4-0-0225x0-025=0-165 kcal/m. hr. deg. 

Thermal conductivity of wet gas ; 

A'’„i,=0-165x0-6094-0-0432x0-391 =0-1174 kcal/m. hr. deg. 
Thermal conductivity of water vapours at 366°; 

Ar„=0-0432 kcal/m. hr. deg. 

Thus 


Pr=3-6x- 


0-612x0-023 


0-1174 


= 0-431. 


Wm=0-023 X 62,500»-8 x 0-431®-*= 113 and 
hi=J^ux^£’=U3 x °'^\g^^ =10-2 kcal/m*. hr. deg. 


Then 
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Coefficient of heat transfer by convection from the walls of the collecting 
main to the surrounding air is determined by the following formula : 

J\fu=^CRe^i 

where the values of C and n depend on Reynolds number. 

Let the temperature of the surrounding air be 25° and its velocity 3*5 m/sec. 
Viscosity of air at 25° = 16*5x 10"® m^/sec. 

Then 



l^air 


3-5xl*3xL0® 

16*5 


2,82,000. 


When i?<?=282000, C=0-023 and n=0-S, 
then 

Wz/=0-023x2,82,000®-®=527. 

Since thermal conductivity of air at 25°== 0*022 kcal/m.hr.deg, 
then 


==527^^j^|^=8*9 kcal/m^. hr. deg. 
D 1*5 


Coefficient of heat transfer by radiation from the wall of the collecting main 
to the surrounding atmosphere is determined by the following formula : 


-Vl^ kcal/m2. hr. deg. 

^wall *air 


(7=4*6 kcal/m^. hr. deg. (for rough metallic surfaces). 

Given the temperature of external surface of collecting main=142°. Then 
at an air temperature of 25°, we have : 

/273 + 142\4 /273 + 25\4 

, V 100 j V 100 ) 

As-4 6 142 - 25 

= 8*5 kcal/m^. hr. deg. 


Overall heat transfer coefficient: 


1 0-006 1 
10-2 "^O-SO 89+8-5 
= 6 kcal/m^. hr. deg, 


where the thickness of deposits on the walls is taken equal to 6 mm and their 
thermal conductivity, ^*=0*50 kcal/m.hr.deg (thermal resistance by the 
metallic wall is neglected). 

The temperature of the external surface of the collecting main is verified by 
the following formula : - 


^wall — 


Ux jig’ 
h^-]rhz 
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Ui'all —25 


6 (366-25) 
^ 8-9+8*5 


= 142°. 


This checks with the value assumed earlier. 

Heat losses from the gas containing part of the collecting main will bo : 

{^'5==0-8x 630x6 (366-25) 

= 1,030,000 kcal/hr. 

{ii) Heat losses from the lower part of collecting main : 

Q;'5=0’2 AUi (tu^aier—tair) kcal/hr. 

Coefficient of heat transfer from water to the internal surface of the collect¬ 
ing main : 

/ 2 i=(l 190+21-5 0*045 ^Va/er) kcal/m®. hr. deg, 

where Umter —average temperature of water=76°C, 

z^—velocity of liquor in collecting main. 

Since cross-section for flow of liquor is 

2 

^=0-155/J2=0-155(^) =0-064 m2, 
then velocity of water will be : 

8x3600x^ 


where coefficient 8 is introduced because there are two batteries and the water 
flow in each collecting main is divided into four streatns. 

Thus 


w— 


660 


8x3600x0-064 


= 0-36 m/sec. 


Then 

Ai=(1190+21-5x 76-0-045x762) 0 - 360-8 
= 1130 kcal/m2. hr. deg. 

Coefficient of heat transfer by convection from the walls of the collecting 
main to the surrounding air (determined earlier) 

A2=8'9 kcal/m2. hr. deg. 


Coefficient of heat transfer by radiation from the lower part of the collect¬ 
ing main : 


A3 = <I 


\ 100 ) 


yioQ 


kcal/m®. hr. deg. 
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Given temperature of the walls of the collecting main at its lower part =^68°, 
then 

/273+68\4 /273 + 25\4 

/z.==4.6 V ^00 / I IQQ J 

= 6*06 kcal/m^ hr. deg. 

Overall heat transfer coefficient from water to air will be : 


Taking 


we Qfet : 


^-IP kcal/m2. hr, deg. 


8=0-006 m, 

jr=0*50 kcal/m. hr. deg, 


T 0*006 r 

1136'^ 0*50 "^8*9 + 6*06 
= 12*7 kcal/m2. hr. deg. 

We-shall verify the temperature of the lower part of the collecting main by 
the followins: formula : 


iicall — 


I U 2 {iwater 

h2~\~hz 


t ng I 12-7 (76-25) . 

2 o+ 3 . 9 ^ 5.06 > 

this checks with the value assumed earlier. 

Heat losses from the lower part of the collecting main : 

Q^"5=0*2x630x 12*7x (76-25) 

=82,000 kcal/hr. 

Total quantity of heat lost from the collecting main : 

(7 6 = 1,030,000+82,000 = 1,112,000 kcal/hr. 

Thus total heat output is: 

60,852,500+554 G kcal/hr. 

Ecjuating input and output of heat we get: 

72,546,000=60,852,500+554 (?, 

whence quantity of water evaporated in the collecting main is obtained as 
G=21,100 kg/hr. This becomes by volume in the gaseous state : 

21,100 X -^^=26,200 nrrfijhx. 
lo 

Total volume of water vapours at exit: 

14,950+26,200=41,150 nm»/hr. 
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Because of four outlets of gas streams from each battery (vide flow sheet) 
velocity of gas flow in the collecting main is : 


15,7000 

1-27x3600x8 


=4-28 m/sec; 


this checks with the value assumed earlier. 

Heat balance of collecting main is shown in Table 3. 

Table 3 

HEAT BALANCE OF COLLECTING MAIN 


Items 

Heat input 
kcaljhr 

Heat output 
kcaljhr 

Dry coke oven gas 

9,600,000 

1,035,000 

Water vapours 

10,900,000 

20,869,000 

Tar vapours 

1,950,000 

214,000 

Benzol hydrocarbons 

343,000 

27,000 

Hydrogen sulphide 

107,000 

11,700 

Animonia 

146,000 

14,800 

Total with gas 

23,046,000 

22,171,500 

With liquor 

49,500,000 

49,262,500 

Losses to surroundings 

— ■ 

1,112,000 

Total 

72,546,000 

72,546,000 


III Gas Pipes for Coke Oven Gas 
(1) Function and Construction of Gas Pipes 

The gas pipes through which coke oven gas is sent through the installation 
of by-product recovery section and then sent for using in coke ovens, metal- 
Im'gical plants, nitrogenous fertilizer plants etc.,- must satisfy specific require¬ 
ments. 

The derangement in the working of gas pipes particularly in the main segments 
(suction pipes, gas pipes of the machine section, etc.) leads to much difficulty 
in technological processes of coking and normal utilization of coke oven gas by 
consumers. Therefore, while designing gas pipes, it is necessary to take into 
account the conditions necessary for repairs in a short time. 

The gas pipes of a by-product coking plant are usually divided into two 
groups: (z) the gas pipes of the direct coke oven gas, through which gas leaves 
the coke oven up to the removal of chenaieal products of carbonisation viz. tat, 
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ammonia, hydrogen sulphide and raw benzol; (ii) the gas pipes of the return 
coke oven gas, through which the gas freed from the above-mentioned main 
chemical products is sent for heating of coke oven gas or to other consumers. 

Technological working conditions are different for these two groups of gas 
pipes. This must be borne in mind at the time of design and construction of 
gas pipes. 

While designing the segments of gas pipes for direct coke oven gas, it is 
necessary to consider the following : composition of coke oven gas, contents 
of various products of carbonisation in the particular segments of gas pipe 
and also the presence of water vapours. 

It is particularly important to give attention to the content of naphthalene 
which may get separated in different segments and disturbs the normal trans¬ 
port of the gas by choking the pipes. 

The most difficult for calculation and design are the segments of the pipe, 
through which coke oven gas is taken out from the battery. These pipes are 
connected with the collecting main usually at two points, as shown earlier 
(at the time of their calculation). 



Fig. 4. cross-over gas pipe from the collecting main 

The connection of gas pipes with the collecting main in these two points 
has special constructional features. As shown in Fig. 4 the gas from the 
collecting main enters the cross-over pipe having a shape of an inverted 
Throttle valves (1 and 2) are installed in the middle ofthevertical segments of the 
pipe. The installation of these valves in the vertical segments of the pipe makes 
it possible to avoid contact of the valves with the sludge and hence obstruction 
in the normal work. Throttle valve (2) serves for automatic regulation of given 
pressure in the collecting main. This is achieved with the help of the regu¬ 
lator (3), Valve (1) is manually operated and serves for rough control of g?is 
pressure in the collecting main. The gas outlet is sprayed with liquor by the 
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sprayer (4) installed from the top along the axis of vertical segments of pipe at 
the bend of the stand pipe. 

The collecting main and gas pipes are connected by bridge (5) for the over¬ 
flow of tar and liquor. 

Cooling of coke oven gas sucked from coke oven chambers is achieved by 
the spraying of liquor in stand pipes and the collecting main with the help of 
special sprayers. 

The temperature of liquor fed for the cooling of gas in the collecting main 
is usually in the range of 72-75° and the pressure in sprayers is 1 to T5 atmos¬ 
phere. 

The gas saturated with water vapour and having a temperature of 80-85° 
is transported from the collecting main to the primary coolers through gas 
pipes. Due to heat loss from the walls of the gas pipe the gas is cooled to 
some extent and some tar and water are separated from it. This must be 
taken into consideration in the design of these pipe segments particularly when 
the distance from the ovens to primary coolers is more than 50 meters. The 
sprayed liquor passes with coke oven gas along these pipe segments and 
condenses part of the tar sludge. 

In order to ensure necessary flow rate of these liquids the gas pipes from 
the collecting mains are provided with a lagging of an incline 10-15 mm per 
linear meter at the side of the by-product recoveiy plant. 

The upper (gas containing) parts of the gas pipes have apertures of diameter 
75 mm which are closed by conical shaped iron stoppers placed at a spacing 
equal to pipe diameter and which are meant for pushing the sludge along 
the pipe. 

The gas pipes from the collecting mains to primary coolers possess the follow¬ 
ing special constructional features : 

(i) Made of mild steel sheets of thickness 6-8 mm. 

(ii) Compensators are installed at the end of the sti aight segment of length 
more than 50 mm. The compensators absorb thermal deformation (along the 
axis of the gas pipe) caused by changes in the pipe wall temperature. 

(Hi) Usually pipes are installed on columns; but above the tracks for the 
pushing machine the gas pipes are installed on metallic constructions (bridges) 
with mobile roll bearings. 

After primary coolers gas pipes work under conditions of more or less constant 
temperature. For the flow of condensate of water and tar vapour the pipes 
are provided on metallic columns with a slope of 5-10 mm per linear meter. 

There are side tubes for steaming the pipes for the removal of condensed 
naphthalene. 

At the lower parts of the pipes there are a number of outlet pipes connected 
with hydraulic seals by link pipes through which condensate flows into the 
hydraulic seals. The hydraulic seals are heated in winter. 

After the primary coolers the gas pipes are made of mild steel sheet of thick¬ 
ness 6 mm. Electrical welding of gas pipes must be carried out with utmost 
care. . 
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Gas pipes in the segments of I'eturn coke oven gas (after benzol scrubbers) 
work under better technological conditions than in the segments of direct gas 
because the temperature of return gas varies little and these pipes transport the 
coke oven gas freed from chemical products of carbonisation. However, in 
winter water is condensed out from the gas and naphthalene is deposited on the 
pipe walls due to lowering of gas temperature (less than 25"^). For removing 
these deposits, there are outlets (provided with hydraulic seals) at every 30 to 
50 mm distance of gas pipe. For steaming of gas pipes and heating of hydraulic 
seals, steam pipes are laid near the segments at the proximity of benzol scrubbers. 

Gas pipes of the return coke oven gas are supported on metallic column and 
compensators are provided every 100 linear meter. 

For finding the most suitable diameter of gas pipe a value of 12-15 meter 
per second is taken for gas velocity. Only in small pipe segments a gas velo¬ 
city of 18-20 meters per second may be assumed. 

(2) Design of Gas Pipes from the Collecting Main to Cooler 

The diagram of segments shown in Fig. 5 is I'eferred to for calculation. 

We shall calculate only for segment I. The calculations for other segments, 
viz. II, III and IV are similar. 


J 


M-' 


Fig. 5. lay-out of gas pipes from collecting mains 
Thermal Calculation for Segtnent I 

One-fourth of the total quantity of coke oven gas leaving the collecting 
main enters segment I : 


Tgjhr nm^jhr 


Dry gas 

4,500 

Water vapours 

8,275 

Tar vapours 

420 

Benzol hydrocarbons 

300 

Hydrogen sulphide 

150 

Ammonia 

90 

Total 

13,735 
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Let velocity in segment 1=13 m/sec and average temperature=82°. 
Then cross-section for gas flow will be : 


_ 20014 (273+82) 
273 X 3600 X 13 ~ 


m^. 


Since cross-section for gas flow in gas pipe is determined by the following 
equation : 

^, = [3*14 (l-a)+0-5 sin 360oc] R\ 
then taking a=0*3 for gas pipes, we can find the radius of segment I : 


i? 




0-55 


3*14x0*7+0*5 sin 108“ 
Z)=0*9m. 


-0*45 m. 


Heat lost from the pipe surface wetted by gas : 

di^O-y UA 

Surface area of segment I with length 56 m : 

/l=:rDL=3*14x0*9x56=159 m^. 

Coefficient of heat transfer by convection from gas to pipe wall is determined 
by the equation : 

jVz/.=0*023 

Viscosity of components of dry gas in centipoise at 82° : 


f^H2 = 

0-0102 



/^C02 == 

0-0176 

/rcH4 = 

0-0132 



/^GO = 

0-02 

f^02 = 

0-0236 



PCml^n 

0-0122 

M'N2 — 

: 0-0202 





iscosity of dry gas is calculated 

by the equation : 



lOOMtfg 

H'dg 


5!l 


100 Ma, 

56-7x2 

26x16 

1 6x28 

. 5x28 

3x44 

H'dg 

0-0102 

‘ 0*0132 

' 0-02 

' 0-0202 ‘ 

0-0176 


2*5x28 0*8x32 

0*0122 0*023r' 


=72,480. 


Since molecular weight of dry gas is equal to 10*755 then viscosity of dry 
gas : 

100x10*75 


/^dSflr = 


72480 


=0'0148 centippise. 
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Content of water vapour in gas is 
392 


760 


-=51-5%. 


Viscosity of water vapour at 82°=0-0114 centipoise. 
Viscosity of wet gas is determined by the equation : 

100 Af», 48-5X 10-75 51-5x18 

^ 0-0114 


1^109 


0*0148 


Molecular weight of wet gas : 

48-5 X 10-75-1-51-5 X 18 


—■ - 


= 115,600. 


100 


=14-46. 


Then 




100 X 14-46 
115600 


0-0125 centipoise. 


Reynolds number : 


Re = 


1000 X 13 X 0-9 X 0-495 


0-0125 


=463,000 ; 


Specific gravity of wet gas : 


14 - 46 ^^ 

9w9 29*4 ^ 


273 

273-1-82 


= 0-495 kg/m®. 


Thermal conductivity of components of dry gas at 82“ (in kcal/m.hr.dcg.) : 


/,-H2 = 0-195 

A'G02 

= 0-0163 

A'CHt = 0-03455 

/cN2 

= 0-0275 

A-02 = 0-0283 

kCfiiiln 

= 0-0196 

kco = 0-0276 



Thermal conductivity of dry coke oven gas: 




A''d5=0-567xO-195-l-0-26xO-03455-fO-008xO-0283-t-0-03xO-lG3-i-0-06 
X0-0276-f0-05x0-0275-f0-025x0-0196=0-123 kcal/m.hr. deg. 


Thermal conductivity of wet gas: 


jr„j=0-123x0-485-l-0-515x0-02=0-071 kcal/m.hr. deg; 
where thermal conductivity of water vapour at 82° ; 

.Kh 2 O= 0-02 kcal/m®.hr. deg. 

Since content of water vapour in gas is equal to 51-5 per cent (by volume), 
then this becomes in weight percentage as follows : 


51-5x18 

51-5x18-1-48-5x10-75 


64% 


and thermal capacity of wet gas: 

C=0-64><0'438-(-0-36x0-7=O(-532 kcal/kg. deg. 
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Prandtl number : 


Pt = 


3-6x0-532x0-0125 


0-071 


=0-34. 


Then 


jV«=0-023 X 4,63,000''-« x 0-034'>-«=737 ; 


Ai=jVKX-^^ = 737x- ^Q^ = 58‘2 kcal/m®. hr. deg. 
Coefficient of heat transfer by convection to air : 

^ = 527 X^^= 12-9 kcal/m^.hr. deg, 


where 527 (p. 19). 

Coefficient of heat transfer by radiation from gas pipe : 


.. lioo; ^Qoy 


^3=4-6 

tl fair 

Given wall temperature 4=65'^. 

Then 

/ 273+65 \4 / 273 + 25 \4 


/z3=4*6x 


V 100 ; V 100 ) 
65-25 

Overall coefficient of heat transfer : 


=5*92 kcal/m2. hr. deg. 


IL=. __ _ _ 

^ 1 S 1 1 0-003 1 

K'^h2+hz 58-2“^ 0-5 12*9+5-92 

= 13-1 kcal/m^.hr. deg, 

where thickness of deposits on walls=3 mm. 

Wall temperature is verified by the following equation : 


h— ^air^ 


Ul {tg :^az>) 

A 2 + A 3 


=254 


13-1 (82-25)__ 
12-9+5*92 


This checks with the value assumed earlier. 

Heat losses from the upper (gas containing) part of gas pipe will be : 

1=0-7 X 159 X 13-1 (82-25)=83,000 kcal/hr. 

Heat losses from the surface of gas pipe internally wetted by water : 

Q,2=0*3 U^AyC^ity) tair)» 

Cross-section for water flow in gas pipe : 

^,^=(3* 14X 0*5 sin 360 a) R^, 
a=0‘3 and 72=0*455 

^^=(3-14 x0-3-0-5 sin 108^^) 0-452=0*095 


When 
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Quantity of liquor and tar flowing in the segment I is 
641420 

160355 kg/hr 

= 160*3 m^/hr. 

Then velocity of liquor : 

160*3 




3600x0*095 


=0*47 m/sec. 


Coefficient of heat transfer from water to wall of gas pipe : 

Ai=(1190+21*5 /«,--0*045 i\) kcal/m^.hr. deg. 
When water temperature at the entrance to the gas pipe=77'^, we get: 

^i=( 1190+21 *5 X 77-0*045 x 77^) x 0*47o*8= 1,400 kcal/in.hr. deg. 
Coefficient of heat transfer by convection to air as determined above : 
^2=12*9 kcal/m^.hr. deg. 

Coefficient of heat transfer from the lower part of gas pipe : 


^3=4* 6 X 

Taking ^i=71°, we get: 

^3=4*6 X • 




-Y 

100 J 


■ air 


tx fair 


273+71\4 /273+25y 

~ ) I 100 } 


71-25 

Overall coefficient of heat transfer from water to air : 

1 1 


6*1 kcal/m^hr, deg. 




hi 




1 


1 


0*003 

1 A . K + ' 


12*9 + 6*1 


ir^As+Aa 1400^0*5 
= 16*85 kcal/m^. hr. deg. 

We shall verify the wall temperature of gas pipe by the following formula 

{tw — tair) 


h — 


A2+As 


16*85 (77-25 ) 

^ 12^9+6*1 ^ • 

This checks with the value assumed earlier. 

Then heat losses from the lower part of gas pipe : 

(i2=0*3 X 159 X 16*85 (77—25)=41,8O0 kcal/hr. 
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Heat losses from the gas containing part of the gas pipe are due to the 
condensation of part of tar and liquor and those from the lower part are due 
to the cooling of liquor. 

Liquor temperature of segment I : 


Jf«;==77- 


41800 

160355' 


Let 15 per cent of initial quantity of tar from two batteries be condensed 
in the gas pipes. Assume condensation of tar 


in the segment 

I 

= 3 % 

(in all 6%) 

in the segment 

II 

= 1 % 

(in all 2%) 

in the segment 

III 

= 1-5% 

(in all 3%) 

in the segment 

IV 

II 

(in all 4%) 


Then tar condensation in segment I: 

0*03x4200=126 kg/hr=16 m^/hr. 

Heat of condensation of this quantity of tar is: 

^^=126x 100 = 12,600 kcal/hr. 

Remaining heat loss from the upper part of gas pipe leads to the condensa¬ 
tion of water vapour. 

Heat of condensation of water vapour will be : 

^^,=83000-12600=70,400 kcal/hr. 

Quantity of water vapour condensed : 

70400 

- 128 kg/hr=160 nm3/hr. 


Quantity of escaping vapours (by volume) : 

10287-160=10,127 nm^/hr. 

Total quantity of exit gases : 

20014-16-160=19,838 nm^/hr. 

Let pressure loss in segment I of gas pipe=12mm w.c. 
Then partial pressure of water vapour at the exit: 

^ 10127 /_ 12'0\ ... „ 


this corresponds to a dew point of 82*17°. 

Consequently, the gas is cooled by 0*23° in segment 1. 

The calculation for the remaining segments of gas pipe may be carried out 
in an analogous way. 

The following figure? will be taken for further calculations for the coolers: 
temperature of gas entering the cooler=80° and pressure of gas=755 mmHg. 
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The following quantities of gas (free from water vapour) enter the cooler 
from two coke oven batteries : 



kgjhr 

nm^lhr 

Dry coke oven gas 

18,000 

37,500 

Tar vapours (0*25 X 4200= 1050) 

1,050 

139 

Benzol hydrocarbons 

1,200 

316 

Hydrogen siilpliide 

600 

396 

Ammonia 

360 

475 


Total 21,210 

38,826 


Volume of water vapours saturating the gas at 80° is calculated in the follow¬ 
ing way : 

l/„=38826x =34,400 ms/hr, 

where 355*l = aqueous tension in mmHg at 80°. 

Total quantity of water vapours by weight: 

34400 X -^=27,600 kg/hr. 

Thus, total quantity of gases entering the cooler will be : 

48,810 kg/hr (by weight) and 73,226 m^/hr (by volume). 

IV Direct Type Primary Cooler 
(1) Construction and Principle of Action 

The gas cooler of direct type (Fig. 6) consists of an iron cylinder of diameter 
4-5 m and height up to 4 m. 

Inside the cooler there are belts of angle irons attached along the height. 
These serve as support for doul:>le tee-beams (I-shaped) on which wooden 
packings are placed. The packing consists of wooden rods set in the form of 
sieves of wooden circles; each rod has a height of 100-125 mm and thickness 
10-12*5 mm ; distance between rods in the assembled circle=25 mm. 

Coke oven gas at a temperature of about 80° enters the lower part of cooler 
through an opening of diameter 1200-1500 mm. The cooled gas leaves 
through an opening of diameter 1000-1200 mm, situated somewhat lower than 
the roof of the cooler.. 

There is a device before the upper opening for preventing the entrainment 
of water drops by the exit gas from the cooler. 

Liquor cooled to a temperature of 25 to 30° in the sprayer coolers is fed by a 
centrifugal pump to the sleeve situated below the roof of direct type copletfe i 
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The sleeve branches into two pipes passing through the roof and feeding water 
to the distribution arrangement. The latter consists of two iron segments 



Fig. 6. direct type cooler ( General view ) 

1. Cooler Body; 2. Bottom; 3. Roof; 4. Double-Tee Beams under 
Wooden Packing; 5. Wooden Checker Packing; 6. Sleeve; 7. Dist¬ 
ribution Arrangement for Liquor; 8, 9, 14. Liquor Feed Pipes; 

10. Manhole; II. Liquor Outlet; 12. Clutches; 13. Gas Outlet; 

15. Connecting Pipe for Discharging Liquor from Cooler. 


with a large number of openings of diameter 10 to 12 mm (about 130 openings 
per sq. m.). 

The placement of segments is seen in Fig. 6. At the end of a segment 
there is an angle (100 x 100 x 10 mm) along the chord meant for the creation 
of overflow of liquor on the segment. Due to this, the affluent liquor passes 
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through the openings in the segment and uniformly sprays the upper layer 
of wooden packing. 

Liquor flows in a film along the packing to the lower part of the cooler and 
then leaves through the opening situated at the bottom of the cooler. 

When the direct type cooler stops functioning, liquor and tar together may 
be taken out from its lower part through the outlet opening situated aloove 
the bottom of the cooler at its edge. 

At the roof of the direct type cooler and at its lower (gas containing) part 
there are observation holes for checking the working of distrilmtion arrange¬ 
ment and uniformity of spraying of wooden packing. 

In the body of the direct typo cooler there are connecting pipes for feeding 
steam under each section of wooden packing. Steam pipes are attached to 
these connecting pipes. 

At the lower part of cooler along the periphery six clutches are welded, 
through the openings of which the basement bolts are introduced. 

Primary cooler of direct type may consist of shelves also. The construction 
and method of calculation for these are same as for final coolers of shelf type 
(vide later). 

(2) Design of Direct Primary Cooler of Checker Type 

Material Balance 

The following quantity of gas enters the cooler : 



kgikr 


Dry coke oven gas 

18,000 

37,500 

Water vapours 

27,600 

34,400 

Tar vapours 

1,050 

139 

Benzol hydrocarbons 

1,200 

316 

Hydrogen sulphide 

600 

396 

Ammonia 

360 

475 

Total 

48,810 

73,226 


Let temperature of the exit gas= 35° and its pressure ===745 mmHg. 

Let the remaining tar condensed in the cooler=1050 kg/hr. 

Volume of water vapour at the exit is calculated by the following equation 
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where 

“Volume of dry gas at the exit 
=37,500+316+396+475=38,687 m^/hr ; 

/>=aqueous tension at 35°=42 *2 mmHg ; 

P=gas pressure at the cooler exit in mmHg. 

Thus 

F,,=38687 X 745^^542:^=2320 nm^/hr 
1860 kg/hr. 

Consequently, the quantity of water vapour condensed in the cooler=27,600 
—1,860=25,740 kg/hr. 

The c|uantity of liquor sent for further treatment = 12,000—1,860= 10,140 
kg/hr, 

where 12,000=quantity of water separated from coal in kg/hr. 

Taking composition of liquor^ : NH3==7g/l, ¥12^ = 2^11, 
we find that the following quantities got into solution in liquor sent for further 
treatment: 

NHs-10140 x0-007i:=i70 kg/hr. 

H2S-10140x0-002;::i20 kg/hr. 

Thus quantities leaving the cooler : 



kglhr 

nm^lkr 

Dry coke oven gas 

18,000 

37,500 

Water vapours 

1,860 

2,320 

Benzol hydrocarbons 

1,200 

316 

Hydrogen sulphide 

580 

382 

Ammonia 

290 

382 

Total 

21,930 

40,900 


Heat Balance 

Heat Input 

(1) Heat carried to cooler by coke oven gas : 

(f) Heat carried by dry gas : 

qi — Gg.C/g.ti* 

Thermal capacity of dry gas at 80°=0*7 kcal/kg.deg. 

^ 1 = 18000 X0-7 X 80 = 1,010,000 kcal/hr. 

{ii) Heat carried by water vapour : 

q2 = G,, (595+CW /i) =27,600 (595+0*438x80) 

= 17,400,000 kcal/hr, 

^ Solution of CO 2 in liquor is not taken into account for the purpose of simplifijCation (vide 
also page 60). Solution of H 2 S is taken into account only for the calculation of sulphur purifi¬ 
cation. > 
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where 0*438=thermal capacity of water vapour in the range 0-80". 

(m) Heat carried by tar vapour : 

^3=G^x(100 + CiX<i)=-1050 (100+0*336x80) 

= 1335000 kcal/hr, 

where C*=0*336=thermal capacity of tar vapour in kcal/kg.deg at 80", 
(iv) Heat carried by benzol hydrocarbons : 

1200X0*248X 80 = 23,600 kcal/hr, 

where 0*248 =thermal capacity of benzol hydrocarbons in kral/kg.deg, 
(zj) Heat carried by hydrogen sulphide : 

X 0*238 X 80= 115400 kcal/hr^ 

where 0*238=thermal capacity of hydrogen sulphide in kcal/kg.deg. 

{vi) Heat carried by ammonia : 

^c==Ga.CaJi===360x0*503x80= 14,600 kcal/hr, 

where 0*503=thermal capacity of ammonia in kcal/kg.deg. 

Total quantity of heat carried by the gas to the cooler : 

0^1=18,592,600 kcal/hr. 

(2) Heat carried by cooling water : 

where l+=quantity of water fed to cooler in kg/hr ; 
and temperature of incoming water. 

Let 30". 

Then 


Q^s-SOPf'kcal/hr. 

Total heat input: 

Q^inpui — 185592 , 600 + 3014 '^ kcal/hr. 

Heat Output 

(1) Heat carried by coke oven gas from the cooler : 

(f) Heat carried by dry gas: 

^x= 18000x0*688x35=434,000 kcal/hr, 

where 0*688 is the thermal capacity of dry gas in kcal/kg.deg at 0-35". 

{ii) Heat carried by water vapour : 

^ 2-1860 (595+0*434x35) = 1,135,000 kcal/hr, 
where 0*434 is the thermal capacity of water vapours in kcal/kg.deg. 

(m) Heat carried by benzol hydrocarbons: 

^3=1200x0*246x35 = 10,400 kcal/hr, 

where 0*246 is the thermal capacity of benzol hydrocarbons in kcal/kg^deg. 
(iv) Heat carried by hydrogen sulphide : 

^4=580 x0*235 x 35=5,000 kcal/hr, 
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where 0*235 is the thermal capacity of hydrogen sulphide in kcal/kg.deg. 

(v) Heat carried by ammonia : 

^5=290x0*493x35=5,000 kcal/hr, 

where 0*493 is the thermal capacity of ammonia in kcal/kg.deg. 

Total quantity of heat carried by gas : 

0^3=1,589,400 kcal/hr. 

(2) Heat carried by water and condensate at 70° : 

0,4=70 (PF+25740+1050x0*349) =70 14^+1,827,400 kcal/hr, 
where the thermal capacity of liquid tar : 

Ci=0*327+0*31 X 10-3x^=0*327+0*31 x 10-3 x 70 
=0*349 kcal/kg. deg. 

Total quantity of heat carried away from the cooler : 

Q^oui — 3,416,800+70 W, 

Equating heat input with heat output, we find the quantity of water necessary 
for the cooling of gas in the cooler : 

18,592,600+30 =3,416,800+70 W, 

whence 14^=379,400 kg or a round figure of 380 m3/hr. 

Therefore, the quantity of water necessary per 1000 m® dry gas per hour : 


380 

37500^ 


1000=10-1 m3. 


Heat balance as made on the basis of the above calculations is given below 
(in kcal/hr) : 


Heat input 


Heat output 


Heat carried by gas 18,592,600 

Heat carried by water 11,381,850 

Total 29,974,450 


Heat carried by gas 

Heat carried by 
water and condensate 

Total 


1,589,400 

28,385,050 

29,974,450 


Fig, 7 shows the material flow of water streams in the condensation sec¬ 
tion (in kg/hr). 

Quantity of liquor fed to the lime-ammonia section is 10,140 kg/hr. 
Quantity of liquor added to the water cycle is 15,600 kg/hr. 

Determination of Cooler Dimensions 

Let us have a wooden packing with the following characteristics : 

Thickness of grid (a) = 12 mm. 
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Distance between grids (i)==25 mm. 

Height of grid {c) = 100 m. 

Equivalent diameter of packing (fl^p)=^2b; -=2 X 0’025-™0*05 m. 

se ooo 57SH Q 

XZOO<^ 5StOD 
^T\^e7600 

V ^ 

6539^ 5$oo 


6€OCOO 


\64-^^oo 

(5600 


405/4^[J7^400 

5Q9m 


Fig. 7. ^low-diagram of water condensed from gas (in kg'/hr). 


Viscosity of dry coke oven gas at 35^ at the outlet from the cooler is deter¬ 
mined by the following equation : 

100 Mg, js;^ Mi Vi 

l^dg 

where Mi —Molecular weight of components ; 

•Vi —Content of components in volume percentage ; 
lii —Viscosity of components in centipoise ; 

Mtxg —Molecular weight of gaseous mixture ; 

Ho —Viscosity of gaseous mixture in centipoise. 

Since density of dry coke oven gas : 


P 


18000 

37500 


0*48 kg/m^3 


then its molecular weight, Afdf;*-=:0*48x 22*4^ 10-75. 

The volume percentage of separate components of dry coke oven gas and 
their viscosities at 35° arc given below : 



H. 

CH* 

CO Na 

COa 

Owil’ln 

Oa 

Content in% 

56-7 

26 

6 5 

3 

2-5 

0*8 

Molecular weight 

2 

16 

28 28 

44 

28 

32 

Viscosity, {xx 10 ® 

0-925 

> 1-18 

1-815 1-84 

1-55 

1-075 

2*12 

Then 

100 AU, 
Ho X 10^ 

56-7x2 

0-925 

, 26x16 , 
1-18' + 

6x28 
1-815 ' 




5x28 

1-84 

V 

2*1”^ 


3x44 

1*55' 

805-3 


2-5x28 




1-075 
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whence : 


liao X 102= 


100x10*75 


805*3 

Since content of water vapour in the outlet gas is : 

2320x 100 


1*335 i.e. /x£?g=0*01335 centipoise* 


40900 


= 5 * 670 /,, 


then content of dry gas is 94.33%. 

The viscosity of wet coke oven gas is determined from the following equa¬ 
tion : 


\QQ MdrjXVdo . MH2OXVH2O 

Ati«ffXi 02 "“ (JidgXlO^ ijlHzOxW ' 


where Mdg and MH 2 O are molecular weights of dry gas and water vapours 
respectively. 

Molecular weight of the mixture : 




94*33x 10*75+5*67x18 
100 


= 11*17. 


Viscosity of water vapours at 35°= T1 X lO'^ centipoise. 
Then 


whence : 


lOOM,, 10*75x94*33 18x5*67 

fjL^gX 10^' T335 1*1 


100x11*17 , 

l^Wg X 1 0 - rvr-r\ ^ - 1 51, 


=852*7 


852*7 
=0*0131 centipoise. 

Density of wet gas at 35° and 745 mmHg is : 

11*17 273 745 , 

P- 22-4 ^273+35 ^ 760 4o3 kg/m . 

Then the critical velocity of gas : 

V —232Qx —2320 X ^ ^ ^ 

Vor-Z6/OX 0-05 X 0-433 

= 1*40 m/sec. 

Maximum live cross-section of the packing : 

, V 40900 (273+35) X 760 __ 

' 3600 XBcr “273x745x3600x1-40 ™ 


and total cross section : 


^=9-35 X U = 13-8 m^. 
0 25 
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Then the diameter of the packing circle will be : 


D 




3T4 


=4*2 m. 


Cross-section filled up with the packings 13*8“-9*35=4*45 m^. 
Length of grids in one circle : 


4-45 _ 

a 


4*45 

' 0*02 


=370 


m. 


Surface area of one packing circle : 

.4i=370x2xr=370x2x0-l==74 m^. 

Coefficient of heat transfer in the direct type cooler is determined by the 
equation of Zhavoronkov : 

U==KiX-^, 

de 

where Iii=CxReg^'^Prg^'^^X^'^^ (criterion of Kirpichev) ; 

Z= average content of water vapours in gas in volume fraction ; 
C=a constant depending on the intensity of spraying. 

The volume of uncondcnsed gas : 

40,900-2,320 = 38,580 nm»/hr ; 
at average temperature : 


its actual volume will be : 

T/ oorton 273+57-5 760 -xn 

K=38580 X — 7^ -X -^7^=475300 m^/hr. 

273 750 

Then the velocity of uncondensed gas through the packing : 

47300 

m/sec. 

Viscosity of dry gas at 57'5‘’=0'0141 centipoiso and density : 


21930-1860 


=0-423 kg/m®. 


Then 


V 47300 

D loAo.. 1-4X0-05 X0-423 „ 

iJ«= 1000 X ---=2,100. 


Thermal capacity of coke oven gas at57*5®=0-7 kcal/kg. deg, and thermal 
conductivity, B *12 kcal/m. hr. deg. 

.0-296. 
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Average content of water vapours in volume fraction. : 




( 


3440 0 2 320 

73226+40900 


■) 


X4=0*2635 


Intensity of spraying : 


. 380 

13-8 


27*5 m*/m2/hr. 


At this intensity of spraying : 

C=0-05+0*035x27*5 = l*01 

Criterion of Kirpichev : 

1 *01 X 21000*8 X 0*2960*83 x 0*2635i*i«=66. 
Thus, overall heat transfer coefficient will be : 


kcal/m®. hr. deg. 

a U'uj 


Average logarithmic mean temperature difference between gas and water 

80*^ coke oven gas 35° 


liquor 


70° 


Is. im — 


(80-70)- 


30° 

(35-30) 


2*3 log 


80-70 

35-30 


Required heat transfer surface is determined by the following formula ; 


We have : 
Thus : 



a 


Q.=379,400 (70-30)= 15,176,000 kcal/hr. 

1517 6000 150 j^2 

^^“7-25x159 • 


This becomes per 1000 m® dry gas per hour : 


lOOOx 


13150 

37500 


350 m2. 


Since surface area of one packing circle is 74 m^, then the required 
quantity of circles : 


13150 

74 


= 178 Nos. 


^ While using criterion of Kirpichev for the determination of overall coefficient of heat 
transfer, it is necessary to determine logarithmic mean temperature difference by usual 
metliods and not on the basis of heat content of the gas. 
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Let there be 8 segments each having 23 circles. 

Height of the coolers is determined by the following equation : 

i:/=^x«oX0M24“(8—1) 0-5+l-5i) 

where 

Number of segments 
0*12=height of grids of the packing, m 

/ 2 o=number of circles of packing in one segment 
Z)=diameter of cooler=4*2 m 
iy^=8x23x0*i2 + 7x0*54-l-5x4-2 
=31*8 m. 


V Sprayer Coolers for Cooling Liquor 
(1) Construction and Principle of Action 

Sprayer coolers for the cooling of liquor are auxiliary units for direct type 
coolers. 

In a sprayer cooler the liquor must be cooled from 70° to 25-30°. Only by 
this means is it possible to guarantee the cooling down of coke oven gas up to 
30 to 35° in direct type coolers. Sprayer coolers for liquor, therefore, play 
a decisive role for the cooling of coke oven gas by direct type coolers. 

Earlier the sprayer coolers for the liquor used to be of seamless steel pipes of 
diameter 50 mm. However, the experience of many coking plants has shown 
that the pipes of the cooler are subjected to corrosion and go out of order in 
the course of 1 to 1-1/2 years. Therefore cooling of coke oven gas became 
inefEcient in direct type coolers made of steel pipes (gas temperature in summer 
shot up to 50° in a number of plants). This disturbed the work of other 
shops of the plant. 

At present sprayer coolers are made of cast iron finned radiators for avoiding 
corrosion. Construction and distribution of these coolers arc shown in Fig. 8. 

There are paddles inside separate elements of such a cooler for the creation 
of turbulent flow of water. This considerably raises the coellicieiit of heat 
transfer. The presence of longitudinal cast iron fins inside the pipes increases 
the surface of heat transfer. 

As a result of testing the cast iron sprayer cooler in one of the coking plants 
the following data were obtained : 

{i) Average coefficient of heat transfer is 320 kcal/m^. hr. deg when rate of 
liquor flow in cooler pipes is about 0*5 m/sec ; 

(w) Pressure loss in the flow of liquor through the section of sprayer coolers 
composed of 24 pipes is up to one atmosphere; 

(Hi) Cast iron pipes are only slightly corroded and may last long. 

(2) Design of Sprayer Cooler 

Sprayer coolers serve for the cooling down of liquor (in a quantity 380 m^/hr) 
from 70° to 30°. ‘ / " 
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Fig. 8, sprayer cooler for cooling of liquor 
1. Iron Radiator ; 2. Triangular Flange ; 3, Connecting Pipe ; 

4. Rail Bearing; 5. Sprayers; 6. Collecting Tank for Hot 

Liquor ; 7. Collecting Tank for Cooled Liquor ; ■ 8. Collecting 

Tank for Water 
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The following is the quantity of heat which is to be taken out from water ; 
^,=380000 (70—30) = 15,200,000 kcal/hr. 

Iron radiators with internal cross-section of 0-0034 m*, average internal 
diameter of 69 mm and external diameter of 85 mm are used in the cooler. 
Total length of the loop is 3 m. 

When the rate of water flow in the cooler is 0-5 m/sec, the required 
number of sections will be : 

380 __Co 

3600x0-5 X 0-0034 


Overall heat transfer coefficient is determined by the formula : 

1 


U= 


1 1 J_’ 


hi, the coefficient of heat transfer from liquor to cooler wall is determined 
by the equation: 

jVM=0-023 ReO-^xPr’*-*. 

Reynolds number : 


0-55 


=62,700, 

where ^=viscosity of water at an average temperature of 50°=0*55 centipoise. 
Prandtl number : 


where 0*557=thermal conductivity of water in kcal/m,hr. deg at 50*^. 
Then Nusselt number: 

jV"w=0-023x62700<-'-8x3*56o*<:;=263 ; 
k 0A57 

whence hi--=Nu =263 07^^=2,120 kcal/m^. hr. deg. 


^ 2 > the coefficient of heat transfer from the cooler surface to water is deter¬ 
mined by the formula : 

^ 0.4 

A 2 —40 kcal/m^.hr.deg ; 

where 

z=intensity of spraying in kg/m.hr. 

10(30*’*« 

Let i=1000 kg/m,hr ; then ^2=400^^^^^=2,780 kcal/m^.hr.deg. 
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Let thickness oi deposits from liquor side be 1 mm and from the water side 
be also 1 mm and their thermal conductivity be 1 kcal/m.hr.deg. Let the 
thermal conductivity of the metal be 50 kcal/m.hr.deg and thickness of wall 
be 8 mm. 

Then we get 

U= _ I _ 

1 0-001 0-001 , 0-008 , 1 

2120^ 1 1 “^50 “^2780 

=333 kcal/m^.hr.deg. 

Logarithmic mean temperature difference : 

liquor 

70° -30° 

water 

45° -25° 

Aim = 12-5°. 

2-3 log 


Required heat transfer area : 

. 15200000 „ „ 

12-5x333 ^ 

Since 1 radiator has a surface area of 0-9 m^, then required number of radi¬ 
ators = ^;^ = 4,000. 

When there are 62 sections, the number of radiators in one section will be : 


4000 


62 


-=65. 


Since this number of radiators is very high we shall use two independent 
coolers, through which liquor will pass in series and water in parallel. 

For the calculation of cooler on the basis of such a scheme, we consider 
that the water consumption and surface of the coolers are similar. 




Fig. 9. flow-diagram of WguoR and water in 

SPRAYfeR COOLER ' 
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For the scheiue presented in Fig. 9 thei'e may be four eciuatious of heat 
balance for the heat transfer : 

(k-h) + TVn (I-ts); m = ( 4 - 4 ) 


= UAx 


[ix~— ty) -f- (h — h) 


where : l>t^z=Qiiantity of liquor 

J4/^=r= Quantity of water 

Quantity of water vaporised 
Temperature of water after second cooler 
/ 4 =Temperature of water after first cooler 
]fx=Temperature of inlet liquor 
if 2 =Temperature of outlet liquor 
^ 3 =Temperature of inlet water 
4=Intermediate temperature of liquor 
/=Heat content of water vapours 

In these equations the followig sould be the known cpianlitics : 

h, / 2 , ^ 3 , hi Wui I- 

Solving four equations having four unknowns, namely, 4j w? 

find the following equations for their determination : 


tx~h-\-'\/t2—tz 


ty=tz-\- 

A 


(t^—{tx — 

ti-tx ’ 

2Wi {h~tx) 


U (h—h—h-hh) 


and Ww= 


Wi {h--tx)-Wu (i-h) 


h ~~ ^3 

Let ^1=70°, /2==30°, ^3=25^^ and /4=45°. 
We get: 


4=25+V'25"+70x30-25(70+30)'=40", 

ty-. 

^_ 2x380000 (7Q-40) 


(45-25) (40-30) 

70—30 > 


'333 (70-45-25+40) 


= 1720 


380000 (70-40)-J4"„ (606-45) 
45-25 

=570,000-^8 If„ kg/hr. 
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Let the quantity of water vaporized=2 per cent of the quantity of water used 
i.e. Wu~0'02 Wm ; then consumption of water will be : 

l>)'"„=570,000~28x0-02 W„ 

or 

1-56 H'"„=570,000 ; 

hence H4,=365,000 kg/hr and quantity of water vaporized W4=7300 kg/hr. 

Thus, 365 m3 of water is given to each cooler per hour, and in all 730 
m® of water is supplied per hour. This comes to the water consumption per 
1 liquor : 

-^=1-92 m3 

Surface area of each cooler =1720 and total surface area = 3440 m^. 

( 344Q \ 

j=92 m2 per 1000 m^ of gas per hour. 

Alternatively, the surface area of two coolers per m® of liquor per hour is : 

3440 ^ , 

=9 m2. 


Number of radiators in each cooler should be 


1910 Nos. and in each 


section there should be 


/ 1910 \ 

V 62 -) 


30 Nos. along the height of the cooler. 


Intensity of spraying is determined by the following formula : 


where ;z=number of sections=62, 
Z=length of radiator=3ni. 


365000 
2 X 3 X 62 ■ 


=980 kg/m.hr. 


VI Exhausters 
(1) Characteristic Features of Exhausters 

Everi before the Second World War big exhausters with capacity 60,000 m® 
gas per hour and total pressure up to 3,100 mm w.c. (Type 0~ 1000-1 *28) 
were installed in coking plants. Fabrication of these exhausters began in 
the U.S.S.R. as early as in 1935 in the Neva Machine Fabrication Plant at 
Leningrad. In 1944 this plant ■ started making still bigger exhausters' with 
capacity 72,000 m®/hr, an4 total pressure 3,800 mm w.c. (Type 0-1200-41). 

Characteristic data of these exhausters are presented .in Table 4.^ Steam 
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turbine of the exhausters of the second type has a nominal capacity 1000 kw 
and is actuated by superheated steam of temperature 300"^ and pressure 
13 atm with a back pressure of 4*5 atm. 

In 1945 Giprokoks suggested to the Neva Plant for the modernisation of 
the construction of exhausters of 1944 design on the basis of the recent 
achievements in the field of construction of machine turbines. 

As a result of this, three new types of exhausters were designed. Their 
characteristic data are shown in Table 5. 

The steam turbines are designed on the basis of the following steam 
properties : 

(z) Initial pressure 12-15 atm 
(zz) Steam temperature 275-325° 

{in) Back pressure 5 atm. 

Besides this, steam turbines with the following steam properties may also 
be used as exhausters : 

(z) Initial pressure 29-35 atm 
(zz) Temperature 400-435° 

(zzz) Back pressure 9 atm. 

The newer type of exhausters (Type 0-1200-21) is much more compact than 
the earlier one. 

The use of newer type of exhausters makes it possible to reduce the bulk of 
the buildings and the foundation of the machine section and also the lifting capa¬ 
city of the cranes required for the assembling and dismantling of exhausters. 

In a coking plant three exhausters are installed for four batteries. Two 
of them are used and one is kept in reserve. 


Table 4 


Item 

Unit 

Exhauster of 

Type 

0-1000-1-28 

Exhauster of 
Type 
0-1200-41 

Capacity under suction 

m®/min 

1,000 

1,200 

Absolute pressure of suction 

atm 

0’96 

0*95 

Absolute pressure of compression 

atm 

T27 

1*33 

Total pressure 

mmw.c. 

3,100 

3,800 

Revolution of exhauster 

r. p. m. 

3,000 

3,250 

Capacity of steam turbine 

H. P. 

1,100 

1,300 

Pressure of inlet steam 

atm 

12 

13 

Temperature of inlet steam 

"C 

300 

300 

Back pressure 

atm 

4-5 

4*5 

Total consumption of steam 

kg/hr 

11,000 

23,000 

Weight of exhauster 

ton 

24*5 

30*0 

Weight of rotor of exhauster 

ton 

2-4 

2‘6 

Weight of steam turbine 

ton 

10-5 

10*5 

Weight of rotor of turbine 

ton 

0-75 

0*75 

Total weight of the assembly 

ton 

35'0 

42*0 

Weight of the assembly per unit capacity 

kg/H. P. 

31-8 

32*2 
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Table 5 


Type of 
Exhauster 

iindir 

Total 

pressure 

r. p, m. 

Required capacity 
kw 

m^jmin 

mm w.c. 


0-1200-21 

960 

3200 

3980 

650 

’ 1200 

3500 

4aoo 

890 ' 

0-750-21 

600 

2400 

4250 

310 

750 

3000 

4600 

450’ 

0-450-31 

450 

2000 

2950 

200 


Note : The under]ined numbers correspond to normal capacity and those below the lines 
refer to maximum capacity. 

(2) Determination of the Reqnired Capacity of the Exhauster in Terms 
of Load on the Shaft 

For the determination of required load we shall consider an exhauster with 
total pressure 2400 mm w.c. (out of this, suction is 400 mm and pressure is 
2000 mm). 

Thus pressure on the suction side is: 

400 

Pi ==760—=730 mm Fig i.e. 9950 mm w.c. 
io'b 

and pressure on the compression side : 

'>000 

P2=760+“j7g~ —907 mmHg. 

Volume of gas entering the exhauster under the conditions of suction 
(P—730 mmFIg and temperature=35°) is: 

9734-35 760 

Fx=40900 X X 100 m3/hr. 

Determination of required load on exhauster shaft is determined by the 
following formula : 

.V=0-195 PiX Fi (^®)*''’-l J H.P., 

where Pi=absolute pressure of suction in atm. 

Pa=absolute pressure of compression in atm, 

Fi—capacity of exhauster under the existing conditions of suction 
in m^/hr. 

Therefore, 

JV-0-195 x-^X 48100 ] 

=± 54411 :’.'■ ’ 
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Driving capacity for turbo-exhauster must be higher than the required load 
on the shaft by 15 per cent for steam turbines and by 20 to 30 per cent for 
electro-motors. Therefore driving capacity will be : 

jV‘=540x 1-2=648 H.P.=476 KW. 

Temperature of gas after exhauster may be determined by the equation : 



or 

/907\ 0-27 

71 = (273+35)x(^^j =326 

or 

4 = 326 - 273 = 53 ^ 

Thus overheating of the gas in the exhauster is by 18°. 

VII Electrostatic Precipitator for Purification of Coke Oven 
Gas from Tar Fog 

(1) Construction and Function 

Use of electrostatic precipitators for the purification of coke oven gas from 
tar fog favourably influences the conditions of various equipment, work of 
sulphate section, quality of recovered sulphur and also maintenance of the 
quality of wash oil for benzol recovery. 

The working of electrostatic precipitator is schematically shown in Fig. 10. 
Coke oven gas containing about 0.5 g/nm^ tar enters through the side 
pipe (9) and moving downward passes into the tubes of the electrostatic 
precipitator. 

Rate of flow of gas in the tubes is about 1 *5 m/sec. 

Precipitator tubes (2) are hung on a tubular net. The electrode pipe is 
put along the axis of each precipitator tube with the help of upper (3) and 
lower frames (4). The entire electrostatic system is suspended on the upper 
frame (3) which has four parallel shafts passing through insulated cham¬ 
bers (6). 

In the passage of coke oven gas through the precipitator tubes having an 
electrostatic field of constant high tension current (about 50,000 volts) created 
in the circular space between the precipitator tubes and electrodes the tar 
particles become positively charged and get deposited on the negatively 
charged electrodes. 

Tar flows to the lower part of the electrostatic precipitator and is taken out 
through a hydraulic seal. The efficiency of purification is up to 98 per cent. 

(2) Design of Electrostatic Precipitator 

Coke oven gas enters the electrostatic precipitator in a quantity 40,900 
nm3/hr and with a temperature of 53° and pressure of 907 mmHg. 
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ELECTROSTATIC PRECIPITATOR 

Viscosity of incoming gas is 0'0132 centipoise i.e. l-35x 10-«kg. sec/m2. 


STEAW SPlRftl. 


j I intake. 


AS INLET 



VVOtt 




Ol&C«At^GE 


Fig. 10. ELECTROSTATIC PRECIPITATOR FOR PURIFYING GAS FROM TAR 
1. Body of Electrostatic Precipitator ; 2. Precipitating Elec- 
trodes-Tubes ; 3, 4. Upper and Lower Metallic Casing ; 

5. Discharge Electrodes ; 6. Insulated Box; 7. Side Tube 
for Tar Outlet; 8. Manhole ; 9. Side Tube for Gas Inlet; 

10. Side Tube for Gas Outlet 


Let diameter of the precipitator tube=250 mm and diameter of elec¬ 
trode =2 mm. 

Difference of potential between electrodes : 

V =E volts, 
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where 

™radius of riu ; 

i?2=radius ol*D':’oci,pl;Tb'n; cm. ; 

E =gradient csf vo^l■agl^='V'/rm. 

Thus 

T/==:4,000 (12*5--0T)-=-194100 vohs, 
i.e. a round figure of 50,000 volts or 5': 10^^ e.m.u. 

Time of flow of particles is determined by the eqinU ina : 

2A ’ 

where 

Ve ^1+0'81-^ 

43-2r/) 

I/=difference potential:-; in e.m.u. 

^—electronic charge-™T59x ('.m.u. 

7] =—viscosity of ga,.s-=T35x 1.0"^^ kg.sec/rni^ 
rand r/—radius and diameter of the stria i^esi droplels of tar, 
respectively. 

Let </=0‘2,7) = 0'2 X 10"'^cm=2x IQ-’^cm. 

Z=mean free path of gas molecules for coke oven gas at 0°---••= 1T2 X lO’^’cm. 

then I at 53°=l-12x IO-^a/"?Z:^±,^,!=^1-23x 10--Vm. 

'' 273 


5x IQisx 1 


.4=- 


•59x10-2'' ^ 


H 


0-«i X1-23 X in-s 


43■2 xlO-'-x 2x1-35x 10-'' lo: 


4>, lO-- 
125 


then 


=40*5 ; 




12*52-^0*12 

2x40*5 


= 1*93 sec. 


Let residence time of gas in the precipitator : 

-^—2 sec, 

then required volume of precipitator tubes will be : 

where Fi 7 ==:volume rate of gas — 40,900 x — X 

273 1MJ7 

==41,000 m®/hr 
= 11'4 iTi^/$ec; 
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then 

When length of lub; 
Consequently, requi 


I/, = li*4x2-22-3ni3. 

^- 3“5 rn, -me valunia of one tube will bs : 
O‘;o5X0*2b^:■<3“5—0* 172 m^. 

*cl 11 i.^1 !.nor Lij.OcS ivnl be 


<r iD. 


O'V/'id 


■] o 

1 JO. 


Let us assauie b'lai; liie iitji.-oer of tubes vsresi-ni is 140. Then the actual time 
of resiucncc oi uie gas \n me piecieia'.eor '.oiil be i 

2 ibi'? 

: . . .=:r:2/ 1 GOC. 

i. J 

Velocity of gas in pceeipharoc tube : 


■I ^ ^ e- -j’ j ^ ^ 

which is widt’n the scanorud mnye. 

Power cons Limp don is dcmeininec. oy lIis squaiion : 


where 


Then 

Thus 


1 Uubq 


—p 0 ‘ o h V 


7]= precipitator tttiCiei:x;==o5%. 

n=muriher of tehes 
L—aeiigtf: of one cube in meters 

/= 140 X 3 * 5 x 0 • 5—2 25 rnct—0 * 25 amp. 




50000 xG°25 
iUOO U‘o5 


f 0»5=i5‘2 kw, 


which for 1,000 nrn^ gas per hour becomes : 

15.9 

-^=0-40kw. 


VIII Settling Tanks for Liquor 

(1) Meckaaisecl Settling Tanks for Liquor of the Gas Collecting Main 
Cycle 

A number of by-product coking plants have settling tanks in the cycle of the 
gas colleciing main, which have provision for the mechanical removal of 
sludge by scrapers moving along the bottom of the tank. 

Settling tanks of this type are more comfortable to work with in comparison 
with the non-mechanised settling tanks (of cylindrical shape with conical 
bottom). They remove almost dry sludge so that tar loss is minimum and 
cleanliness of the surroundhtg territory is preserved. 



Fig, 11. MECfttt’ISED SEnUNC tank for UgOOR 

1, Vertical Pipe; 2, Trough for Receiving and Distributing Liquor; 
3, Side Pipe for Tar Outlet; 4. Side Pipe of Liquor Outlet; 5, Side 
Pipe for Liquor Inlet; 6, Sludge Outlet; 7, Scraper Conveyor; 8, Side 
Pipe for Steam Inlet 
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It is necessary to clean from time to time the existing non-mechanised settling 
tanks because the separation of liquor and tar becomes inefEcient with the in¬ 
crease in the deposition of the sludge. The discharge of sludge is made difficult 
and may lead to the over-flow of tar and dirtiness of the surrounding area. 

These disadvantages of earlier construction of settling tanks led the techno¬ 
logists and engineers to design new types of installation for the settling 
of liquor from tar with the mechanical removal of sludge. Fig. 11 shows 
three different views of a mechanised settling tank consisting of a long 
rectangular reservoir. Its bottom at one end is slanting. The reservoir is 
divided by a longitudinal partition into two chambers of equal volume, in 
which the process of settling of liquor from tar and sludge takes place simul¬ 
taneously. At the bottom of each chamber there is a slow speed scraper 
conveyer. This gets power from an electric-motor through two reducers and 
a chain transformer. There is a special arrangement with a cam-driven 
switch box (switch gear) for switching on the conveyer of one of the two 
chambers of the settling tank. 

The principle of action of the mechanised settling tank consists in the follo¬ 
wing : liquor is fed by two pipes connected with the side tube in the side wall 
into the receiver (2). From the latter liquor is distributed along the width 
of the chamber and it flows further along the length of the chamber. 

In the course of liquor flow in the chamber tar and sludge settle down. 
After deposition at the bottom of the settling tank, the sludge is continuously 
taken by the scraper conveyer, and removed through the outlet (6) into 
a small wagon. The clear liquor overflows into the collecting tank and is taken 
out from there through the pipe (4) in the side wall. Tar is directed through 
the side tube (3) placed in the chamber into the intermediate reservoir and 
then overflows into the collecting tank for further settling from water. 

The volume of a typical mechanised settling tank is 210 m^. The period of 
settling of liquor in the tank is taken to be 20 minutes. 

The rate of movement of the scraper conveyor is T8 m/hr. Capacity of 
electric motor is 2*7 kw. 

(2) Settling Tank for Liquor of Primary Cooler 

Separation of liquor of primary coolers from tar takes place in a special 
settling tank. 

The settling tank consists of a cylindrical reservoir (diameter 7,110 mm 
and height 8,446 mm) with a conical metallic cover. Capacity of a typical 
tank is 298 m®. 

Liquor and tar from the primary coolers pass through a tube and enter into 
the distributor situated at the centre of the reservoir. After settling the tar 
leaves the settling tank from below through a tar outlet and liquor overflows into 
the concentric trough from which it is sent to the intermediate collecting tank. 

Residence time of liquor in the settling tank is taken to be one hour for 
direct type coolers and three hours for tubular coolers. 
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TECHNOLOGICAL FLOW-SHEET OF PRIMARY COOLING 
OF COKE OVEN GAS USING TUBULAR COOLERS 

I Description of Teciniologlcal Flow-Sheet (Fig. 12) 

Coke oven gas containing water vapours and having a Itiinperature of 650 
to 70d°C enters inio the collecting main (1) where it is cooled to 80-85'^ by- 
liquor carefully sprayc-d in the stand-pipes. 

• From the colleciing main tlis gas and vvater vapours pass through a pipe 
into the separator (2) where liquor and tar are separated from the coke oven 
gas. 

Liquor from the separator (2) enters into the mechanized settling tank (6) 
for separation from tar and sludge. Gas then is sent to the free space into the 
tubular cooler (3) and cooled by a counter current flow of water coining 
through the plo (20) into the cooler tubes. When inlet water temperature 
is 20 to 25"^ the gas is cooled to 25 to 30°. 

The condensate of tar and liquor from the coolers passes through the 
hydraulic seal (4) into the intermodiate collecting tank (5) from which it is fed 
into the settling tank (12) by the pump (13). This settling tank also receives 
condensate from the exhauster and electrostatic precipitator. 

From, the collecting main the cooled gas is blown by the exhauster (17) into 
the electrostatic precipitator (18) for purification from tar fog. 

From the electrosialic precipitator the gas is sent to the sulphate section. 

As stated earlier liquor is sent from the separator into the mechanized settl¬ 
ing tank (6). Here it is separated from tar and sludge and then fed to the 
intermediate collecting tank (7) from which it is sent by the pump (8) to the 
collecting tank for the cooling of coke oven gas. Tar from the settling tank 
(6) enters into the intermediate collecting tank (10) from which it is sent 
by the pump (15) into the reservoir for further settling from water. Tar 
sludge from the mechanized settling tank is continuously removed by a scraper 
conveyor. 

From the settling tank (12) the tar is sent through an outlet into the tar 
collecting tank (11) from which it is removed to the storage by the pump (15). 

Liquor from the settling tank (12) enters into the settling tank (14) 
from which it is sent by the pump (15) for further treatment in lime-ammonia 
still. 

For supplying additional quantity of water for the cycle of the collecting 
main a part of liquor from the settling tank (14) is sent by pipe (dotted line) 
into the intermediate liquor collecting tank (7). 

The description of the construction of a primary tubular cooler is given 
below. Other principal installations are similar to those described, under 
direct type coolers. 
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11 Primary Coolers of Tubular Type 

(1) Function and Construction 

Fig. 13 presents three views of tubular coolers of Giprokoks design with 
a cooling surface of 2,100 m^. 

The shell of the cooler has a rectangular cross-section ; its sides are rounded 
along the major axis by a radius equal to half of the smaller side of the 
rectangle. 

Between two tubular gratings six series of tubes are fitted. The latter are 
divided into five divisions. 

Total height of cooler= 9,532 mm; length (along major axis) including 
inlet and outlet side tubes= 6,900 mm and width=2^616 mm. 

Cross-sectional area for gas flow : first series=T59 m^, second series==T42 
m2; third series=T31 m2, fourth series=T 19 m^, fifth series=T07 m^ and 
sixth series=0*93 m^. 

Cross-sectional area of tube along the direction of the water flow : first 
series=0*57 m2, second series=0*65 m2, third series=0*80 m2; fourth series 
=0*85 m2, fifth series=0*95 m2, sixth series=T12 m2 and average=0*82 m2. 
Diameter of tubes : internal=76 mm and external=82 mm. 

The dividing walls between chambers reach up to 1 meter less than the upper 
grating. In this way the area for the gas flow from one chamber to the other 
is 2*6 m2. 

Assumed productivity of the cooler is 10,000 to 11,000 m® per hour in terms 
of normal gas. Weight of cooler is 140 tons. 

(2) Design of Primary Coolers of Tubular Type 

Material balance 

Similar to the material balance for direct type coolers we have the following 
quantities of coke oven gas for the tubular coolers : 



Kglhr 

nm^lhr 

Dry coke oven gas 

18,000 

37,500 

Water vapours 

27,600 

34,400 

Tar vapours 

1,050 

139 

Benzol hydrocarbons 

1,200 

316 

Hydrogen sulphide 

600 

396 

Ammonia 

360 

475 

Total 

48,810 

73,226 
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Let gas temperature at the cooler outlet=30° and pressure=745 rnm Hg. 
Let us assume that all the tar is condensed in the cooler. 
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Volume of water vapours at tJie cooler outlet is cietermiiicKl by the follow¬ 
ing equation : 

where volume of dry gas at the outlet of the cooler=735226 —34,400 

-139=38,687 m^/lir. ' 

/)=aqiieoiis tension at 30^=31 *8 mm Hg. 

P=ga3 pressure at the cooler outlet. 

Therefore^ 

7=38687 X -- = 1,730 m^lhr. 

/ ‘i*3 3 X O 

= 1,390 kg/hr (by weight). 

Consequently, the quantity of vrater vapours condensed in the coolers27,600 
-1,390 =26,210 kg/hr. 

Besides, the following are dissolved in dilute aniriior.iia(:ai liquor sent for 
further treatment: Ammonia = 70 kg/hr and hydn'jgee. su4|';'inde--“20 kg/iir 
(vide calculation of direct cooler). Hence tha following are the c|iiautities 
leaving the cooler : 



Kglhr 

nm^lhr 

Dry coke oven gas 

18,000 

37,500 

Water vapours 

1,390 

1,730 

Benzol hydrocarbons 

1,200 

316 

Hydrogen sulphide 

580 

382 

Ammonia 

290 

382 

Total 

21,460 

40,310 


Heat balance 

Heat input (i) Heat carried to the cooler by coke oven gas (vide calculation of 
direct type cooler) : 

0,1=18,592,600 kcal/hr. 

(ii) Heat carried by cooling water : 

Let temperature of incoming water=25®, 
then 02===25 W 

Total heat input : 
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Heat output {i) Heat carried by coke oven gas from the cooler : 

{a) Heat carried by dry coke oven gas : 

^1=18,000x0*686 X 30=370,000 kcal/hr, 

where 0*686 =thermal capacity of coke oven gas at 30° in kcal/kg.deg. 
{b) Heat carried by water vapours : 

^2 = 1390 (595+0*434x30) 

= 845,000 kcal/br, 

where 0*434 = thermal capacity of water vapours at 30° in kcal/kg.deg. 
(r) Heat carried by benzol hydrocarbons : 

^3= 1200x0*245x30 
= 8,800 kcal/hr, 

where 0*245 = thermal capacity of benzol hydrocarbons in kcal/kg.deg. 
{d) Heat carried by hydrogen sulphide : 


^4=580 X 0*235 X 30=4,100 kca!/hr, 

where 0'235=thermal capacity of hydrogen sulphide in kcal/kg.deg. 
{e) Heat carried by ammonia : 


^5=290 X 0*492 X 30=4,300 kcal/hr, 

where 0*492=thermal capacity of ammonia in kcal/kg.deg. 
Total quantity of heat carried by gas : 

0^3=1,232,200 kcal/hr. 

(z7) Heat carried by water : 

When temperature of outlet w*ater is 45°, we have : 

0 . 4=45 11 / 

{Hi) Heat carried by condensate : 

0.5 = (26,210+1,050x0*343) 4 

Average temperature of condensation of w^ater vapours : 


4= 


80---30 
2*3 logx 



Thermal capacity of liquid tar at 50° : 

Q=0*327+0*31x10^3x; 
=0-327+0*31 X 10-3x50 
=0*343 kcal/kg. deg. 
0,5=(26,210+1,050x0-343) 50 
= 1,328,500 kcal/hr. 

Total quantity of heat carried from the cooler: 

Qp«^=2,560,700+45r|¥:. J x 
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Equating heat input with heat output, we get the quantity of water required 
for the cooling of gas in the cooler : 

18,592,600+25 f+=2,560,700+451+, 

whence ]+=801,595 kg/hr. 


Heat balance 
Heat input in kcaljhr 


Heat carried by gas 

18,592,600 

Heat carried by water 

20,039,875 

Total 

38,632,475 

Heat output in ktaljhr 


Heat carried by gas 

1,232,200 

Heat carried by condensate 

1,328,500 

Heat carried by water 

36,071,775 

Total 

38,632,475 


Water consumption per 1000 m® gas per hour comes to : 

OAI 


Determination of Cooler Dimensions 
When coolers are connected in series 

Consider the tubular cooler of Giprokoks design with the following characte¬ 
ristics : 

(1) Cooling surface=2100 m^ 

(2) Tube diameter==76/82 mm 

(3) Average cross section for water flow=0*82 m® 

Coefficient of heat transfer from gas to the wall is determined by the 
following formula : 

log Ai= T69+0*0246 a: 

Average content of water vapours in the gaseous mixture in volume percen¬ 
tages : 


_/ 34400 1730 \ ^ 100 

73226 40310 

=26-1 %. 

Then log ^a==:T69+0*0246x26T =2'33, 
whence Ai=214 kcal/m^.hr.deg. 
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CoefScient of heat transfer from the wall to cooling water, hz is determined 
by the following equation : 


hz=JYu--^~. 

a 

where jVw=0*023 Pr^‘^ 

When average water temperature=35°, we have the following physical 
constants of water: 

C= 0*998 kcal/kg. deg, 

A:=0*538 kcal/m. hr. deg, 
ft=0*725 centipoise, 
p=994 kg/m^ 

When average cross-section of tube is 0*82 m 2 the rate of water flow is: 

801 

^^' 3600x0-82 


Reynolds number : 


i2«=1000- 


=29,200 


Prandtl number : 


0*28x0*076x994x1000 

0*725 


Pr=3-6-^ 

k 


3-6 X 0-998 X 0-725 
0-538 


=4-84 


Nusselt number: 


;Va=0-023 X 29200®-* x 4-84®-* 
= 161 


Coefficient of heat transfer from wall to water: 

^2=(:^1^=161 X .Q.Qy 0 =1,140 kcal/m*. hr. deg. 

When resistance by deposits is 0 - 001 , the overall heat transfer coefficient 
will be: 


U=- 

1 

214 


1 

f 0-001 -1- 


1 

1140 


= 161 kcal/m*. hr. deg; 
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Mean logarithmic temperature difference is : 

80° coke oven gas 30° 

-^- 

45° water 25° 

85—5 

2-3 logx ^ 

When quantity of heat transferred is : 

0,-36,071,775-20,039,875=16,031,900 kcal/hr, 
the required heat transfer area will be : 


16031900 
'^"^■i5-4x 161 


= 6,450 m2. 


When coolers are connected in parallel 

Let there be four coolers working in parallel. 

Rate of flow of water in the tubes under parallel connection of cooler will 
be one-fourth of that under series connection. 

0-28 . _ . 

^—=r0‘07 m sec, 

4 


Reynolds number : 


i?^=:1000x 


innn 0*07 V 0-076 v 994 

—= 1000 - iTiW 


==7,300. 


Nusselt number : 


M=0-023 P/'O-i O) 

= 0-023 X 7300«-8 X 4-84''-<‘ x 0-97 
=52. 

Coefficient of heat transfer from wall to water : 


: , ,, k .. 0-5.38 

= 368 kcal/m®. hr. deg. 
Overall heat transfer coefficient will be ; 


U=- 

1 

214 


1 

0-001 


I 

368 


= 119 kcal/m?. hr.^ deg. 
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Required heat transfer area of the coolers: 


16031900 

119x15-4 


• =8,720 ml 


On the basis of studies with the existing coolers, Giprokoks assumes the 
following value of overall heat transfer coefficient depending on the gas flow 
rate in the inter-tubular space and the temperature conditions; 70 to 80 
kcal/m^. hr.deg (when rate of gas flow is 2 to 4 m/sec). 

Average temperature difference is taken as the arithmetic difference between 
the gas temperatures determined by the average heat content and average 
temperature of water. 

For the cooler to be designed the average rate of flow of dry normal gas 
(when average cross-section for gas flow is 1-25 m®) is: 


37500 


3600x 1-25x4 


=2-08 m/sec. 


The overall coefficient of heat transfer will be 70 kcal/m®. hr.deg. 

Heat content of coke oven gas at the cooler inlet at 80° is 478-5 kcal/mj 
and at the outlet at 30° is 32-24 kcal/ml Mean logarithmic heat content 
is equal to 166 kcal/m®, which corresponds to a gas temperature of 62-6°. 

Average water temperature is 35°. Therefore temperature difference between 
gas and water is (62-6—35=) 27-6°. 

Required heat transfer area is: 


i=- 


16031900 

27-6x70 


■=8,300 m2, 


which almost coincides with the earlier calculated value. 

The calculations for coolers show that the required area of heat trans¬ 
fer under series connection is 6,450 (which corresponds to three coolers) 
and under parallel connection the required surface is 8,720 m^ (equivalent to. 
that of four coolers). 

However, since the resistance offered by the coolers in series connection is 
in the given example about 48 times the value when they are connected in 
parallel, it is more expeditious to connect the coolers in parallel than in series 




Part II 


TECHNOLOGICAL FLOW-SHEET AND EQUIPMENT DESIGN FOR 
TREATMENT OF AMMONIA LIQUOR, PRODUGTION OF 
AMMONIUM SULPHATE AND RECOVERY OF 
PYRIDINE BASES . 

Literature describes known methods of production of ammonium sulphate 
from coke oven gas by indirect, semi-direct and direct methods. 

On the basis of experience, Giprokoks modified the semi-direct method by 
linking it with the recovery of pyridine bases from saturator mother 
liquor by neutralizing pyridine sulphate with ammonia vapours obtained from 
the lime-ammonia still. The flow-sheet also includes the recovery of phenols 
from liquor fed to the lime-ammonia still. Such a compound flow-sheet is 
undoubtedly comprehensive one from the technological and economic points 
of view; therefore the sulphate section of the new by-products plants are 
designed in a combination with the equipment for treatment of liquor and 
recovery of pyridine bases. 

The old plants are being provided with additional equipment for depheno- 
lisation of liquor and recovery of pyridine bases. 
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Chapter Three 


TECHNOLOGICAL FLOW-SHEET FOR TREATMENT OF 
LIQUOR AND ITS DEPHENOLISATION 

I Description of the Flow-sheet (Fig. 14) 

Liquor from the reservoir (1) situated in the gas condensation section is 
pumped to the feed tank (3) from which it flows by gravity into the lime- 
ammonia still (4). 



Fig. 14. technological flow-sheet for treatment of liquor 

AND ITS DEPHENOLISATION 


In the still (4) liquor is subjected to steam distillation when volatile ammo¬ 
nium compounds are distilled off. From this still the liquor is sent by pipe (a) 
into the intermediate receiver (6) from which it is pumped to the depheno- 
lising sdrubber (8). 

In thfe Scrubber the steaming of phenols takes place ^d.dephenolised* liquor 
returns by gravity to the lower part of the still (4) . Here liqiior fa treated 
with far thfe deaompQsition 6f amiEionium.saits. The preparation 
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of milk-of-lime is carried out in the following way. Lime is fed to the 
drum (10) for slaking. Required quantity of water is added to it. By the 
revolution of the drum the intensive mixing of water and lime and consequently 
the slaking of lime takes place. 

From the right end of the drum the milk-of-lime is sent to the dust catcher 
(11). Unslaked lime and stone from the drum fall on the screen and therefrom 
are sent by the trolly (12) for removal from the plant. Milk-of-lime is sent to 
the mixer (13) and then pumped to the lime leg of the still by the pipes 
(c and d). 

■ In the lime leg the greater part of bound ammonium salts is decomposed 
by the action of milk-of-lime and steam. The mixture of steam and free 
ammonia produced escapes into the leg (4). 

From the lime leg liquor containing residual ammonium salts and milk-of- 
lime enter into the fixed leg (5) where the process of separation of ammonia 
from the fixed salt present in the liquor is almost complete. 

Wastes leave the fixed leg (5) through outlet (15) and enter into the settling 
tank. 

Content of ammonia in waste liquor is usually 0'05 to OT g/litre. An 
increase of this loss of ammonia in waste liquor from the fixed leg indicates 
clogging of the platesj valves and weirs of the fixed leg by calcium salts. Then 
the stand-by i fixed leg is put to operation and the other leg is subjected to 
cleaning. 

The liquor leaving the free leg and entering the dephenoliser contains 
2*5 g/litre phenols and the liquor returning from the dephenoliser to the 
ammoiiia still contains of about 0*25 g/litre phenols. Thus the efficiency of 
dephenolisation of weak ammonia liquor is about 90 per cent. 

From the liquor flowing through the packing of the upper part of the 
dephenolising scrubber, phenols are removed by steam circulated through the 
scrubber by fan (9). 

Recovery of phenols from steam is achieved in the lower part of the 
scrubber by washing with 8 to 10 per cent caustic soda solution sprayed to 
the packing of this part of the scrubber. 

Caustic soda solution is prepared in the following way : The caustic soda 
drum is introduced in the solution tank (16). The steaming of the drum then 
brings about the solution of caustic soda. The concentrated solution (40 to 45 
per cent) flows to the receiving tank (17). Concentrated solution is diluted 
by water in the collecting tank (18) from which the solution is pumped to the 
lower part of the scrubber (8). The present practice in the plants is to receive 
.concentrated caustic soda solution (40 to 45 per cent) instead of solid caustic 
soda. ! 

Sodium phenolates leave the scrubber through a hydraulic ^eal and enter 
intOi' the cpllecting tank ^ (20) frqin which these are sent to tjie ;Sto|:qgjf ;by the 
>pump (21).s, I j ; ; r *^ ' .i. 

‘ i Steam4amihbnia . mixture Trom the ammpnia still is sent to; the tubular 
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dephlegmator (22). Water for cooling the vapours in the dephlegmator flows 
in counter-current direction through the tubes. 

The dephlegmator is made of stainless steel. 

As a result of cooling of steam-ammonia mixture up to 95 to 96° the volume 
percentage of ammonia in it reaches 8 to 10. This mixture is sent to the 
saturator and also to the neutraliser of the pyridine recover installation. 

II Distillation Column for Treatment of Ammonia Liquor 
(1) Principle of action and construction 

Lime-ammonia still is a continuous type of equipment in which ammonia is 
removed and recovered from liquor. 

This is a two-stage process. Free ammonium salts viz. ammonium carbo¬ 
nate, ammonium bicarbonate, ammonium sulphide, ammonium hydrogen 
sulphide, etc., which decompose on heating are removed on steam distillation. 
Fixed ammonium salts viz. ammonium chloride and ammonium sulphate do 
not decompose by heating alone and require preliminary treatment with an 
alkali such as milk-of-lime. 

The still (Fig. 15) is of cast iron and has three essential parts viz. free leg, 
lime leg and fixed leg. Ammonia liquor is fed to one of the upper plates of 
the free leg (1). The liquid flowing through all the twelve plates of the free leg 
enters into the lime leg (2). The latter is a cylindrical reservoir to which milk- 
of-lime and live steam are added from below. Steam is used for mixing the 
reactants. 

The treated liquid enters through an over-flow tube into the lower cham¬ 
ber of the lime leg and the vapours escape into the upper plates thus 
coming in contact with fresh feed. The liquid passes through feed pipe 
(3) into the upper plate of fixed leg (4) by the pressure of overflow. The 
fixed leg contains seventeen plates. Live steam is fed to the bottom of the 
fixed leg. 

Normally the still receives steam from steam turbines. Fresh steam is used 
only as a reserve. 

Ammonia and other vapours leave the fixed leg through the pipe (5) and 
enter into the lower part of free leg, from which vapours are led into the 
saturator or the neutraliser of pyridine, recovery installation. 

The main characteristics of the lime-ammonia still are given below : Flow 
of ammoniacal liquor—about 25 m^/hr, number of plates of free leg—13-14, 
number of plates of lime leg—15-17, and internal diameter of column—2200 
mm. If the lime-ammonia still works in conjunction with dephenolisation 
also, it is necessary to have the following modifications in the construction of 
the still: 

{i) Removal of the big over-flow vessel which takes but liqfior from thb free 
leg into the lime leg and closure of the lowest plate by a plug; /, 

1 (u) side pipe at thedbwei* part pfilbe leg ]tal^^ 
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(Hi) Installation of a side pipe to the lime leg of the still for introducing 
dephenplised liquor for the decomposition of fixed ammonium compounds. 

, ! ' 'fU 

(2) Design of still f 

Material Balance . / 

Lime ammonium still receives liquor from four coke oven batteries in a 
q uantity of 20,280 1/hr. Let the composition of liquor be* as. follow’s: ^ Tow 
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ammonia=7 g/1; hydrogen sulphide=2 g/ 1 ; carbonates (as C 02)=4 g/I. Then 
the ammonia liquor contains : 

Ammonia, =0*007x20280j:::i 140 kg ; 

Hydrogen 

sulphide =0*002 X 20280;^:^40 kg ; 

Carbonates” 

(as CO 2 ) =0*004 X 20280;:=;80 kg. 

Total weight of liquor=20280 +140+40+80=20,540 kg/hr. . 

34 

Quantity of ammonia as ammonium sulphide =40 x -^=40 kg, since H2S 
combines with 2 NH3. 

- 34 ■ 

Quantity of ammonia in the form of ammonium carbonate = 80 X — = 62 kg 
(since CO 2 combines with 2 NH 3 ) 

Therefore, total quantity of free ammonia=40+ 62 = 102 kg and quantity 
of fixed ammonia = 140—102=38 kg. Content of free ammonia in incoining 
102 ' 

liquor is = 20540 ^ 1000=5 g71=0*5 per cent by volume. 

Let 98 per cent of free ammonia be removed in the free leg of the lime- 
ammonia still and 2 per cent remain in the liquor after the free leg. 

Since total quantity of free ammonia is 102 kg, then ammonia separated 
in the free leg is (0*98 X 102=) 100 kg and free ammonia that remains in the 
liquor =2 kg. 

The quantity of total ammonia in the liquor entering the lime leg is 
(38+2=) 40 kg. 

Let the degree of separation of ammonia in the fixed leg be 95 per cent. 
Then quantity of ammonia evaporated in the fixed leg is 0*95 X 40=38 kg. 
The wastes contain (40—38=)2 kg of ammonia. 

Consequently, total quantity of ammonia recovered in the lime-ammonia 
still is 138 kg, out of which 100 kg is recovered in the free leg and 38 kg 
in the lime leg. 

If the content of ammonia in the distillate (i.e. in the vapours coming from 
the dephlegmator) is 10 per cent on steam then the quantity of distillate of 
ammonia and steam will be^: 

£)= 

Out of this, ammonia is 138 kg/hr and steam 1242 kg/hr. Further we assume 
that all the carbon dioxide- from carbonates and hydrogen sulphide escape 
into the distillate. i 

is assunied that the coiic?^ifetxa|ioii of ammonia in the ^;^pOitirs sent to the, satwrah^r or 
ih€ pyridine recovery installation is not more than 10 per cent.* It is-to be noted, however, 
that if the vapours used for getting concentrated ammonia/the^^ncentratfen of ammonia 
mthe vapours, should-be. about .2Q pear-cj^tr-r-^.r - .. ^ 


138 

0*1 


.= 1,380 kg/hr. 
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Thus total quantity of distillate will be (in kg/hr) 

Water =1,242 

Ammonia — 138 

Carbon dioxdie = 80 

Hydrogen sulphide = 40 

Total =1,500 

On treatment with milk-of-lime fixed ammonium salts undergo the following 
type of reaction : 

2 NH4R+Ca0=GaR2+2NH3+H20 

It is necessary to consume for one kg fixed ammonia the following quantity 
of effective GaO: 

34=l‘65kg- 

Therefore, 38 kg. of fixed ammonia require 

38x1 •65=62-7 kg of CaO. 

Assume the concentration of milk-of-lime 56 g/1; then the required quantity 
of milk-of-lime 

f;9*7 

X 1000=1,120 Z/hr, i.e. M2 m®/hr. 

When the consistency of milk-of-lime is 1043 kg/m®, weight of this material 
will be 

1-12x 1,043=1,170 kg. 

Considering the presence of carbonates and hydrogen sulphide in liquor, 
a further quantity (20 per cent) of lime is necessary. Thus net requirement 
of lime=1170x 1-2 = 1400 kg/hr. 

Over-all material balance of lime-ammonia still (without considering 
phlegma) is given below : 


Input, kgjhr 


Output, kglhr 


Liquor : 


Concentrated ammonia vapours 

: 

Ammonia 

140 

Ammonia 

138 

Carbon dioxide 

80 

Carbon dioxide 

80 

Hydrogen sulphide 

40 

Hydrogen sulphide 

40 

Wata* 

20,280 

Water 

1,242 


20,540 


1,500 


1,400 

Was te liquor ‘ 

W 

T<^ 

21.940 

Tp^al ,, 
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Hence quantity of waste liquor, W^=21,940—1,500=20,440 kg/hr; out of this 
ammonia is 2 kg/hr. 

Content of ammonia in the waste liquor is : 

2 x^^^^=0-l g/l=0*01 per cent by volume. 


We shall now calculate the quantity of liquor coming from the lime leg to 
the fixed leg. 

The fixed leg receives the following from the lime leg (in kg/hr) 


Ammonia 

Liquor 

Milk-of-lime 


Total 

Content of ammonia : 


40 

a 

1400 

\M0 + a 


40 

1,440+fl 


From the fixed leg vapours containing the following (in kg/hr) enter into 
the free leg : 


Ammonia . 
Water 

Total 


38 

b 

38 +^ 


Content of amrnonia. 


r= 


38 

38 +^ 


Since for weak ammonia solutions (concentration less than 2 g/1) the 
equilibrium follows Henry’s law {T=l0x), we have : 


38 40 

38+6“ ^ 1,440+^ 

or 



200 6-19 ^z= 19,760 

The material balance of the fixed leg (kg/hr) is 


(I) 

Inlet to fixed leg 

Outlet from fixed leg : in 
the form of vapours to 

lj440+a 


1 - the free leg 

38+J 


Waste liquor 

Therefore 

20,440 



1,440+a=384r ^+20,440, 


a—19,038 b > ^ 


or 


0 ( 11 ) 
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Solving equations I and II we get: 


^z==21,146 kg/hr 
and 3=2,108 kg/hr. 

Thus we have the following material balance for the fixed leg : 


Input, kgjkr 

Ammonia 

40 

Output, kgjhr 

Ammonia 

38 

Milk-of-Iime 

1,400 

Water 

2,108 

2,146 

Water 

21,146 

Waste liquor 

20,440 

Total 

22,586 

Total 

22,586 


Content of ammonia in the liquor entering the fixed leg is : 


40 

22,586 


X 1,000=1*77 g/1. 


We shall now determine the quantity of the phlegma and its composition. 
Minimum reflux ratio is determined by the following equation : 


R 


min 


XD—ye 

ye—X:E> 


where content of ammonia in distillate = 10 per cent 

xjB'=content of free ammonia in liquor entering free leg=0*5 per cent, 
equilibrium concentration of ammonia in the vapours. 

When ;vy=0*5 per cent, j;g=4*5 per cent (vide Table 28 in appendix). 


Let actual reflux ratio, i2= 1*3 xi?win= 1*3 x 1*375=1*79. 

Then quantity of phlegma : 

L=iLD= 1 *79 X 1,380=2,470 kg/hr. 

Total quantity of vapours (steam and ammonia) leaving the still: 
P^=L4-i)=:2,470+1,380=3,850 kg/hr. 

Taking into account carbon dioxide and hydrogen sulphide, we get: 

F=3,850+80+40=3,970 kg/hr. . 

Content of ammonia in vapours leaving the still is determined by the 
equation: 

Xb 10 

Ji: Content of steam=95*96 per'fef^i ^ 
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When the total quantity of vapours is 3,850 kg, the quantity of ammonia 
in it is: 


4*04x3850 

100 " 


= 155 kg. 


The content of water is 3,695 kg. 

Ammonia in phlegma=155—138= 17 kg. 
Water in phlegma=3,695—1,242=2,453 kg. 
Total phlegma=2,453+17=2,470 kg/hr. 

Concentration of ammonia in phlegma is : 

g/l=0*69 percent. 


Calculation of Number of Plates in the Vapourising Column (Free Leg) 

In the vapourising column there are two sections viz. enriching and strip¬ 
ping sections. Plate calculations will be done separately for them. 

Calculation of Number of Plates for the Enriching Section 

Since the vapour phase leaves the column with an ammonia content of 
4*04 per cent, its equilibrium concentration in the liquid phases on plate 1 is 
0“458 per cent. 

Since the content of free ammonia in the incoming liquor is 0*5 per cent, 
there should be only one theoretical plate in the enriching section. 

Assume 50 per cent plate efficiency. The actual number of the plates is : 



Feed must be given to plate 2 and phlegma to plate 1 from above because 
ammonia concentration in phlegma is 0*69 per cent. 


Calculation of Number of Plates for the Stripping Section 

Number of plates is calculated from the reduction of the content of free 
ammonia from 0*5 per cent to a figure equalling the concentration of frer 
ammonia in the liquor entering the lime leg. 

This figure as seen above is : 

r^i^To Z" X 1,000=0*095 g/l=0*0095 per cent. 

21 ,loD 


Equation of the operating line : 


R+ 


D 


D 


.-1 


ie+l 1 
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where atw= 0*0095 per cent (bottoms concentration), 

=feed ratio 

weight of charge ==203420 kg. 


F _20420_ 
S' 1380 


Then, 


r= 


1*79+14*8 

2*79 


14-8-~l 

2-79 


X 0*0095 


or 

r=5-95A:—0*047. 

Vapour composition on plate 1 : 

j;i=5‘95x0*5—0*047=2*928 per cent. 

Liquid composition on plate 1 : 

;vi=0*293 per cent (vide Table 28 of appendix) 
Vapour composition on plate 2 : 

j; 2 =: 5*95 X 0*293—0*047 = 1*696 per cent. 
Liquid composition on plate 2 : 

X2=0^17 per cent. 

Vapour composition on plate 3 : 

^i 3 =z=: 5'95 X 0*17 — 0*047=0*965 per cent. 

Liquid composition on plate 3 : 

;c 3 =0*0965 per cent. 

Vapour composition on plate 4 : 

j» 4 = 5*95 X 0*0965—0*047 = 0*527 per cent. 
Liquid composition on plate 4 : 

a: 4=0*053 per cent. 

Vapour composition on plate 5 : 

j;g=5*95x 0*053—0*047=0*268 per cent. 
Liquid composition on plate 5 : 

X 5 = 0 *(K 7 per cent. 

Vapour composition on plate 6 : 

j.6:=^5-95 x 0-027—0-047=0* 114 per cent. 
Liquid composition on plate 6 : 

^==;0-0114 per cei#iriArw * 
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Thus it is necessary to have six theoretical plates. Assuming 50 per cen.t 
plate efficiency, 

the number of actual plates in the free leg=j^ = 12 . 


Total no. of plates in the free leg=24-12=14. 


Calculation of the number of plates in the fixed leg 
The number of plates in the fixed leg is based on the calculation of the 
reduction of ammonia concentration from T77 to OT g/1 or from 0T77 per 
cent to 0*01 per cent. 

The equation of the operating line is : 




D 


D 


-1 


R+l 






where 

xw=0‘0l per cent. 
i?=l-79, 



^ 22586 

D 1380 


Then, 

1-79+16-35 

16-35- 

y 2-79 

2-79 

or 




X 0*01. 


j);~6*5Ar—0*055. 

Composition of the vapour phase on plate 1 : 


jVi= 1*77 per cent. 

Liquid composition on plate 1 : 

a:i= 0*177 per cent. 

Vapour composition on plate 2 : 

J2=6*5x 0*177-0*055= 1*096 per cent. 
Liquid composition on plate 2 : 

;it: 2 = 0 *l 1 per cent. 

Vapour composition on plate 3 : 

j;3=6*5x0*1 1—0*055=0*66 per cent. 
Liquid composition on plate 3 : 

;^ 3 =: 0*066 per cent. 

Vapour composition on plate 4 : . - 

j4 =6*5 x 0*066—0*55=0*374 per cent. 

liquid composition on plate 4 : ’ n , | i * 

a:«= 0*0374 pen celwti ,4 ' . \ ■ r,' 
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Vapa„i : omposition on plate 5 : 

jg=6*5X0*0374—0'055“0* 188 per cem. 

Liquid composition on plate 5 : 

;vs=0*0188 per cent. 

Vapour composition on plate 6 : 

j)e=6*5x0*0188—0'055=0*067 percent 
Liquid composition on plate 6 : 

;tfe=0*0067 per cent < 0*01 per cent. 

Thus, it is necessary to have six theoretical plates. 

Assuming 40 per cent plate efficiency (considering the plugging of bubble 
caps), the actual number of plates in the fixed leg ; 



Therefore total number of plates in the free leg and fixed leg together= 
14+15=29. 

Heat Balanct 
Heat input 

(1) Heat carried by liquor to the free leg : 

0,1=20,540x I X 60=1,232,400 kcal/hr, 

where 60°=temperature of inlet liquor ; 

(2) Heat carried by milk-of-lime : 

0,2= 1400 X 0*95 X 60=79,800 kcal/hr, 
where 0*95=thermal capacity of milk-of-lime in kcal/kg. deg, 

and 60^=temperature of milk-of-lime ; 

(3) Heat carried by phlegma : 

0,8=2,470 X 1 X 90=222,000 kcal/hr, 
where 90°=temperature of phlegma. 

Thus 

0,i«j,«^= 1,534,200 kcal/hr. 

Heat output 

(1) Heat carried by vapours from the still: 

0,4=3695 (595 +0*44 X 100) +155 x 0*508 X 100+40 X 0*24 x 
100+80x0*213x100 
=2,370,500 kcal/hr. ^ 

(2) Heat carried by waste liquor ; 

0,5= 19040 x 100+1,400 xo.95xioo^ ' ’’ i- ^ - 

=2,037,000 k(3ai/l3Lnt ;■ i L’■ ’ -j,. 
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( 3 ) Heat of chemical reactions : 

(z) Heat of decomposition of ammonium carbonate : 

^1=80 X 243 - 3=195500 kcal/hr 

where 243‘3=heat of decomposition in kcal per kg CO 2 ; 

(n) Heat of decomposition of ammonium sulphide : 

^2=40X 182-3=75300 kcal/hr, 

where 182*3=heat of decomposition in kcal per kg H 2 S ; 

(m) Heat of liberation of ammonia from solution : 

^3=138 x 491=675800 kcal/hr, 

where 491 = heat of liberation in kcal per kg NH 3 ; 

(zv) Heat of liberation of carbon dioxide from solution : 

^4=80X 127-2=10,200 kcal/hr, 

where 127-2 =heat of liberation in kcal per kg CO 2 ; 

(v) Heat of liberation of hydrogen sulphide from solution : 

^5=40 X 139-3=5,600 kcal/hr, 

where 139*3=heat of liberation in kcal per kg H 2 S 
Therefore, 


0,6=^!+ ^^2+ ^s+ ^4+ ^5 

= 110,400 kcal/hr. 

Therefore, 

Q,znf)wi=4,517,900 kcal/hr. 

Thus it is necessary to supply the following quantity of heat by live steam : 
Q,=4,517,900-l,534,200;=2,983,700 kcal/hr. 

Assuming heat losses to the surroundings to be 1 per cent or 30,000 kcal/hr, 
the total heat consumption is 3,013,700 kcal/hr. 

Consumption of live steam under a pressure of 3 atm will be ; 


3013700 

651-6--100 


=5,450 kg/hr, 


where 651*6=heat content of steam, 
and 100 =temperature of waste liquor. 
Consumption of steam; 
f per 1 ton ammonia : 


=39-5 tons. 

per I liquor; 
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Thus, heat balance stands as follows : 


Heni input, kcaijhr 


Heat output^ kealjhr 


Heat of liquor 

1,232,400 

Heat of ammonia vapours 

2,370,500 

Heat of milk-of-lime 

79,800 

Heat of waste liquor 

2,037,000 

Heat of phlegma 

222,000 

Heat of chemical reactions 

110,400 

Heat of live steam 

3,013,700 

Heat lost to surroundings 

30,000 

Total 

4,547,900 

Total 

4,547,900 


Total quantity of waste iiqi^or will be 

20,440+5,450=25,890 kg/hr. 


Determination of column diameter 

Diameter of the column is determined on the basis that the velocity of 
vapours in the column is 0'5 m/sec. 

Volume rate of vapours passing through the column : 


/3695 , 155 , 80 , 40\ 
V"Tr-^T7 +44+34j 


22-4 X 


373 760 

273 ^ 840 


=6,050 m^/hr, 


where 840=pressure at column outlet, mmHg. 
Required cross-sectional area of the column ; 


6050 

3600z;^3600x0-50^ 


3*36m2. 


Diameter of coulmn : 


-i^^=2-06 mc;2-0 m 
^ TT ^ 0*14 


ni Dephlegmator of Lime-Ammonia Still 
(1) Function and Construction of Dephlegmator 

The dephlegmator is meant for raising the concentration of ammonia in the 
steam-ammonia mixture leaving the lime-ammonia still up to 8 to 10 per cent. 
Later the concentrated mixture goes to the pyridine recovery installation for 
the neutralisation of mother liquor and also to the saturator of the sulphate 
section. 

The dephlegmator of the lime-ammonia still consists in a tube of usual 
construction with several baffles for ditectihg the flow of water. Such a cons¬ 
truction of dephlegmator, as shown from practice is the most compact and 
convenient for working. J 
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For avoiding corrosion the dephlegmator may be made of high quality stain¬ 
less steel. In recent times dephlegmators are also of the submerged type made 
of iron radiator tubes. 


(2) Design of Dephlegmator 

Material balance 

The material balance of the dephlegmator is shown in Table 6. 

The partial pressure of water vapours at the exit of the dephlegmator (the 
total pressure being 760 mmHg) is : 


1550x760 

1799 


=655 mm Hg. 


Such a pressure of water vapours corresponds to a temperature of 95*7®. 
Temperature of incoming vapours is 100° and the temperature of the outlet 
phlegma is 90°. 

Table 6 



Input 

kglhr 


Output 




Liquid 


Vapours 



kglhr 

kglhr 

nm^lkr 

NHa 

155 

17 

138 

182 

COs 

80 

— 

80 

41 

HaS 

40 

— 

40 

26 

H^O 

3,695 

2,453 

1,242 

1,550 

Total 

3,970 

2,470 

1,500 

1,799 


Heat balance 

Heat input 

{i) Heat carried by vapours from the ammonia still to the dephlegmator : 
{a) Heat carried by ammonia : 

^1=155 X 100 X 0*508=7,900 kcal/hr ; 

(b) Heat carried by carbon dioxide : 

^2=80x100x0*213=1,700 kcal/hr; 

(r) Heat carried by hySrogeh Wlphic^e *. ' ^ 

^ 3 =40 X 100 x 0*24= 900 kcM/hr ; ^ ’ 

(d) Heat carried by water 

gt^==3695 (595+0*4^HiAW|=2i36p,t0Q^^ m . i 
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Total 

0,1=2,370,500 kcal/hr. 

(ii) Heat of solution of ammonia in the phlegma : 

0^2=491 X 17=8,300 kcal/hr. 

/. Total Heat input 

2,378,800 kcal/hr. 

Heat output 

(i) Heat carried by vapours from the dephlegmator : 

(a) Heat carried by ammonia : 

^ 1 = 138 X 95-7 X 0*508=6,700 kcal/hr ; 

(b) Heat carried by carbon dioxide : 

^2=80 X 95*7X 0*213 = 1,600 kcal/hr ; 

(c) Heat carried by hydrogen sulphide : 

^3=40 X 95*7 X 0*24=900 kcal/hr ; 

{d) Heat carried by steam : 

<74=1242 (595+0*44 X 95* 7) = 790,000 kcal/hr. 

Total heat with the vapours : 

0,3=799,200 kcal/hr. 

(ii) Heat carried by the phlegma : 

0,4=2470 X 1 X 90=222,000 kcal/hr 

{in) Heat carried by outlet water : 0.5* 

Total heat output 

Q,outpuf= 1,021,200+0,5* 

Equating heat input with heat output we get: 

05=2,378,800-1,021,200=1,357,600 kcal/hr. 

Assuming 25° inlet water temperature and 45° outlet water temperature 
the water consumption : ^ 




1,357,600 
1000 (45—25) 


=67-9 m«/hr. 


Determiaation of Dimensions of the Dephlegmator 

Let velocity of water in tubes ; 

»==0*5 : 

and diameter bf the tubes, d = 35 mmv : . \ 
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Therefore^ required cross-sectioiial area of the tubes : 


A= 


_ W 
3600z; 


67*9 

3600x0*5 


0*0378 m2. 


Number of tubes in one pass : 


-Xd^ 


0*0378 
'3* 14 

0*0352 


■=39. 


When there are 4 passes, the total number of tubes will be : 

?2==39 X 4= 156. 

Let the number of hexagonal chambers, 

22 '= 7 ; 

then the number of tubes will be 169. 

Total cross-sectional area of the tubes : 

.1=169x0*785x0*352=0*1625 m2. 

Velocity of water in the tubes : 

67*9x4 


’3600x0*1625 ■ 


=0*465 m/sec. 


Reynolds number : 


i?g=1000x 


vdp 


:1000X- 


0*465 X 0*035 x 1000 


fjL 0*725 

= 22 , 100 , 

where /x=viscosity of water at 35°=0*725 centipoise. 
Prandtl number : 


3*6 g/x 3*6x0*998x0*725 
D*538 

=4*84. 


where ^= coefficient of thermal conductivity of water at 35°. 
=0*538 kcal/m. hr. deg ; 

G=thermal capacity of water at 135°=0*998 kcal/kg. deg. 
Then Nusselt number: 

jV*M=0*023 i2g®*8xPr»-^ ' 

=0*023x2^,i00«*8x4*84o^^ 

, • =129. - ■ ' ; :■ : 
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Coefficient of heat transfer from the wall to water ; 


, „ K 0-538 

0-035 . 

= 1,980 kcal/m2. hr. deg. 

Coefficient of heat transfer from condensing water vapours to the wall is 
determined by the equation : 

{GaxPr'K Co)", 

where Ga (Galileo Number) 


Co- 


L 

C^t 


(Criterion of Condensation) 


m ,;2 = coefficients determined from the value of GaxPrxCo 
v=kinematic viscosity of water film in m^. sec, 

coefficient of thermal conductivity of water film in kcal/m. 
hr. deg, 

C= thermal capacity of water film in kcal/kg. deg, 
difference of temperatures of steam and wall, 

C=Heat of condensation in kcal/kg, 

i/= Height of the pipe in m (for vertical pipes ; for horizontal pipes 
it is necessary to use diameter of pipe instead of its height). 

The physical constants v, A, C, Z. should be taken at a temperature : 

^ ts-i-tu 


where steam temperature 
^w=wall temperature. 

Since steam temperature is 97*8°, then assuming ty,=94*7°, we get: 

, 97*8+94*7 

4 - -2 -- 

=96-2°, 

and 

/^f=97-8_94-7=3.i°. 

At 96-2°, p = 0-962 kg/m®, v=0-31 x lO'® m^/sec, G=1 kcal/kg. deg, ir=0-586 
kcal/m. hr. deg and L=542 kcal/kg. 

Then, 

P 542 
CAi 1x3-1 

p^_ 3600 Cvp .SSOOx I xO-S;! X 10-6x0.962 

^ ' -'i.i'i.i* J|:586 
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Gci= 


gH^ __9*81x23 
v2 0*312 


X1012 


= 8•2xl0l^ 


where the height of the pipes is assumed to be 2 m. 

The value 

GiZXPrxCo=8*2x IQi^X 1*83 x 175=262 x lO^s, 

Since 

GaxPrxCo=262xlO^^ > lO^^ 

then 


0*0646 and n= 


3 * 


Coefficient of heat transfer will not depend on the height of the pipes. 
Now 


jVM=0*0646 (262 Xl0i5)i'=41,400. 
Ag=JVwx-^=41,400^-^^=12,100 kcal/m2. hr. deg. 


Overall heat transfer coefficient will be (considering resistance of the 
metallic wall and deposits) : 


C/-- 


r 


0*0015 


1 

+ 0*001 


12100 ‘ 15 

=595 kcal/m2. hr. deg. 

Logarithmic mean temperature difference : 

100° vapours 

Water 


1 

’1980 


45° 


95*7° 


25° 


A4 


70*7-55 


2-3 log 


=62° 


Check the wall temperature : 


f|0- tg 


U /\tn 


=97-8- 


595 X 62 

12100 " 


=94-7°. 


R^uir^ heat transfer ^re a : 


i357i60©j '_l gy^ 
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/= 


37 


3-14x0-0365x 169 


.= 1-9 m. x2xa 


Diameter of the pipe : 

£,==2 (7x0-057-f0-057)=0-91 m, 

where «=spacingofpipes=l-5x0-038=0-057 m and a'=distance from the 

end of jacket=0*057 m. 

IV Dephenolising Scrubber 
(1) Construction and Principle of Action 

Dephenolising scrubbers (Figure 16) with diameter 3*3 to 5 m and total 
height about 30 m are made of steel sheets. A scrubber consists of three 

sections. 


HQUOR mtET 



: 1 


C'-7: 

N. z' 

v/ 

WOOOET^ 


PACKING, 


PHCHOL FREE. 



..Lh.. 

ALKALI 

-t-TTn-j 

A A At ^ 

- J7 

\ / 

METALLIC SPIRAU 


PACKING. ^ 

STEAM INLET 



cotioens^TE ouTcet^ 


STEAM OUt-L£T. 


PHENOUATE OUTLET 


Fig. 16. dephenolising scrubber 


The upper section serves for the blowing off of phenols by circulating 
steam from the liquor which is fed from the ammonia still to this section. 
This section is filled up with wooden packings consisting of segments of about 
3,000 m height, the spacing between the segments being 400 to 500 mm. The 
upper part of the section ends with a removable cover and the lower part 
has a bottom for the tapping of depbaaolised liquor to the lime leg of the 
ammonia sdlL Steam with phenol is sudsBd by a fan from the upper section 
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and blown to the lower section. The middle section has sprayers for feeding 
caustic soda solution to the lower section of the packing. 

The lower section of the scrubber is filled up with metallic spiral packings 
and divided into a number of segments. The height of each segment is 3,500 
to 3,800 mm and the spacing between them is 400 to 500 mm. This section 
serves for the recovery of phenols from the circulating stream of vapours 
by caustic soda solution in the form of sodium phenolates. Fresh alkali 
solution is given to the scrubber every 15 minutes with the help of a special 
regulator. 

Steam freed from phenol in the lower section of the scrubber enters the 
upper section for the extraction of phenols from liquor. Phenolates formed in 
the lower section are sent to the collecting tank and thence to the storage. 

The quantity of circulating steam is 1,500 to 2,000 m^/m^ of liquor under¬ 
going dephenolisation. 

The upper and lower sections are connected one another (inside the scrub¬ 
ber) by a vertical gas pipe with a hood which serves to prevent liquor from 
falling from the upper section to the lower. 


(2) Design of Upper Section of Dephenolizing Scrubber 

Material balance 

The quantity of liquor entering from the still for dephenolisation is 21,186 
kg/hr. 

When the content of phenols in the incoming liquor is 2*5 g/1 and density 
of liquor 100 kg/m^, then the quantity of phenols in this liquor is : 

2-5X ^=53 kg/hr. 


Assume the efficiency of purification of liquor from phenols to be 90 per 
cent. Consequently ~ 1 X 53=5*3 kg of phenols remain in the liquor and the 
quantity of phenols extracted is 53—5*3=47*7 kg/hr. 

The maximum content of phenols in the exit vapours may be calculated by 
the following equation : . 

'=^2^00,-22-4’ 


where = maximum content of phenols in the exit vapours in kg/m^ ; 


p = vapour pressure of phenols in the incoming liquor in mm Hg ; 

M = Molecular weight of phenols=94, 
and P = pressure at the scrubber outlet in mm Hg. 

The value of/>=0*18 where Ar=contend of phenols in water in g/L 
Since content of phenols in water =2*5 g/1, 
then 




18x2*5=0*45 mm Hg. 



90 


DESIGN OF BY-PRODUCT RECOVERY UNITS 


Then assuming pressure at the scrubber to be 760 mm Hg, the maximum 
content of phenols at the outlet will be : 

pxM 0-45x94 


-22TF‘‘S''"’- 


or 


Oi =2'5 g/m® 


The minimum quantity of circulating steam is determined by the following 
equation : 

G 


F™i„=1000x- -m®/hr, 

a% —CLi 

maoi 


where quantity of extracted phenols in kg/hr, 

content of phenols in outgoing vapours in g/m^, 

content of phenols in incoming vapours in g/m^. 

Assume the efficiency of extraction of phenols from steam in the lower part of 
scrubber to be 90 per cent; then the content of phenols in steam entering the 
upper part of the scrubber is : 

€.1=0'I X 2*5—0*25 g/m^. 

Thus 

47-7x1000 

m^/hr. 


The actual quantity of steam is taken to be T5 to 2 times the minimum. 

Let the quantity of circulating steam be 1*5 times the minimum, then : 

F=l-5 21,200=31,800 ms/hr. 

Using the earlier equation, we shall determine the actual content of phenols 
in the outgoing steam. 

Since 


and 

then 


a2—ai= 


1000 

V 


XG 


€1=0’1 


whence 


0*9 fls— 


1000 G 
V 


or 


1000 G 

1000 x 47-7 , , 

0-9 x 31,800 
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^1=0*167 g/m®. 

Taking round figures ^2=1‘6 g/m^ and <3i=0*16 g/m®, 
^= >6^0af =33,200 m3/hr. 

Therefore steam requirement for one m^ of liquor undergoing dephenolisation 
will be: 

33200 , ^ 

= 1,565 m3. 


Determination of sprqymg area and dimensions of upper section of scrubber. 

Consider wooden grid packings with the following dimensions for the upper 
section of the scrubber : 

Thickness of grids a~ 10 mm. 

Distance between two grids h== 19 mm. 

Height of a grid i;—120 mm. 

and Equivalent diameter of the packing =0*038 m. 

Critical velocity of steam through the packing is determined by the equa- 


z;cr=2320x-;7- 

Wg 

Kinematic viscosity of steam at 100®C : 

v=20*9 X 10”® m^/sec, 

, - 0300 ,, 20-9 xl0-_« 


Then, required live section of the packing will be ; 

V 33200 

3600&cr ~ 3600x1.28 
^7-2m2. 

.'.Total cross-sectional area of the packing : 

Ai,uz=Ai X i^=7'2 11-0 

whence the diameter of a packing circle : 


il®t d=^3'5m ; 


/4xll'C 
ibS'S m 
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^lfofaz=0*785x3-52=9*6 


A=^x9*6=6*3m2. 


Actual velocity of steam in the packing : 

V 33200 . _ . 

3600^j 3600 X 6-3~ ^ 

The coefficient of desorption of phenols from the vapours is determined by 
the formula: 


where partial coefficient of desorption through gas film ; 

/c 2 =partial coefficient of desorption through liquid film. 
The value of kg is determined by the equation : 

kg -vA Ug X ”1 —5 

“A 

..V«p = 0-0445 P;yO-628 x^^jo.066_ 

Reynolds number : 


vde 1-46x0’038 

20-9x10-® 


=2,650. 


Prandtl number: 


Coefficient of diffusion of phenols to steam at O'" and 760 mm Hg is 
determined by the equation : 

p. 4-5x10-^ 2, 

Dg— — . . m^/sec, 

's/MixMz 

where Mi—molecular weight of phenols 
and M 2 =molecular weight of steam. 


13,= 4-5x10- 
'v/94x 18 

= 10'9 x 10“® m®/sec. 
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Recalculating Dg at 100° and 765 mm Hg (average pressure in scrubber) 


Then 


= 20*3 X 10“® m^/sec. 


20-9xl0-‘6 

20*3x10-6 

= 1*03. 


Thus 


Then 


.066 


;Vms = 0-0445 i?«»o-’52xPr50-62S (^)“‘ 

==0-0445 X 2650“-’S2 X l-03“ ®28 (^^) 


0.066 


-15*9. 


Dg 20*3x10-6 


r,=jVw,^=15*9x 


0*038 


-=0*00838 m/sec 


or 


_ 0*00838 X 3600 xAf 
22*4x760 

0*00838x3600x94 
~ 22*4x760 

= 0*167 kg/m^.hr.mm Hg. 
Partial coefficient of diffusion through liquid film : 

ki~ Nui X — 5 


where 


MUi = A7\ ^^j6*624 P^^O.166 



0.503 


Reynolds number : 


Rei=^ 


vz 


where 2 =intensity of spraying in m^/hr.m. 
and, Vi= viscosity of solution in m^/hr. 
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Viscosity of water at 100°, /n.=0-28 centipoise ; 


kinematic Viscosity, vz= "XOOO^ — 


0*28 


Intensity of spraying : 


1000x958 
0-293 X 10-*®m2/sec=l*05x IQ-Sm^/hr. 


W 

'"91- 


where quantity of liquor~21 *2 m^/hr, 

I = length of grids in one packing circle in m. 
Since live cross-sectional area 

Ai== 6*3 

then length of grids in one circle : 

I __ 332 m 

0-019 “ 

21-2 

2x332 

= 0-032 m^/hr.m. 

Reynolds number for liquid : 

0-032 

1*05x10-3 

= 30*5 

Prandtl number for liquid : 




_VZ 


where vj=kinematic viscosity— 1"05 X lO"® m^/hr, 

coefficient of diffusion of phenols to liquor in m^/hr. 
Coefficient of liquid diffusion is determined by the formula : 

A = 0-0124xl0-6x- — -X ®f4r m2/hr, 

9i'>i \l M 

where T'=: liquid temperature in ° K ; 

pj=density of liquid in kg/m®, 
p=: density of liquid phenol in kg/m®, 

Vi == kinematic viscosity of liquid in m®/hr 
and iVif= molecular weight of phenols. 

With r=373^ 

Pi= 958 kg/m®, 
p=1060 kg/m® 

M=94, 


and 


) 
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one gets 


A=0-0124xl0-6x 


373 


958x 1-05x10-3 
= 10-3 X 10-6 ms/hr. 

Then Prandtl number : 


^3 X- 




1-05x10-3 
10-3 X 10-6 


= 102. 


Nusselt number : 


Then 


j\'Mz=471 x30-5“-334x 102“-i66 


0-038\ 

0-120/ 


0.E03 


= 1,700 


or 


Ki^MuiX ^ 

Uq 


= 1700 X 


10*3x10-6 

0*038 


= 0*46 m/hr 


Ki— kg/m^. hr. mm Hg, 


where H=Henry’s constant. 

Since ^=0-18 x mm Hg, then if=0*18 mm Hg/kg/m^ and consequently : 

0-ir 

= 2*55 kg/m^.hr.mm Hg. 

Overall coefficient of desorption ; 

0^167x2*55 
M 67+2 *55 

= 0*157 kg/m^.hr.mm Hg. 

Motive forces of the desorption process : 

(t) At the top of the scrubber : 

Partial pressure of phenols in the outgoing vapours : 

1000 M 
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22*4 X 760 X ^2 
1000x94 

= 0.181 xa2 

= 0*181X 1*6 
= 0*29 mm Hg. 

Vapour pressure of phenols in the incoming liquor : 

^'y=0*18 (7=0*18x2*5 
=0*45 mm Hg. 

Therefore, motive force at the top : 

A P'= 0*45--0*29=0*16 mm Hg. 

(ii) At the bottom of the upper section of scrubber : 
Partial pressure of phenols in the incoming vapours : 


. 22*4x770 ^ 

^ 1000x94 

= 0*0293 mm Hg. 


Vapour pressure of phenols in the outgoing dephenolised liquor 


^'^j^O* 18x0*25 = 0*045 mm Hg. 

A i&"=0*045 —0*0293 = 0*0157 mm Hg. 


Average motive force of the desorption process : 

AP'-AP" 


A pavg ■ 


2-3 log If 
0 - 16 — 0-0157 


2-3 log^ 

-0157 


=0-0623 mm Hg 

Required desorption, area 


^ X 

_ 47-7 

0 - 157 x 0-0623 

= 4,880 m 2 

Surface area of one packing circle : 

^i= 2 fc =2 X 332 X 0-12 
= 79-7 m 2 .>' 
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Therefore, required number of packing circles will be : 


n= 


4880 

79*7 


=61. 


Take three segments each containing 21 circles, total being 63. Therefore 
total surface area=63 x 79*7=:5030 m^. 

Height of one circle : 

A=2ZxO*14=2*94m. 

Height of scrubber filled up with packing : 

Hi=3x2*94+2x0-5=9*82 m. 

/. Total height of the upper section of the scrubber : 

iir=:9-82 + l-5 ^=9*82+5*25 
^15 m. 


(3) Design of Lower Section of Dephenolising Scrubber 

Material balance 

At the lower section of the scrubber vapours containing T6 g/m® phenols 
enter in a quantity of 33,200 m^/hr under prevailing conditions. The tempe¬ 
rature of incoming vapours is 100° and pressure 780 mm Hg. 

Phenols are extracted from these vapours by alkali solution and their content 
in the outgoing vapours drops to 0T6 g/m^ ; pressure at the outlet is 770 mm 
Hg and temperature 100°. 

The quantity of extracted phenols is 47*7 kg/hr. 

Let the concentration of caustic soda in the incoming solution be 8 per cent 
and the efficiency of recovery of caustic soda 75 per cent. Therefore, the 
quantity of reacting caustic soda is only 6 per cent i.e. 60 g/1. 

According to the following reaction : 

CeHsOH+NaOH-CeHsONa+HaO, 

one litre of caustic soda solution may absorb the following quantity of phenol: 

60xg=141 g. 

Then for absorbing 47’7 kg phenols it is necessary to use the following 
quantity of alkali solution : 


47700 

141 


=340 Z/hr. 


Since this quantity is too small i for cQntinuous spraying then it is a practice 
to adept intermittent feed of alkali Isofution. It is necessary to feed 85 I alkali 
solution every 15 minutes. ‘ . : 
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Determination of absorption area and dimensions of scrubber 

Let the diameter of the lower part of the scrubber be the same as that of 
the upper part i.e. 3-5 m when the total cross-sectional area is 9-6 m®. 

Assume that the metallic spiral packing has the following characteristics : 
surface area per 1 packing, 130 m^ and bulk density, ph= 104 kg/m’. 
Hence free volume of packing : 


F/= 


7800-104 

7800 


0-9867 ms/ms. 


where 7,800 is the density of iron in kg/m®. Therefore the live cross-sectional 
area of packing is 0-9867 m®/m®. 

Equivalent diameter of packing ; 

, 4F/ 


4x0-9867 
■“ 130 

=0-0304 m. 

Actual gas velocity in the packing : 


Reynolds number: 


'3600 Ai 

33200 

■"3^0x0-9867x9-6 
=0-975 m/sec. 


Re= 


vd, 


0-975x0-0304 
“ 20-9x10-® 

= 1,420, 

where v=kinematic viscosity of steam at 100°=20-9x 10'® m®/sec. 
Prandtl number: 


where 


Pr=^ 


v^=20*9 X 10"® m^/sec 
D,=10-9xl0-«( 




760 

775 


=20 X 10“® m^/sec. 


and 
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Then 

20-9 X 10-® 

20x10-® 

= 1.045. 

Nusselt number ; 

Mg = Q- 04:45 Pr ^ O .628 

=0*0445 X 1420®*’52 X 1 - 0450*628 
= 10 * 6 . 

Coefficient of absorption through gas film is : 

Dg 20x10-6 

Kg KUgX J 10*6 X ^ 07 Q 3 Q ^ 

= 0*007 m/sec 
or 

S600 V 94 

Ka= 0'007 X 7503^92^=^' kg / m 2 . hr. mm Hg. 


We shall now determine the motive force of the process. 
Partial pressure of phenols in the incoming vapours : 


_ 1*6x22*4 
94x1000 


X780 


=0*298 mm Hg. 

Partial pressure of phenols in the outgoing vapours: 


0*16x22*4x770 

1000x94 

=0*0293 mm Hg. 

Vapour pressure of phenols in the incoming solution : 

fi=0. 

Vapour pressure of phenols in the outgoing solution of phenolates is deter¬ 
mined by the equilibrium reaction : 

C6H50H+Na0H=C6H50Na+H20. 

Total quantity of phenols absorbed by one litre of alkali solution is 141 g. 
When the degree of hydrolysis of sodium phenolates is 1 per cent, the 
quantity of free phenols will be T41 g/1. 

Vapour pressure of phenols in such a solution : 

P'^==0*18x 1*41=0*254 mm Hg. 

Motive force of absorption at the top of the lower section of the scrubber 
wil be: 

A/''=0*293 mm Hg 
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and at the bottom; 

A/=0*298-0-254=0-044 mm Hg. 
Average motive force of absorption: 

0-044-0-0293 


b.paw—' 


0-044 

2-3 log ^ 


0-0293 
=0-0360 mm Hg. 


Required absorption area : 


A=- 


kap, 


avg 


47-7 

>036x0-142 
=9,350 m2. 

When the surface area of one m® packing is 130 m® it is necessary to have 
the following volume of packing: 


9350 

130 


=72 m®. 


Since the cross-sectional area of the scrubber is 9-6 m® then the height of 
packing will be: 


Assume two segments each of 3-75 m height. 

Assume that the distance between the two segments is 0-5 m; then the height 
of the lower section of the scrubber filled up with packing will be 8 m and the 
total height of this section uull be: 

if=:8+l-5i=8+5'25=13-25 m. 



Chapter Four 


TECHNOLOGICAL FLOW-SHEET FOR PRODUCTION 
OF AMMONIUM SULPHATE 

I Description of Teciinological Flow-sheet 

As seen from Fig. 17 coke oven gas enters the preheater (1) after the 
exhausters and electro-filters. Here it is heated to 60-70° by steam of 
3-4 atm pressure obtained from steam turbines of the exhausters. Later coke 
oven gas enters into the saturator (2) where ammonia is almost completely 
removed in the form of ammonium sulphate by sulphuric acid according to 
the following exothermic reaction : 

2NH3 + H 2 S 04 =: (NH 4 ) 2 S 04 

Steam-ammonia mixture also is sent to the saturator from the lime-ammonia 
still. At the same time sulphuric acid strength in the saturator bath is main¬ 
tained at 6 to 8 per cent. The saturator receives 78 per cent sulphuric acid 
continuously from the side tank (6). 

From the saturator the gas containing up to 3g ammonia per 100 gas 
enters into the acid trap (3) in which the entrained acid droplets are removed. 

From the trap gas is directed to the final coolers for cooling up to 25 to 30° 
prior to the recovery of benzol hydrocarbons in the scrubber. 

Crystals of ammonium sulphate from the conical part of the saturator are 
taken out with the mother liquor by the centrifugal pump (8) and sent to the 
crystal receiving tank (9). Through the side tube at the upper part of the 
crystal receiving tank the mother liquor freed from sulphate crystals conti¬ 
nuously flows into the return stream tank (5) and therefrom by gravity back 
into the saturator. 

For creating equilibrium concentration of the saturator bath continuous 
circulation of mother liquor is carried out. The mother liquor from the 
saturator crosses over to the circulating tank (4) and therefrom is sent by 
pump (7) back into the saturator. The pump is acid resistant and has a 
capacity of 20 to 40 m®/hr. 

Ammonium sulphate crystals are sent from the conical part of the crystal 
receiving tank into the continuous centrifuge (10) for the separation of mother 
liquor. Sulphate is fed from the centrifuge on to a belt conveyor (11) and 
further transported to the bunker (12). 

Mother liquor containing small quantity of wash water falls by gravity 
from the centrifuge to the return stream tank and then to the saturator. 

From the bunker (12) sulphate is directed to the drier (15) and dried up to 
0*5 per cent moisture content. Air for drying is given by fan (13) after pre¬ 
heating up to 110 to 130°G in the pre-heater. Dried sulphate is sent either to 
the storage or to the wagons. 
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Fig. 18. saturator 

1. Vertical Gas Pipe; 2. Side Pipe for Gas Outlet; 3. Aperture of Acid Trap; 4,5. Sprayer for Water 
and Acid* 6. Pipe for Taking out Mother Liquor and Crystals; 7. Side Tank for Return Stream; 
8. Over Flow Pipe; 9. Circulation Tank; 10. Pipe for Feeding Mother Liquor; 11. Agitator; 
12. Pipes for Fall of Washwater from Trap, a^, a,—Cones of Internal Trap; b—Acid Feed. 
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II Saturator 

(1) Construction and Principle of Action 

A saturator of Giprokoks design is shown in Fig. 18. The characteristic 
feature of this saturator is the presence of .an internal trap formed by the 
cones ai and ^ 2 - A saturator of this design has a trap of large cross-sectional 
area and therefore only small quantities of liquid droplets are entrained with 
the gas. 

The saturator works essentially in the following way : coke oven gas enters 
the saturator through the central, vertical pipe (1) provided with a gas distri¬ 
bution tip submerged in the mother liquor. The gas comes in contact with 
the bath tangentially to the distribution tip. 

The construction of the gas distribution tip is shown in Fig* 19. It is 




SATURATOR 

made of special acid resistant steel. During the passage of coke oven 
through the vanes of the gas distribution tip it comes in quite a uniform contact 
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with the acid mother liquor. As a result the ammonia in the gas is practically 
completely, reraoved. While emerging frqrn the distribution tip the gas stirs 
the mother liquor. , This ensures the mixing of the acid solution and maintains 
uniform concentration of sulphuric acid along the height of the saturator 
bath. 

From the bath the gas escapes to the free space above and passes through 
it with low velocity (about 0*7 m/sec) and then enters into the concentric 
narrow aperture connecting the free space of the bath with the trap (3) (vide 
Fig. 18). The velocity of gas in the slit reaches up to 35 m/sec. On entering 
the trap gas suddenly loses its velocity down to about 0*7 m/sec which leads to 
the settling of the acid droplets. 

The^acid trap is sprayed by water from time to time by means of the 
sprayer (4)-installed, .on.the roof of the saturator trap. The water washes the 
droplets’^'^settled on the trap and flows from the conical bottom of the trap 
through the vertical tube (12) into the saturator bath. 

The gas free from acid droplets leaves the saturator through the two dia¬ 
metrically opposite pipes (2). 

(2) Design of Saturator 

A^aterial balance 

Material input 

{i) Coke oven gas from pre-heater or electrostatic precipitator : 




Kgjhr 

nn^jhr 

Dry coke oven gas 


18,000 

37,500 

Water vapours 


1,860 

2,320 

Benzol hydrocarbons 


1,200 

316 

Hydrogen sulphide 


580 

382 

Ammonia 


290 

382 


Total 

21,930 

40,900 


Besides these, the saturator also receives steam-ammonia mixture from the 
lime-ammonia still. 

Assume that the steam-ammonia mixture is sent also to the pyridine recovery 
installation and only 1/4 of the total mixture is received by the saturator. 

As calculated in the material balance for the lime-ammonia still, the follow¬ 
ing quantities of vapours enter into the saturator (the quantity of carbon 
dioxide is ^ not. taken into account because decrease in; volume uf thfe gas by 
liie ab^rptian of carbon dioxide id the saturator bath will also not ; be taken 
into account): • r 
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kglhr 

Ammonia 

35 (approx) 

Hydrogen sulphide 

10 

Water vapours 

310 


Total 355 


Thus the following quantities of gas enter into the saturator : 




Kglhr 

nm^lhr 

Dry coke oven gas 


18,000 

37,500 

Water vapours 


2,170 

2,710 

Benzol hydrocarbons 


1,200 

316 

Hydrogen sulphide 


590 

390 

Ammonia 


325 

430 


Total 

22,285 

41,346 


. (ii) Sulphuric acid : The Saturator receives 78 per cent acid; from the 
reaction ; 

2NH3d-H2S04=(NH4)2 SO 4 , 

the required consumption of 78 per cent acid will be : 

out of this the acid is 1200 X 0-78=936 kg/hr and water is 264 kg/hr. 

{in) Wash water from the centrifuge : Assume quantity of wash water to 
be 6 per cent of total weight of sulphate produced. 

The weight of sulphate produced : 

325 x-^= 1,261 kg/hr. 

Quantity of wash water will be : 

0-06x1261=76 kg/hr. 

(fu) Water with the mother liquor from pyridine recovery installation: 
iTKis'quantity ‘Offwatier is,taken;to^beequal te the.quantity steai^; enterilig 
the saturator from the lime-ammonia stil Le. 310 kg/hr. i 1:1 , liifii 
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Material output 

(i) Coke oven gas : The quantity of water vapours leaving with the gas 
from the saturator is determined from the following balance : 


Inlet Water {liquid and vapours ), kgjhr 

Outlet Water, kgjhr 

With gas 

1,860 

With sulphate (2 per cent 
moisture content) 25 

From ammonia still 

310 


With acid 

264 

With gas 

As wash water 

76 


With mother liquor from pyridine 


recovery installation 

310 


Total 

2,820 

25+a; 

Thus the coke oven 

a;= 2,820-25=2,795 kg/hr. 

gas leaving the saturator has the following composition : 




kgjhr 

nm^jhr 

Dry coke oven gas 


18,000 

37,500 

Water vapours 


2,795 

3,500 

Benzol hydrocarbons 


1,200 

316 

Hydrogen sulphide 


590 

390 


Total 

22,585 

41,706 


(ii) Ammonium sulphate : Ammonium sulphate is assumed to contain 2 per 
cent moisture. Then the actual weight of the sulphate will be 

1,261 X 1*02=1,286 kg/hr; 

out of this water is 25 kg/hr. 

On the basis of the above calculation the material balance of the saturator 
may be summarised as follows : 


Material In, kgjhr 


Material Out, kgjhr 


Coke oven gas 21,930 Coke oven gas 

Vapours from ammonia still 355 Ammonium sulphate 

Sulphuric acid • 1,200 

W^h water ■ ., . 76 . . . 

Water with the mother liquor i k / ; ' . i 

from pyridine iuistallatiojad ■ ' * '* ' > ■■ -’'f' i-' ' 

23,i ' 


22,585 

1,286 


2^871 
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Heat Balance 

Heat input (i) Heat carried by coke oven gas from the preheater : Let 
temperature of gas leaving the preheater be t. 

Then 

(a) Heat carried by dry gas : 

^=125 600x^ kcai/hr, 

where O'7=thermal capacity of coke oven gas in kcal/kg. deg ; 

(b) Heat carried by water vapours : 

^2=1860 (595+0*438 t) 

= hi 10,000+815 x^ kcal/hr ; 

{c) Heat carried by benzol hydrocarbons : 

^ 3 = 1200 X 0'246 X t=295 x t kcal/hr ; 

{d) Heat carried by hydrogen sulphide : 

^^=580x 0*238 xi= 138 x^ kcal/hr ; 

(e) Heat carried by ammonia : 

^5 =290 X 0*503 X 146 X i kcal/hr. 

Total heat carried by gas : 

1,110,000+13,994 X t kcal/hr. 

(ii) Heat carried by steam-ammonia mixture from the still: 

Let the temperature of the mixture= 100°. 

(^z) Heat carried by ammonia vapours : 

qi=S5x 0*508 X 100 = 1,750 kcal/hr ; 

{b) Heat carried by hydrogen sulphide : 

q 2 = 10 X 0*238 X 100j;::;250 kcal/hr; 

(c) Heat carried by steam : 

^3=310 (595+0*44 X 100) 

=202,000 kcal/hr. 

/. Total heat carried by the steam-ammonia mixture : 

0^=204,000 kcal/hr. 

(Hi) Heat carried by acid : 

0.3== 1,200 X 0*45 X 20= 10,800 kcal/hr, 

where 0*45= thermal capacity of 78 per cent sulphuric acid in kcal/kg. deg 
and 20°=temperature of incoming acid. 

(iij Heat carried by the mother liquor returning to the saturator. ^ 

Assume that the quantity of the mother liquor entering into saturator 
is tea tim^ that of ainmomum sulphate, i^. 10^ 
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Then 

0^4= 12,610X0-64X40=322,000 kcal/hr, 

where O’64=thermal capacity of mother liquor in kcal/kg. deg 
and 40°=temperature of mother liquor. 

(y) Heat carried by the circulating solution : Assume quantity of circulating 
solution=30,000 kg/hr. 

Thus heat carried by circulating solution : 

0,5=30,000 X0*64 X56=1,080,000 kcal/hr, 

where 56°=temperature of circulating solution. 

[vi) Heat of chemical reactions consist of heat of dilution, heat of neutrali¬ 
sation and heat of crystallisation. 

(< 3 ) Heat of neutralisation is determined from the heats of formation of 
the compounds participating in the following reaction : 

2NH3+HaS04=(NH4)2 SO 4 . 

The heat of formation of ammonium sulphate is 279,500 kcal/mol, heat 
of formation of ammonia is 11,000 kcal/mol and heat of formation of sulphuric 
acid is 210,800 kcal/mol. 

Thus the heat of neutralisation is : 

^1=279,500-11,000x2-210,800=46,700 kcal/mol H2SO4. 

(h) Heat of crystallisation : 

^2=2,600 kcal/mol (NH 4)2 SO4. 

(c) Heat of dilution of sulphuric acid from 78 per cent to 6 per cent: 

( i-7983+ S- 17983+.. ) 

where ni=ratio of moles of water to moles of acid in 6 per cent acid ; n 2 =same 
in 78 per cent acid. 


and 


m— 


94x98 

18x6 


=85-3 


n2= 


22x98 

18x78 


.= 1-54 


g _1786of ^ _740 kcal/mol H2SO4 

?3—l/«t)U^j.ygg3 _^g5.3 1-7983 + l-54j ' 


Total heat of chemical reactions : . .i i. ; - j : i 

46,7OO+2i6@0‘+9,740=59,040 kcal/mol H 2 SO 4 
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Heat of chemical reactions for the entire 1,261 kg of sulphate per hour is: 
0^6=59040 X =565,000 kcal/hr. 

Total heat input to the saturator is : 

= 3,291,800+13,994 x t kcal/hr. 

Heat output (f) Heat carried by coke oven gas from the saturator (assume 
saturator temperature 60®) : 

{a) Heat carried by dry coke oven gas : 

^1=18,000x0-70x60=755,000 kcal/hr ; 

{b) Heat carried by steam : 

^2=2,795 (595+0-438x60) = 1,740,000 kcal/hr; 

{c) Heat carried by benzol hydrocarbons ; 

^ 3 = 1,200 x0-246 X 60= 17,700 kcal/hr ; 

(d) Heat carried by hydrogen sulphide : 

^^=590x0*238x60=8,400 kcal/hr 
Total heat carried by the gas : 

0^7=2,521,100 kcal/hr. 

Hi) Heat carried by the mother liquor together with sulphate : 

Quantity of this solution is : 

12,610+1,286-76=13,820 kg/hr; 
out of this, sulphate is 1,261 kg and mother liquor is 12,559 kg. 

a8=(12,559x0*64+l,261x0-34) 60=503,000 kcal/hr. 

(iii) Heat carried by the circulating solution : 

(09=30,000 X 0-64x60=1,150,000 kcal/hr. 

{iv) Heat lost by the saturator to the surroundings: This heat is determined 
by the formula : 

0,10=Aj4 {tfjf ^a), 

where temperature of external wall of the saturator (say 50®) ; 

4=temperature of air (—20°); 
i4=outside surface area of saturator in m®; 
and A=coefficient of heat transfer (say 5 kcal/m^. hr. deg). 

Let i4=260 m^. Then 

0,10=5x260 (50+20)=91,000 kcal/hr. 

Therefore^ total heat output is: ■ i-, ■ s,, ;i/:; -j! fi;;)*;!’, 
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Balancing heat input with output we get: 

3,291,800+13,994 x t=4,270,100 

whence ^=70°. 

Partial pressure of water vapours in gas leaving the saturator will be (at 
the outlet pressure of 860 mm Hg) : 


p=860x 


FH20 

Ftotal 


=860x 


3500 

41706 


72 mm Hg; 


this corresponds to a dew point of 45° and hence the gas is superheated. 
HEAT BALANCE OF SATURATOR 


Heat Inputs kcaljhr 


Heat Outputj kcaljhr 


(1) Heat of coke oven gas 

2,088,300 

(1) Heat of coke oven gas 

2,521,100 

(2) Heat of ammonia-steam mixture 

204,000 

(2) Heat of mother liquor 

508,000 

(3) Heat of acid 

10,800 

(3) Heat of circulating solution 

1,150,000 

(4) Heat of mother liquor 

322,000 

(4) Heat lost to surroundings 

91,000 

(5) Heat of circulating solution 

1,080,000 



(6) Heat of chemical reactions 

565,000 



Total 

4,270,100 

Total 

4,270,100 


Determination of the Principal Dimensions of the Saturator 
Volume of incoming gas from the pre-heater and ammonia still will be : 

760 

r/= [40,900+(41,346-40,900) ] X III- X -^=43,500 ms/hr. 

Diameter of the gas pipe is calculated from the linear velocity of gas (12 to 15 
m/sec). Let t; = 13*5 m/sec. 

Then 


^=4 5 


47 


3600 TO 
= 1-07 m. 


I 4x43500 
3-14x 13-5x3600 


Diameter of the central gas pipe inside the saturator is determined from the 
linear velocity of gas which is assumed to be half the earlier velocity i.e. 


13-5 


-=6-75 m/sec. 


Then 




4 X 43500 


3-14x6-75x3600 
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The cross-sectional area of this pipe, A=l-8 m*. 

The diameter of the body of the saturator is determined from its total cross- 
sectional area which is equal to the sum of the cross-sectional areas of the central 
pipe and the annular space. 

Let gas velocity in the annular space in the saturator be 0-7 m/sec ; then 
the required cross-sectional area of the annular space will be : 

V 45000 

"3600b 3600x0-7 

= 17-9 m^ 

where 1^= volume rate of outgoing gas 

, =41,706 x-pl-X- -=45,000 m»/hr. 


Total cross-sectional area of saturator 

.W=I7*9 + 1-8=19*7 m2. 

Hence diameter of saturator : 


4 


4x19-7 

^• 14 . 


=5 m. 


in Preheater of Coke Oven Gas 
(1) Function and Construction 

A tubular heater is installed for preheating coke oven gas before its entry to 
the saturator with a view to regulating the process of evaporation of water 
from the saturator bath. This heater consists in a usual pipe along which 
coke oven gas flows and an annular space into which steam is fed at a pressure 
of 3 to 4 atm (obtained from the steam turbines of exhausters). A preheater 
is shown in Fig. 20. 


(2) Design of Preheater 

The following quantity of coke oven gas enters into the preheater from the 
electrostatic precipitator: 




Kglhr 

nm’lkr 

Coke oven gas 


18,000 

37,500 

Water vapours 


1,860 

2,320 

Benzol hydrocarbons 


1,200 

316 

Hydrogen sulphide 


580 

382 

Aminonia 


290 

382 


Total 

21,930 

40,900 
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Let temperature of incoming gas be 50° and pressure 907 mm Hg. 

As per the heat balance calculation for the saturator the gas has to be pre- 



Fig. 20. pre-heater of 

COKEOVEN GAS 

heated up to 70 ^ However for calculating the heating surface of the pre¬ 
heater assume the temperature of the outgoing gas to be 80^ in order to 
safeguard against abnormal conditions of heating. 

Heat balance 

Heat input : (1) Heat carried by coke ov^n jgas: 
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(a) Heat carried of dry coke oven gas : 

^1=18,000x0-7x50 
=630,000 kcal/hr; 

(b) Heat carried by water vapours : 

^2=1,860 (595+0*438x50) 

= 1,150,000 kcal/hr; 

(c) Heat carried by benzol hydrocarbons : 

^3=1200x0*246x50 
= 14,700 kcal/hr; 

(d) Heat carried by hydrogen sulphide : 

^4=580x0*238x50 
=6,900 kcal/hr; 

(e) Heat carried by ammonia : 

qs=290 X 0*503 x 50 
= 7,300 kcal/hr. 

Total quantity of heat carried by gas : 

0,1=1 >808,900 kcal/hr. 

(ii) Heat given by steam=Q^ 2 . 

Total heat input: 

(lin^dt +1,808,900 kcal/hr. 

Heat output (i) Heat carried by coke oven gas from the preheater at 80 
{a) Heat carried by dry coke oven gas : 

^1=18,000x0*7x80=1,010,000 kcal/hr; 

{h) Heat carried by water vapours : 

^2=1,860 (595+0*438x80) 

= 1,175,000 kcal/hr; 

{c) Heat carried by benzol hydrocarbons : 

^3= 1,200 X 0*246 X 80 
=23,600 kcal/hr; 

{d) Heat carried by hydrogen sulphide : 

^4=580 X 0*238 X 80 
= 11,100 kcal/hr; 

{e) Heat carried by ammonia ; 

^5=290x0*503x80 

= 11,700 kcal/hr. 
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Total heat carried by coke oven gas : 

0.3=2,231,400 kcal/hr. 

(«) Heat lost to the surroundings is assumed to be 5 per cent of the heat 
supplied. Since heat supplied is : 

0=2,231,400-1,808,900 
=422,500 kcal/hr, 

then 

04=0-05x422,500=21,000 kcal/hr. 

/. Total heat output will be : 

Oowi=2,252,400 kcal/hr. 

Balancing heat input with heat output, the heat given by steam : 

02=2,252,400-1,808,900 • 

=443,500 kcal/hr. 

Let pressure of steam be 3 atm and temperature 132*9'^. Heat of condensa¬ 
tion of this steam is 518*1 kcal/kg. Then consumption of steam will be : 


443500 

518-1 


840 kg/hr. 


Determination of the Prhicipal Dimensions of the Preheater 

Average volume rate of gas passing through the preheater 


F=40,900x 


65+273 

273 


760 

907 


=42,400 m^/hr. 

Assume gas velocity to be 13*5 m/sec. Then required cross-sectional area 
of the pipe will be : 


A--. 


42400 


3600xl3-5‘ 


=0*860 m2. 


When the pipe diameter is 51 to 57 mm, the required number of pipes will be : 

0*860 

”“0-785 X0-05P 
=421. 

Let there be 11 hexagonal sections in which 439 pipes may be installed. 
Then actual gas velocity will be : 

42400 

3600x439x0-785x0-051* 

= 12*95 m/sec. 
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Reynolds number : 


lOOOx 


vdp 


Viscosity of dry gas at average temperature of 65®, 

^^3=0'0138 centipoise 

and that of water vapours, 

/^H 20 = 0*012 centipoise. 
Viscosity of wet coke oven gas at 65° : 

100 M„g Mdg v^!, , -^HaO %o 


f^iva 




We have : 


and 


10*75; 

38580x100 


•■ do - 


40900 
z^H 20 = 5-5 per cent; 


^H20 


= 94*5 per cent; 


H'U-O 


Molecular weight of wet gas ; 


100 M „,5 94-5x 10-75 5-5x18 

+ ■ 


0-0138 

-82,050. 


0-012 




94-5x10-754-5-5x18 


" ^ loo 

= 11-19. 

100x11-19 

l^rcg- 32050 

=0*0136 centipoise. 
Density of wet coke oven gas : 


11*19 


X. 


273 


X- 


907 


r- 22*4 ""273+65'" 760 

=0*49 kg/m^. 


Reynolds number : 


i?e= 1000 X 


12*95x0*051x0*49 

0*0136 


=23,800. 

Thermal conductivity of dry coke oven gas at 65° is 0*12 kcal/m. hr. deg 
and that of steam is 0*018 kcal/m. hr. deg. 

Thermal ronductivity of wet coke oven gas : 

;i:=0*945x0*12+0*055x0*018 
=0*1145 kcal/m. hr. deg. 
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Thermal capacity of dry coke oven gas is 0*7 kcal/kg, deg and that of steam 
is 0*438 kcal/kg. deg. 


Thermal capacity of wet gas : 

18000x0*7-^1860x0*438 


C=- 

Prandtl number : 


18000-hi 860 


=0*675 kcal/kg. deg. 


Pr=-3*6- 

= 3*6x 

=0*29. 


k 


0*675x0*136 

0*1145 


Nusselt number : 

J\fu=0-023 Pr0*4=0*023 x23800o*8 x 0*290*^=45*2. 

Coefficient of heat transfer from wall to gas : 


hg — Nu X 


=45*2 X 


0*1145 

"OffiST 


= 101*5 kcal/m2. hr. deg. 

Assume coefficient of heat transfer from condensing steam to wall: 
/ 2 g= 10,000 kcal/m^. hr. deg. 

Then overall heat transfer coefficient will be : 

1 




hs ^ k ^ hg ^ ki 
1 


1 


0*003 


1 


10000^ 50 ^ 101*5 
= 91 kcal/m^. hr. deg, 


-h0*001 


di 


where —^=0*001 = thermal resistance of deposits. 
ki 

Logarithmic mean temperature difference at steam temperature 132*9° will 
be; 

132*9° steam 132*9° 


o 




gas 

82-9-52-9 
82-9 
52-9 


2-3 log 
= 66 - 5 °. 


50' 


80' 
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Required heat transfer area : 




(I __ 443500 
91 >^'6*5 


-=70 m2. 


Length of pipe of preheater 

70 

3-14x0-051x439 

= 1 m. 


Diameter of preheater: 

d^2 {xa+a')^ 

where x =number of hexagonal sections =11, 
a=spacing of pipes=74 mm 
and a '=distance of end pipes from j ackets=57 mm. 

(/=2 (llx0*074+0-057) = l*74 m. 


IV Continuous Type Centrifuge for Ammonium Sulphate 

At the present time intermittent types of centrifuges have been replaced by 
the continuous types in by-product coking plants. Compact construction, 
continuous action, easy control, comparatively low energy consumption, high 
productivity and good quality of ammonium sulphate obtained are the merits 
of the new types of centrifuges. Moreover working conditions are much better 
and all the ser\nces are around the control only. 

A plant having four coke oven batteries requires only three centrifuges of 
continuous action in place of six old types. As a result the floor area for the 
installation of centrifuges, the number of equipment and repair cost are ail 
reduced. 

By changing over to continuously acting centrifuges it has been possible to 
improve the operation of the saturator by dint of continuous discharging of 
salts from it and also eliminate the harmful conditions of atmosphere by 
providing complete hermatization of the centrifuge. 

The centrifuge (Fig. 21) consists of a horizontal drum (1) attached to the 
right end of the shaft and set to motion by a motor. 

The drum of the centrifuge (1) is perforated and has two sieves (2). 

The sulphate pulp (sulphate crystals with mother liquor) from the crystal 
receiving tank enters into the distribution cone of the centrifuge (3) which is 
rotated with the drum. The pulp moves forward with the increasing speed 
along the wall of the cone and falls on to the first section of the sieve of the 
drum where a layer of crystals of thickness equal to the distance between the 
sieve and levelling ring is formed. 

Residue is transported along the sieve by the pusher (6) and after being 
washed with water from the sprayer (9) is thrown to the receiving tank (10). 

Filtrate passes through the sieve and drum openings and collects in the left 
chamber of the jacket (4). Then it flows through the lower side pipe* The 
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Fig. 21. continuous type centrifuge 

right chamber of the jacket (11) serves for the collection of wash water which 
is taken out of the centrifuge through the chamber (4). 

The pusher (6) has both revolving and to-and-fro motion given with the 
help of the oil-servomotor by the oil pressure on the piston connected with 
the coupling rod of the pusher (8). The cone (3) rests on the ring pipe which 
is fitted with the cone on the pusher (6). 

The pusher consists in a disc carrying the detachable ring (7) closely fitted 
with the drum. 

By moving forward the pusher displaces the ammonium sulphate from the 
left to the right along the surface of the drum sieve. In the reverse motion 
of the pusher the drum is emptied for new portion of pulp flowing from the 
distributing cone. 

The productivity of a continuous type centrifuge is 3 tons ammonium sul¬ 
phate per hour. 


V Driers for Ammonium Sulpliate 

(1) Construction and Principle of Action 

Vibrational conveyor for drying of ammonium sulphate 
After centrifuging the moisture content of ammonium sulphate is about 2 
per cent and therefore the salt has a tendency to stick together. Sticking and 
caking lead to great difficulties in its use on the soil. The higher the moisture 
content of ammonium sulphate the greater is its tendency to stick. Experience 
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has shown tliat when moisture content falls below 0*2 per cent sticking is 
absent. 

For bringing down the moisture content of ammonium sulphate from 2 to 
0-2 per cent it is subjected to dicing in a vibrational drier-conveyor and in 
a drum dryer. 

As seen from Fig. 22 a vibrational driei'-conveyor consists in a long and 
narrow channel the upper surface of which has a vibrational movement. The 
material is displaced along the upper moving surface as in a vibrational sieve 
by the to-and-fro motion of the conveyor. 

Hot air is fed below the upper surface of the conveyor for drying ammo¬ 
nium sulphate crystals. 

Air given by a fan is heated in a preheater. 

Hot air comes in contact with ammonium sulphate crystals and brings 
down its moisture content, itself undergoing saturation with moisture. 

Wet air comes out through the openings uniformly situated along the entire 
length of the drier and is sucked outside. Technical characteristics of vibra¬ 
tional conveyor; 


Length of channel 

9,000 mm 

Width of channel 

1,000 mm 

Capacity of motor 

7 kw 

r. p. m. 

970 

Number of to-and-fro motion 
per minute 

340 

Weight of conveyor (without 
motor) 

3,500 kg 


Drum drier for ammonium sulphate 

For removing moisture from ammonium sulphate a usual drum drier may 
be used in place of the earlier described vibrational conveyor. 

Fig. 23 shows a drum drier in which moisture is removed from ammonium 
sulphate by vaporization by hot air. 

Ammonium sulphate enters from one end of the rotating drum and moves 
forward slowiy and continuously towards the other end with the help of vanes 
installed on the inner surface of the drum. Following the revolution of the 
drum ammonium sulphate moves upwards and is scattered duiing its fall. 
Thus the entire drum is filled up with the cascade of fine grains of ammonium 
sulphate and the flowing air heated up to 110 to 130° comes in contact 
with the particles from all sides. This accounts for large evaporating surface. 

The drum is made of mild steel. Its inner surface is galvanised for avoid¬ 
ing corrosion and its external surface is insulated for decreasing heat losses 
to the surroundings. 
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we-T AMMQNiOM SUtPHATt IN 


I 



Fig, 23. drum drier for ammonium sulphate 


(2) Computations for the process of drying of ammonium sulphate 

Material balance 

Incoming wet sulphate is I 5286 kg/hr; out of this, dry sulphate is 1,261 
kg/hr and water is 25 kg/hr. Let moisture content of sulphate after drying 
be 0*2 per cent. The quantity of water removed : 


PF=25 


1261x0*2 

100 


22*5 kg/hr. 


Consumption of dry air is determined by the formula : 


... 1000 , 

: lY X-kg/hr, 

m%—mo 


whei'e moisture content of air entering into preheater, g/kg of dry air ; 

?722 —moisture content of air leaving the drier, g/kg of dry air. 

Now 


mo== 622 x 


^0 po 

14:5 —^opo 


where Oo—relative humidity of incoming air ; 

^ 0 =aqueous tension of air at incoming temperature, mm Hg. 
Assume Oo=0*7 and 4=5°. 

At 5°, j&o==6*5 mm Hg. 

Then 


ff 2 o= 622 x 


0*7 X 6*5 
745-0-7x6*5 


=3'78 g/kg dry air. 


Let air temperature at drier outlet be 60° and €>2 be 0.11. Aqueous 
tension at 60°, p^— 149*4 xnm Hg. 
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Therefore 


mg= 622 x 


0-11 X 149-4 
745-0-11 X149-4 


= 14 g/kg dry air. 

Consequently, consumption of dry air : 


^=22-5 X 


1000 

14-3-78 


=2,200 kg/hr. 

The weight of wet air : 

^„=-4x (1+0-001 rrio) 

= 2200 X 1-00378=2,208-3 kg/hr ; 

i.e. water in air=8-3 kg. 

Volume of air at ^,= 5'’ and P=745 mm Hg : 


/2200 8-3x22-4\ ^ 278 760 

l,l-29'’' 18 7^ 273 ^745 

= 1,790 ms/hr. 


Heat balance 

Heat input : (z) Heat carried by air to the preheater : 

A. 

H.=0-24^o+0*001 mo (5954-0*47 U) 
=0*24x5+0*001x3*78 (595+0-47x5) 

= 3*46 kcal/kg dry air 
Q;i=3*46x 2200=7,600 kcal/hr. 

(w) Heat carried by sulphate to the drier at 15° (considering winter condi¬ 
tions) : 

0,2= (1261 X 0*34+25) 15=6,800 kcal/hr. 

(m) Heat given to air in the preheater^O^* 

Total heat input: 

0«= 14,400+03 

Heat output : (z) Heat carried by air from the drier : 

QjL=Ht .4=23* 1 X 2200=50,800 kcal/hr, 

where ifa=0*24 X 60+0*001 X14 (595+0*47x60) 

=23*1 kcal/kg. 

(zz) Heat caxried by sulphate : 

Op= (0*25x1,261+2*5) 70 
, ^22,200 kcal/hr. 
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{Hi) Heat lost by the drier to the surroundings—4 per cent of heat given 
by air : 

Total heat output: 

73,000+0*04 0,3 kcal/hr, .. • 

Equating heat input with heat output we get: 

14,400 + 03-73,0004-0*04 Qj, 

Hence heat given to air in the preheater : 

03 - 61,000 kcal/hr. 

Now heat balance of the preheater : 

AHo+Qz=^AHi 

where 

03-^4 {Hi-^Ho) 

Since 

M=0*24 ^1+0*001 /?Zo (595 + 0*47 h), ‘ 

then assuming temperature of hot air in the preheater to be ti= 120 ° 
we get 

i/i=0-24x 120 + 0*001 x3‘*78 (595+0*47 x 120 ) 

= 3T26 kcal/kg dry air. 

Then 

03-2200 (31-26-3-46) 

=61,000 kcal/hr. 

This checks with the value calculated earlier. 

In case results differ it is necessary to have a different value bf O 2 . 

Thus heat output is 61,000 kcal/hr. 

The consumption of steam (of pressure 4 atm and temperature 142*9°) in 
the preheater is 


61,000 

511*1 


i :::::120 kg/hr 


where 51T1 =heat of condensation of steam in kcal/kg. 

HEAT BALANCE OF THE DRYING PROCESS 


Heat inputs kcallhr Heat output, kcallhr 


1. 

Heat carried by air to preheater 

7,600 

1. 

Heat carried by air from drier 

50,800 

2. 

Heat carried by ammonium 


2. 

Heat carried by ammonium 



sulphate 

6,600 


sulphate 

22,200 

3. 

Heat given by steam 

61,000 

3. 

Heat lost to surroundings 

2,400 


Total 

75,400 


Total 

75,400 
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TECHNOLOGICAL FLOW-SHEET FOR RECOVERY OF PYRIDINE 
BASES FROM SATURATOR MOTHER LIQUOR 

The quantity of pyridine bases formed in the process of coal carbonisation is 
1 to 1*5 per cent of the nitrogen content of the charge- These pyridine bases 
are present in the coke oven gas, ammonia liquor, raw benzol and coal tar. 

The content of pyridine bases in coke oven gas before passing through the 
saturator is 0*4 g/m^ and in liquor before ammonia still is 0*3 g/l. 

When coke oven gas is passed through the saturator, besides the formation 
of ammonium sulphate from ammonia there takes place the reactian of pyri¬ 
dine with sulphuric acid resulting complex salts. 

The simplest form of this process of formation of pyridine salts is : 

CnHsN+HsSO^^^GsHsN. H2SO4 

With an increase in temperature the complex salt breaks up and pyridine 
is liberated. The higher the temperature the greater is the extent of this 
decomposition by the following reaction : 

C 5 H 5 N. H 2 SO 4 + (NH 4 ) 2 S 04 v=^C 5 H 5 N+ 2 NH 4 HS 04 

The concentration of pyridine bases in the solution should be as high as 
possible because the quantity of solution sent to the pyridine recovery installa¬ 
tion will then be less and this will lead to a decrease of consumption of ammonia 
for neutralisation of sulphuric acid in the mother liquor. 

Considering the decomposition of pyridine sulphate the concentration of 
pyridine bases in the mother liquor of the saturator working at high tempera¬ 
ture (80 to 90°) ranges from 6 to 10 g/l while the mother liquor of the 
saturator working at lower temperature (45 to 60°) has a content of pyridine 
bases up to 20 to 30 g/l. Therefore the bath temperature should not be 
above 60°. 

The separation of pyridine bases is affected by steam distillation or by settling. 

(!) Technological Flow-Sheet for the Steam Distillation Method 

This flow-sheet is based on the distillation of pyridine bases from hot neu¬ 
tralised mother liquor. 

As seen from .Fig. 24 the mother liquor is sent through a pipe from the 
crystal receiving tank (1) to the settling tank (2) meant for additional sepa¬ 
ration of crystals from the solution. Mother liquor is then passed through 
the heater (3) where heating is done by steam. 

Heating of the mother liquor by 10 to 15°C is essential for avoiding precipi¬ 
tation of crystals in the pipe. 

I The quantity of mcFther liquo% sept from the sulphate section to the pyri- 

125 



126 


DESIGN OF BY-PRODUCT RECOVERY UNITS 


dine recovery installation depends upon the content of pyridine bases in thg 
mother liquor, which in its turn depends upon the content of pyridine bases 
in the coke oven gas, the acid strength and the temperature of the saturator 
bath. According to plant data the quantity of mother liquor brought to the 
neutraliser is 5 to 10 litres per ton of dry coke oven charge per hour. 



Fig. 24. flowsheet of recovery of raw pyridine bases from saturator 

MOTHER LiqUOR BY STEAM DISTILLATION METHOD 

The quantity of mother liquor passing to the neutraliser (4) is measured by 
a rotameter (10) installed in the pipe for hot mother liquor. The neutraliser 
receives simultaneously mother liquor and steam-ammonia mixture from the 
ammonia still in a quantity necessary for the neutralisation of free sulphuric 
acid of mother liquor, the decomposition of pyridine sulphates and the main¬ 
tenance of weakly alkaline medium. 

The alkalinity of the solution in the neutraliser is regulated automatically 
by means of/>H control of the solution. 

The regulator acts on the valve of the mother liquor feed pipe leading to 
the neutraliser and passes such a quantity of mother liquor which maintains 
the necessary alkalinity in the neutraliser. 

The neutralised or weakly alkaline solution prevents separation of sulphides 
and cyanides of iron which might pollute the saturator bath. 

The neutralised and pyridine-free mother liquor (containing about 0*5 g/1 
pyridine bases) returns to the saturator by gravity. 

The pyridine bases separated in the neutraliser are evaporated by the steam 
coming from the ammonia still and also by the heat of neutralisation of the 
solution. 

The vapours of pyridine bases having a temperature of about 10Q° and 
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containing large quantities of steam leave the neutralisetj pass through the 
dephlegmator (5) and enter the condenser (6) for the condensation and cool¬ 
ing of pyridine bases. 

The condensate flows to the separator (7) in which it is separated into two 
layers -the lower layer of carbonate and sulphate of ammonia (specific 
gravity T04) and upper layer of raw pyridine bases (specific gravity 1*0). 
The lower layer is returned to the neutraliser. 

The return of ammonium carbonate solution to the cycle facilitates the 
separation of pyridine bases from the aqueous solution due to its increased 
specific gravity and prevents losses of pyridine bases with the separator water. 

The uncondensed gases and vapours from the condenser are introduced to 
the gas pipe before the primary gas cooler. This step and also the leak-proof 
equipment and pipes ensure the complete absence of poisonous pyridine bases 
in the atmosphere of pyridine recovery shop. 

Raw pyridine bases from the saturator are sent to the receiver (8) and 
further to the storage. 

The resultant condensate contains up to 70 per cent raw pyridine bases. 
The equipment for the recovery of pyridine bases from mother liquor by the 
steam distillation method is simple in construction and operation. 

The heater consists in a vertical serpentine coil made of lead or copper and 
installed in a steel cylinder. 

The neutraliser is essentially a steel cylinder. 

Distribution of steam-ammona mixture coming from the lime-ammonia 
still to the neutraliser is achieved with the help of bubbling arrangements 
provided in the mother liquor. The steam-ammonia mixture comes to the 
bubbling arrangement by a pipe of about 150 mm diameter. 

The neutraliser is internally lined with lead. The bubbler is made of thick 
lead. 

The dephlegmator is usually an ordinary pipe. Cooling water passes 
through the pipe and the steam and pyridine bases pass through the inter¬ 
tubular space. The phlegma from the inter-tubular space flows to the 
neutraliser. 

The condenser for cooling the vapours of pyridine bases is similar to the 
dephlegmator in design. The condenser is installed above the saturator. 

Giprokoks is now developing a simpler technological flow-sheet for the 
recovery of pyridine bases by steam distillation method (neutraliser and con¬ 
denser with saturtor). 

II Technological Flow-sheet for the Settling Method 

The second technological flow-sheet for the recovery of pyridine bases from 
the mother liquor of the saturator is characterised by the fact that the separa¬ 
tion is not achieved by distillation, but by settling from the solution previously 
neutralised with ammonia and cooled down to an ordinary temperature. 

Asia result of neutra^sation of the mother liquor at an ordinary temperature 
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this method is free from the possibility of losses of the lighter components of 
the pyridine bases which are not recoverable by the steam distillation methods. 
Moreover the separation of pyridine bases from the mother liquor by the 
settling method is simpler in its flow-sheet and equipment design. 

The flow-sheet of the method is shown in Fig. 25. 



Fig. 25. flow-sheet of recovery of pyridine bases by settling method 
1. Neutraliser; 2. Settling Tank; 3. Measuring V’^essel; 4. Collecting 
Tank for Raw Pyridine Bases; 5. Centrifugal Pump; 6- Rotameter 


Mother liquor containing sulphates of pyridine bases is fed by the centrifugal 
pump (5) to the neutraliser (1). The neutraliser also receives steam-ammonia 
mixture from the lime-ammonia still through the bubbling arrangement. 
The heat liberated by the neutralisation of sulphuric acid and pyridine 
sulphates with ammonia is taken out by cooling water passing through the lead 
serpentine coils installed in the neutraliser. 

Neutralised mother liquor and the separated pyridine bases together enter 
into the settling tank (separator) (2) equipped with a serpentine coil for 
further cooling and complete sepaiation of pyridine bases. The latter are 
collected in the upper part of the settling tank while ammonium sulphate 
solution goes to the lower part. 

From the settling tank (2) the pyridine bases enter into the measuring tank 
(S) and then descend to the collecting tank (4). The neutralised and pyridine- 
free mother liquor returns to the saturator. 

The principal equipment i .e. the neutraliser has a diameter of T 4 to T6 m 
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and height of 2*5 to 3*0 m. It has an internal lead lining. The upper surface 
of the serpentine coil is of lead pipes. 

The settling tank for the pyridine bases is similar to the neutraliser in 
dimensions and also in the arrangement for cooling of the mother liquor. 

in Main Equipment Design for Pyridine Recovery by 
Steam Distillation Method 

(1) Design of Neutraliser 

Pyridine balance {For 4 coke oven batteries) 

Input : {i) With the coke oven gas : Assume 0*4 g/m® as the concentration 
of pyridine bases in the gas entering the saturator. 

2x37500x0*4 

1000 

=30 kg/hr. 

(n) With the steam-ammonia mixture from the ammonia still: The vapours 
leaving the lime-ammonia still contain pyridine bases. The quantity of liquor 
is 21*2 m®/hr. Assume the content of pyridine bases in this liquor to be 0*3 
g/L Then the quantity of pyridine bases coming with the ammonia vapours is: 

21*2x0*3x1000 

1000 

= 6*36 kg/hr. 

Thus total quantity of incoming pyridine bases : 

Gi=36*36 kg/hr. 

Output : (^) Carried with the coke oven gas : Assume loss of pyridine bases 
to be 10 percent of their quantity in gas i.e. 0*4x0*1=0.04 g/m®. 

^3=0* 1^1=0* 1 X 30=3 kg/hr. 

{ii) With liquor : Assume losses as 30 percent of the initial concentration. 

A ^^=0.3^2=0*3x6.36=1*91 kg/hr. 

{Hi) With ammonium sulphate : Assume quantity of pyridine bases to be 
0.05 per cent of the weight of ammonium sulphate. 

_0.05 G, 

100 

Since weight of ammonium sulphate : 

G,=2X 1261=2,522 kg/hr, 


0-05 x 2522 
= 1*26 kg/hr. 


then 
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(fz?) "With mother liquor : g$. 

Total material output: 

(? 2 = 6 T 7+^6 kg/hr. 

Equating the input of pyridine bases with the output: 

^6=30T9 kg/hr. 

When the content of pyridine bases in the mother liquor , is 15 g/ 1 , it is 
necessary to transport the foilwing quantity of mother liquor from the satura¬ 
tor to the neutraliser; 


30T9X 1000 
15-0 


= 2,000 1 /hr. 


At temperature=60° and content of pyridine bases in mother liquor =15 g/ 1 , 
the equilibrium concentration of pyridine bases in the gas after it passes 
through the saturator will be 0*035 g/m^ (vide Table 45 in Appendix). There¬ 
fore the assumed figure (0*04 g/m^) is correct. 


Ammonia balance 

Input : Ammonia from the ammonia still is mixed with steam. 

As per earlier calculation 50 per cent of the total quantity of ammonia 
(138 kg/hr) leaving the lime-ammonia still goes to the saturator and the rem¬ 
aining 50 per cent (69 kg/hr) goes to the pyridine recovery installation. 
Besides, the following also come wdth ammonia : 


Hydrogen sulphide 
Carbon dioxide 
Steam 


20 kg/hr 
40 kg/hr 

621 kg/hr 
681 kg/hr 


Total=681 4-69=750 kg/hr. 


Output : Ammonia is consumed in the following ways : 

(f) For the neutralisation of sulphuric acid in mother liquor. Quantity of 
mother liquor is 200 1 /hr. Since density of mother liquor is T27 kg/1, then its 
weight is 


2000x1-27=2,540 kg/hr. 


Assume 6 per cent acidity of mother liquor. Then the quantity of free 
sulphuric acid in the mother liquor is : 


0.06x2540=152*4 kg/hr. 

The quantity of ammonia necessary for the neutralisation of this quantity of 
acid is 

[2 NH34-H2S04^(NH^),,S04] 
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The quantity of ammonium sulphate formed is 
152*4+53=205*4 kg/hr. 

(ii) For the separation of pyridine bases from pyridine sulphate : 

[C5H5N.H2S04 + 2NH3=C5H5N+(NH4)2S04] 

Since the mother liquor contains 30.19 kg/hr pyridine bases in the form of 
pyridine sulphate then the consumption of ammonia for the separation of pyii- 
dine bases will be 

34 

30T9x^==13 kg/hr. 

Total consumption of ammonia is 66 kg/hr. 

Excess of ammonia for developing alkalinity is : 

69—66=3 kg/hr. 

This quantity of ammonia is combined with 4 kg of carbon dioxide per hour 
and forms 7 kg ammonium carbonate per hour. 

MATERIAL BALANCE OF NEUTRALISER 


Input f kg I hr Output, kg I hr 


Mother liquor 

2,540 

Pyridine bases 

30T9 

Vapour of the ammonia still 

750 

Mother liquor 

X 



Gases 

56 

Total 

3,290 

Total 

86-19-f^ 


Balancing input with output: 

a:= 3,203*81 kg/hr. 

Component-wise material balance 

Input : (z) Mother liquor (at 44*8 per cent sulphate concentration) : 

Kgihr 


Ammonium sulphate 

=0-448 (2540-152-4) 

= 1,070 

Pyridine sulphate 

177 

=30-19x + 

= 67-5 

Sulphuric acid 


= 152-4 

Water 


= 1,250-1 

Total motbser: liqwor 

2,540-0 
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{ii) Vapours of the ammonia still: 

Ammonia 
Hydrogen sulphide 
Carbon dioxide 
Steam 

Total vapours 

Total input=2, 540-1-750 


Kglhr 

69 

20 

40 

621 


750 


= 3,29QKglhr 


Output: (i) Pyridine bases—30.19 

[ii) Mother liquor: 

Ammonium sulphate =1,070-1-^77^®^ 5-1-205 4 


Water 


= 1,250-1-1-621 


Ammonium corbonate 


1,325-71 

1,871-1 

7-0 


Total mother liquor 


3,203-81 


[Hi) Gases: gg 

Carbon dioxide 

Hydrogen sulphide __ 

^ , 56 

Total gases _ 

Total output=30-19-f 3, 203-81 +56 = 3,290 kglhr. 
The content of ammonium sulphate in the mother liquor after the separation 
of pyridine bases is 

1325-71X100 — 4,1 .pj pg]~ cent. 

3203-81 

This is against 44-8 per cent before the separation. 

Heat balance of neutraliser 

Heat input : (i) Heat carried by mother liquor : 

0^1=0-64 x 40 x 2540= 65,000 kcal/hr. 

(ii) Heat content of steam-ammonia mixture : 

+621 (595+0-438x100); 

=401,500 kcal/hr. 
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{iii) Heat of neutralisation of free sulphuric acid : 


46700 

0,3=23^X^3=72,800 kcal/hr, 


where 465700 =heat of neutralisation in kcal per 1 mol of H 2 SO 4 or 2 mols of 
ammonia. 

{iv) Heat of decomposition of pyridine sulphate : 


__46700 

^^“"2x17 


X 13—17,900 kcal/hr. 


{v) Heat of solution of ammonia : 


Q,5=66x 


8800 

17 


=34,200 kcal/hr, 


where 8800=heat of solution of ammonia in kcal/mol of ammonia. 
[vi) Heat carried by condensate from the condenser : 

Q^6=(a;+ 7) 30 kcal/hr, 

where 30=condensate temperature, 

a:= quantity of condensate in kg/hr, 
and 7 = quantity of ammonium carbonate in condensate in kg/hr. 
Total input: 

Q^in = 59i,600+30x. 


Heat output : {i) Heat carried by neutralised mother liquor : 

0,7=3203-81 xO-75 x 105=252,000 kcal/hr, 

where 105 = temperature of mother liquor 

and 0*75=thermal capacity of mother liquor in kcal/kg. deg. 

[ii) Heat carried by steam, vapours of pyridine bases and other gases : 

0.8= (595+0-438x 100).r+30-19 (102+100x0*3) + 
(3x0-508+40x0-21 + 20x0-24)100 
= 5,600+638 -Sa: kcal/hr. 

{iii) Heat losses from the surface of the neutraliser (2 per cent of heat input) : 
0 , 9 = 0*02 (591,600+30a;) = 11,800+0*6a: kcal/hr. 

Total heat output: 

OoMi=269,400+639'4x kcal/hr. 

Balancing heat input with output: 

591,600+30a::^269,400 + 639'4a: 

whence y 

^ ^ -I ,, i;!r-^52§^.kg/hr:. 
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HEAT BALANCE OF NEUTRALISER 


Heat input, kcaljhr 


Heat output, kcaljhr 


{t) Heat of mother liquor 

65,000 

(i) Heat of mother liquor 

252,000 

{ii) Heat of ammonia-steam mixture 401,500 

(ii) Heat of vapours 

343,400 

(Hi) Heat of neutralisation of free 




sulphuric acid 

72,800 

(in) Heat losses 

12,000 

(iv) Heat of neutralisation of pyri¬ 




dine sulphate 

17,900 



(v) Heat of solution of ammonia 

34,200 



(vi) Heat of condensate 

16,000 



Total 

607,400 


607,400 


(2) Design of Condenser 

The condenser receives the following vapours from the neutraliser 



Kgjhr 

Water vapours 

529 

Hydrogen 

20 

Carbon dioxide 

40 

Pyridine bases 

30-19 

Ammonia 

3 


Total 

The following leave the condenser 

Condensate 
Pyridine bases 
Gases 

Total 622-19 

Heat balance 

Heat input : Heat carried by the vapours ; 

0^=343,400 kcal/hr. 

Heat output : (f) Heat earned by the condensate : 

0,2=536 X 30= 16,000 kcal/hr. 

(«) Heat carried by pyridine bases : 

03=30-19 X 0-43 X 30=390 kcal/hr. 

{Hi) Heat carried by gases : 

04= X 0‘2O4+2O X 0*235) 30=360 kcal/hr. 


622*19 


Kgjhr 

536 

30*19 

56 
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(iv) Heat carried by outlet water : 

Total heat output: 

Qj > ut = 165750-1-0^5* 

Balancing heat input with output: 

0,5=326,650 kcal/hr. 

Assume temperature of incoming cooling water 25° and that of outgoing 
water 45°; then water consumption is : 


W: 


326650 

1000 X (45-25)'” 


16*5 m^/hr. 


Determination of heat transfer area and dimensions of condenser 
Assume pipes with diameter 33 mm. 

Critical velocity of water in the pipes : 

z;=2-32x-^ 

a'p 

— 9-32 - 

^ 0*033x1000 

=0*05 m/sec, 

where viscosity of water at 35° average temperature is 0*725 contipoise. 
Required cross-sectional area of pipes: 

PV 16-5 

3600y “ 3600x0*05 

=0*0915 m^. 

Assume pipes with two water passages. 

Then total cross-sectional area of pipes: 

Atotai=0‘0915x2=0^183 

Required number of pipes : 

0*183 

0-785x0-0332 
=214. 

Assume installation of 187 pipes for 7 hexagonal chambers. 

Then actual cross-sectional area of pipes will be : 

‘._ J^.aiat==p.7 

=0*16 noL^. 
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Actual velocity of water in one passage : 


Reynolds number : 


Prandtl number 


16-5x2 

0-16x3600 


= 0-0575 m/sec. 


„ 1000x0-057x0-033x1000 

100 — -- ^^725 - 

= 2,620. 


Pr=3-6 


^0-998x0-725 
^ 0-528 


where 0-998~ thermal capacity of water at 35° 
in kcal/kg. deg. 

and 0*528=thermal conductivity of water at 35° 
in kcal/m. hr. deg 
Heat transfer coefficient to water : 

jVm=0-023 Pr 

=0*023 X26200*8x4*84<5*^x0 55 
= 13, 


whence 


, K 0*528 

/z.=Af«x^ = 13x^p^ 


=208 kcal/m^. hr. deg. 

Total quantity of heat taken out of water is 326,650 kcal/hr. 
Heat of cooling of condensate : 

0^11= (536+30* 19x0*43) X (100-^30) 
=39,000 kcal/hr. 

Heat of condensation of steam : 

0^1=326,650—39,000=287,650 kcal/hr. 
Now determine temperature differences over different periods : 
100° vapours 100° condensate 


Period of condensation 


Period of cooling 


45 ^ 


water 


water 


25^ 
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Intermediate temperature of water : 

-39000 


4 = 25 - 


■=27'4° 


16500 

Average temperature difference in the period of condensation : 

(100 - 27 100-45) 


At =- 


=63° 


2*3 log 


72*6 

56 


Average temperature difference in the period of cooling : 

72*6-5 


AL =■ 


2*3 log 


72*6 


=25*3°. 

Coefficient of heat transfer from condensing steam to wall is assumed : 
^ 21=105000 kcal/m^. hr. deg. 

Overall coefficient of heat transfer in the period of condensation of steam 
(considering thermal resistance of deposits on the water side 0 * 001 ) : 

_ 1 
1 


t/i=- 


.+ 0*001 + 


1 


10000 ‘ ‘208 
= 170 kcal/m^. hr. deg. 

Coefficient of heat transfer from condensate to wall is determined by the 
following equation : 


Ai=245 


tc tic 


where 4 =average temperature of condensate=65° 
and ft=viscosity of condensate at 65°=0*44 centipoise. 

Assume wall temperature to be 59*2°. 


/ii==245'^ P^— ^580 kcal/m^. hr. deg. 

» V/*'x^ 


Overall coefficient of heat transfer in the period of cooling of condensate : 


Uri—- -T- 


1 


J_+0-001+ -4.- 

580 208 

= 133 kcalfiK^.'hr]‘'-deg. 
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Check wall temperature: 




133x25*3 


580 


=59*2°. 


Required heat transfer area in the period of condensation of vapours : 


, 28750 

63x170 
=26*9 m^. 

and that for the period of cooling of condensate : 


39000 

25-3x133 - 

= ll-6in2. 

Total cooling stirface of condenser : 

>4=26-9+ll-6=38-5 

Length of pipes ; 


38-5 

3-14x0-033x187 
=2 m. 

Diameter of pipes : 

d=2 (7 X 50+50) =800 mm. 


IV Main Equipment Design for Pyridine Recovery by the 
Settling Method 

(1) Design of Neutraliser 

Heat balance 

Heat input : [i) Heat content of incoming mother liquor : 

0^=0*64x40x25540 
=655000 kcal/hr, 

{ii) Heat content of steam ammonia mixture : 

02= (69x0*508+40x0*21+20x0*24) x 100+621 (595 
+0*438x100) 

=401,500 kcal/hr. 

{Hi) Heat of neutralisation of free sulphuric acid : 


46700 

2x17 


X53 


=72,i800 ical/hr^ 
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where 46,700= heat of neutralisation in kcal per 1 mol H 2 SO 4 or 2 mols of NH 3 . 
(iv) Heat of decomposition of pyridine sulphate : 


^4 = 


46700 

2x17 


X 13=17,900 kcal/hr. 


( 5 ) Heat of solution of ammonia : 

8800 


Q_5=69 X 


17 


=35,800 kcal/hr, 

where 8800=heat of solution of ammonia in kcal/mol of NH 3 . 


Total heat input: 


Q^„=593,000 kcal/hr. 


Heat output : (i) Heat carried by pyridine bases and mother liquor (assuming 
the average thermal capacity to be'jO-64 at 70°) ; 

0,6=3,234x0-64x70 
= 145,000 kcal/hr. 

[ii) Heat carried by gases ; 

0,7= (36X0-208H-20x0-237)70 = 850 kcal/hr. 

(m) Heat taken out by cooling water = Os- 
Total heat output; 

0p„t= 145,850+08- 

Balancing heat input with output; 

0.8=447,150 kcal/hr. 

At 25° inlet water temperature and 45° outlet temperature, the consumption 
of water will be : 


W= 


447150 


45-25 
=22,400 kg/hr, 

=25 m® (round figure). 
The outlet water temperature will be : 

447150 


25,000 


r25 


=42-9°. 


Determination of dimensions of neutraliser 

The neutraliser is equipped with serpentine coils. Diameter of the coil pipe 
is 75 mm. Velocity of water in the coil: 

_ _ 

3600 


25 

"3600x0-785x0-075® 
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Since two coils are taken, the surface area of each will be I6m^. 
At 80 mm average diameter of coil pipe, the length of one coil is; 


1=-. 


16 


3-14X0-08 
= 64 m. 

Number of rings of the coil at each vertical pitch (^i==0*125 m) : 

1 


ni= 


's/ (nDiY+ai? 
where Di=diameter of internal coil=l m. 




1 


V (3‘14xl*0)2+0-1252 
=20 

Height of the coil: 

^=20x0-125=2*5 m. 
The diameter of external coil is assumed 

= 1,000+3x85 
= 1,255 mm 
= 1-255 m. 

The number of turns of this coil: 


Z2 - Rg 
kD% 


^642 - 
"“V 3*14 x 1*! 


- 2*^ 
255 


10 . 


Pitch of the second coil: 


C 2 = ^=0.25 m. 


Diameter of jacket: 

i)=D2+2df=l,255+2x85=l,425 mm. 


(2) Design of Settling Tank for Pyridine Bases 

In the settling tank further cooling of mother liquor and separation of the 
liquid into two layers take place. 

The quantity of heat to be taken out from the settling tank is determined by 
assuming the outlet solution temperature to be.^Of- 
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The heat of incoming solution : 

0,1=145,000 kcal/hr 

and that of outlet solution : 

0,2=3,234 X 0-64 X 50= 103,000 kcal/hr. 

Consequently, the following quantity of heat is taken out from the settling 
tank : 

0,= 145,000-103,000 
=42,000 kcal/hr. 

The consumption of water at 25® inlet temperature and 45® outlet tempera¬ 
ture will be: 

42 000 

1 ^3=2,100 kg=2*lm3. 


Determination of dimensions of settling tank 

Use a coil with pipe diameter of 75 mm ; then the velocity of water in pipe is 

2-1 

3600 X 0-785 X 0-0752 
=0T33 m/sec. 

Reynolds number: 


Prandtl number: 


ie^=1000x 


0*133x0-075x994 

0-725 


= 13,600. 


Nusselt number: 


Pr=4-84 (from the earlier calculation). 


M=0-023Re <'-8Pr«-^(l+3-54^) 

=0-023 X 13,6000-8 x4-84»-*( 1+3-54-^^) 
= 177. 


Hence 

,, K 0--538 

hi—NuX ^ — 177 X 
= 1,270 kcal/m*. itir.deg. 
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Heat transfer coefficient from mother liquor to the wall : 


Aa=245x 

Let ty3—50°^ 

tl==:60^ 

and /Aj=0*032 centipoise. 
Then 


i, afSO — 50 

Aa =245 X ^ 0^32- 


f/--= 


770 kcal/m®. hr. deg. 

1 


1 


1 0-005 0-001 

N I r>r\ i 2 


1270^ 770^ 30 

=306 kcal/m^. hrl deg. 

The wail temperature is verified by the following equation 

■f _ ^ U/S.tm 

f I-27! 

Average temperature difference : 

70^ Mother liquor 50° 


45" 


Then 


Cooling water 

Is. ^t7»=25° 

306 X 25 


25 " 


^^=60 — 


770 


= 50" 

This checks with the assumed value. 
Required heat transfer area : 


^= 


42,000 


25x306* 


= 5*5 


Length of serpentine coil=-^-^-~~l__ 

=22m. 

Number of turns of the coil: 


n- 


22 


tu jD I 3 *i 4 K i 


= 7, 
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Diameter of the jacket is assumed to be 1-425 m. 

Height of the serpentine coil: 

H—1 X 0*125=0*88 m Im, 

where 0-125=pitch of the serpentine coiL 
The volume of the settling tank : 

l-4252x0-785x 1 = 1-60 m^. 

When the useful volume of settling tank is 90 per cent of the total volume, 
the settling period of the solution is 


0-9x1-60x60x1270 
3234 


•=34 min. 


This is against 30 mins required. 
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TECHNOLOGICAL FLOW-SHEET AND EQUIPMENT DESIGN 
FOR FINAL COOLING OF COKE OVEN GAS AND 
RECOVERY OF RAW BENZOL 
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Chapter Six 


FINAL COOLING OF COKE OVEN GAS 

I Flow-sheet for Final Cooling of Coke Oven Gas 

As seen from Fig. 26 the coke oven gas 'with a temperature of 60° to 70° enters 
from the saturator to the direct type final cooler (1) which is similar to the 
direct type primary cooler dealt with earlier. 

From cooling tower (3) water with a temperature of 20° to 25° is fed to the 
upper part of the wooden packing of the cooler. After passing through the 
final cooler the gas gets cooled to 25 to 30° and then enters into the benzol 
scrubber (8). 



Fig. 26, flow-sheet of final cooling of cokeoven gas 

AFTER SATURATOR 

L Final Cooler; 2. Mechanised Naphthalene Settling Tank; 3. Cooling 
Tower; 4. Centrifugal Pump; 5. Collecting Tank for Fused Naphthalene; 

6. Charging Device; 7. Drum ; 8. Benzol Scrubber. 

During the cooling of coke oven gas most of the naphthalene is separated in 
the form of a suspension which leaves the cooler with water into the mechanised 
naphthalene settling tank (2). Water freed from naphthalene flows by gravity 
into the cooling tower (3). 

Cooled water from the reservoir below the cooling tower is sent by a centri¬ 
fugal pump (4) back to the final cooler (1). 

n Construction of Final Gas Cooler . 

The filial gas cooler meant ftnrrcpoEngo^ teke* oven gas after .tlie -saturator 

149 





150 

consists in a 
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Steel cylinder of diameter 4 to 4.5 m and total height up to 35 m 


(Fig. 27). 

The gas contoining part 


of the final cooler is raised by 8 to 10 m. This 



Fig. 27. final cooler for coke oven gas 
1. Basement; 2. Bottom; 3. Outlet Pipe for Clearing; 
4. Conical Bottom; 5. Water Outlet; 6. Conical Bottom 
7, Gas Inlet; 3. Wooden Hurdle Packing; 9. Water Pipe 
and Sprayer. 


ensures flow ofwater by gravity from the cooler to the naphthalene settling 

tank. ^ , 

The gas coolers may be either of the packing type or of the grid typf. 
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The distance between grids is kept at 100 mm for prevention of the choking of 
the packing. 

Ill Construction of Mechanised Settling Tank for Naphthalene 

Ficr. 28 shows a mechanised settling tank for naphthalene of Giprokoks design 
which is meant for continuous separation of naphthalene from water after it 
passes through the final cooler. 

The installation has a cylindrical shape and its bottom is conical. The 
diameter of the cylindrical part is 12,200 mm and the total height (cylindrical 



WATER, 

iNLET 


Fig. 28. mechanized settling tank for naphthalene 



and conical parts) is 3,500 mm. Useful volume is 250 m® and weight 37 tons. 
In the periphery of the body (1) there is a circular groove (2) into which water 
flows from the tank through the circular weir (3). The weir (3) guards against 
incoming of naphthalene into the groove. 

At the centre of the settling tank there is a:Colmim (4) on which the bearing 
of the revolving bridge (5) is supported. Tbfeilattei* bolds a hinged scraper (6) 
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for the removal of naphthalene. The bridge with the scraper is given a circu¬ 
lar motion with the help of motor (9) the capacity of which is 2.7 kw. 

Water with naphthalene enters into the settling tank through the pipe (11). 
Water freed from naphthalene overflows through the weir (3) into the groove 
(2) and leaves the settling tank through the pipe (12). 

The scraper (6) rotating with the bridge collects the floating naphthalene 
and throws it into the melting pot (7) which has a steam coil (8) at the bottom. 
The fused naphthalene is removed through the side tube (13). 

Once a year the water is discarded from the settling tank and naphthalene 
deposits at the bottom are melted with the help of the steam coil (14) and then 
removed from the equipment. 

The advantage of the given design of the mechanised settling tank is the 
efficient separation of naphthalene from water and relatively small recurrent 
expenditure. 


IV Design of Final Gas Cooler 

Material balance 

Coke oven gas at 60° temperature and 860 mm Hg pressure enters the final 
cooler. Its dew point is 45°. The quantity of incoming gas is as follows : 



Kglhr 

nm^lhr 

Dr>' coke o\ cn gas 

18,000 

37,500 

Water vapours 

2,795 

3,500 

Benzol hydrocarbons 

1,200 

316 

Hydrogen sulphide 

590 

390 

Total 

22,585 

41,706 


Assume outlet gas temperature from cooler is 27° and the pressure is 855 mm 

Hg. 

The volume of water vapours at the cooler outlet is determined by the 
following equation: 

Vs^o=VagX 

Aqueous tension at 27°, jE»=26-74 mm Hg, 
then .(41,706 - 3.500) 

—1.230 m>/hr 

=990 kg/hr (by weight). 

Th^ the jqu^tity of water condensed is 
K ^ 2,795—990=^1,805 kg/br. ' , 
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The quantity of gas at the outlet from the cooler ; 



kgjhr 

mi^jhr 

Dry coke oven gas 

18,000 

37,500 

Water vapours 

990 

1,230 

Benzol hydrocarbons 

1,200 

316 

Hydrogen sulphide 

590 

390 

Total 

20,780 

39,436 


Heat balance 

Heat input 

(i) Heat carried by coke oven gas from the saturator (vide design of 
saturator) : 

«ii=:2,521,100 kcal/hr. 

(ii) Heat carried by cooling water at 25® : 

Qg=25 w. 

Total heat input: 

Q.,521,100+25 w. 

Heat output 

{i) Heat carried by coke"oven gas "at 27® outlet temperature : 

(< 2 ) Heat carried by dry coke oven gas : 

^1=18,000x0*7x27 
=340,000. kc.al/hr; 

{b) Heat carried by water vapours : 

^2=990 (595+0-438x27) 

=600,000 kcal/hr ; ■ 

(r) Heat carried by benzol hydrocarbons ; 

^3=1,200x0*246x27 
=8,000 kcal/hr; 

{d) Heat carried by hydrogen sulphide : 

^4=590x0*238x27 . 

=3,800 kcal/hr. 

Total heat carried by coke oven gas: - - - ■: > . 

(^8=951,800 kcal/hr. 

{ii) Heat carried by cooling water and condensate at the temperature of 40® : 
^=40 (w+l,8(^ kcal/hr^ 
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Total heat oixtput: 

Qpu^== 1,024,000+40 W. 

Equating heat input with, output, we get water consumption : 

, 2,521,100-1,024,000 

40-25 

= 100,000 kg/hr 
= 100 m^/hr. 


Determinatioii of Bimensioiis of Packed Final Cooler 

Assume gas velocity through the packing to be 1 m/sec. Then required live 
cross-sectional area of packing will be : 

1 - ^ 

3,600 

where 1^= average volume rate of gas in m^/hr. 

Volume rate of gas at inlet: 


Fi=41,706x 


273+60 

273 


X 


760 

860 


=45,000 in®/hr. 


Volume rate of gas at outlet; 


Then 


and 


F2=39,436x 


273+27 

273 


760 

855 


= 38,500 ms/hr. 


^^_45,000+38,500 
2 


=41,750 ms/hr 


. _ 41,750 
3,600x1 


= 1T6 m*. 


Assume wooden packing is made of grids with the following dimensions: 

width, a =10 mm 

spacing between grids, b =100 mm 

and height of grid, c =100 mm 

Then total cross-sectional area of packing will be : 




d + b 


= 11-6 X 


b 

lO-t-100 


100 


=12-75 m*. 



Cooler diameter: 
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4x12-75 

3-14 


=4 m. 


Cross-sectional area iBlled up with the packing : 

^p=12-75--ll-6=M5 m2. 
Length of grids in one circle : 


a 


=^=115 m. 


Surface area of one packing circle : 

^1=2 X I X c=2xll5 X 0*1 
=23 m2. 

Coefficient of heat tranfer is determined by the equation of Zhavoronkov : 
Ki=^m X X 

where m=coefficient depending on the intensity of spraying. 

Equivalent diameter of packing : 

(/g=2A=0‘2 m. 

Average density of gas: 

22,585+20,780 
2x41,750 
=0.518 kg/m^. 

Viscosity of coke oven gas at its average temperature and average water 
content is 0*0134 centipoise. 

Then 


1,000 X 


1x0*2x0*518 

0*0134 


= 7,725. 


At average thermal capacity of gas=0*7 kcal/kg. deg and coefficient of 
thermal conductivity=0*l 1 kcal/m.hr.deg. 


Prg=3‘6x 


0*7x0*0134 

0*11 


=0*307. 


Since the quantity of coqling water is 100 m®/hr then the intensity of 
spraying : 

Am<tt s 12*75 
=7*85 m»/m« hr. 
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At such an intensity of spraying the value of coefficient m will be O* 193. 
Therefore the criterion of Kirpichev is : 

A"i=0-193 X X 

193 X 77250-'SxO*307o-33 
= 118. 


Overall heat transfer coefficient 


U^KiX- 


» = 118X: 


=65 kcal/m^.hr.deg.,. 

Logarithmic mean temperature difference is : 

60^ Gas 

Water 


20-2 
2*3 log 


Required heat transfer area : 

d 2,521,100 -1,024,000 
JAtm .65x7.8 

=2,960 m\ 

Since the sui'face area of one packing circle is 23 m^, then it is necessary to 
have the following number of circles : 


2960 

23 


.= 130. 


Let these circles be arranged in 10 segments containing 13 circles each, 
then the height of the scrubber filled up with the packing will be 

Af=10xi3x0T2+9x0‘5 
=20 m, 

where 0*12=effective height of a grid in m 
And 0*5=distance between segments''in m. 

When the distance from the top of the packing to the roof of the scrubber 
is 3 m and that from the bottom of the packing to the bottom of the scrubber 
is 3m, total height of the cooler excluding basement will be 26 m. 

Recently the hurdle type coolers are used as final gas coolers. Such a cooler 
consiste in a cylinder filled up with hurdles in segments. The diameter of the 
segment is usually 0*7 xd which corr^poncls to 75 per cent of the total cross- 
sectional area of the cooler. The hurdles have openings with diameter of 8 to 
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10 mm and spacing 50 to 60 mm. The diameter of the maximum area on 
which the openings are spaced is 0*9 xd. 

41,706 m^/hr of coke oven gas enters the cooler. Assume gas velocity in 
the live cross-sectional area of the hurdles to be 4 m/sec. 

Then this cross-sectional area is : 

41,706x333x760 

"^^■“3,600x273x860x4 

=3*13 mS. 

When live cross-sectional area is one-fourth the total cross-sectional area of 
the cooler, the latter will be : 

3T3 

Atotar- 

Therefore diameter of cooler : 


total 

t: 



4xl2-f 

3*14 


=4 m. 


In order to maintain the same gas velocity in the live cross-scction of the 
hurdles and between the hurdles, the cross-sectional area for gas passage bet¬ 
ween the hurdles should be 3*13 Therefore the distance between the hurd¬ 
les : 



where rfa=average diameter through which gas flows in the horizontal direc- 
tion=0*7 d=0*7x4=2*8 m. 

Then 


Assume openings in the hurdles have diameter 8 mm and spacing 50 mm. 
The maximum diameter of the area on which the openings are situated is : 

0*9 d=t0‘9x4=3*6m 

and crosss-sectional area : 

^=l^x3-6a=10'2ina. 

4 


The quantity of the streams between the hurdles is determined roughly by 
the following formula : ., 

A 
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where a'=spacing of openings in the hurdles. 

=4,080. 

0-05® 

The surface area of these streams between two hurdles : 

^=rrt/fe=3-14x0-008x 1-1 X4,080 

= 113 m®. 

In .he absence of a more accurate method for the calculation of hM 
transfer coefficient for this case use the equation of Zhavoronkov for the deter- 
mination of the required heat transfer area : 

Ki=m 

As per earlier calculation : 

Fri,=0-307. 

Since the intensity of spraying is the same, m=0T93.^ ^ , wju 

The magnitude of Reynolds number changes and it is to be calculated by 
the usual equation : 

i2«,= l,000-i!^. 

Average volume rate of gas in the cooler is 41,750 m»/hr. Then the actual 

gas velocity : 

j,^__ikZ^_=3-71 m/sec. 

^ 3-13x3600 

The equivalent diameter of live cross-sectional area of the hurdle is ; 

AAi 

dp _ • 


Since 


z4j=0*25 yiA-toidi 
=0-25x0-785 d® 
=0-196 rf® 


and the perimeter in this case is : 


Reynolds number : 


Re, 


F*=2-09 d. 

, 4x0-196 d* 

-Wrf ■ 

=0-375 d 

=0-375x4= 1-5 m. 
1000x0-518x3-71x1-5 


0-0134 

215,000.; 
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Kirpichev number: 

r4=0-193x215000'>-’«x0-307<>-3a 
= 1480 


Overall heat transfer coefficient : 

U=Ki~ 

dp. 


1480x0-11 
' 1-5 

= 108 kcal/m^. hr. deg. 


Required heat transfer area 


, 1,497,100 


Since the surface of streams between hurdles is 113 m®, then it is necessary 
to have the following number of hurdles in the cooler ; 

1780 


113 


•;=16. 


When the distance between the hurdles is 1 • 1 m, the height of the gas- 
containing part will be : 

16xl-l = 17-6m. 


The volume of the gas-containing part will be : 

F=17-6x 12-5=220 m3 

which per 1000 m® dry"- normal gas per hour will be ; 


220 

37-5’ 


=5-85 m®. 


In the final cooler, in addition to the cooling of gas the separation of 
naphthalene also takes place. Therefore much higher quantity of water is 
given to the cooler than the value calculated from the heat balance. 

According to the data of Giprokoks water is supplied to the final gas cooler 
in a quantity up to 6*5 per 1000 of dry normal gas per hour. 

For the cooler under design this comes to : 

6-5x37*5=240 m8/hr. 

In order to ensure the flow of such a quantity of water through the open¬ 
ings of the hurdles it is necessary to create a corresponding overflow on the 
hurdles. 

Since the cross-sectional area of all the streams is: 

4,080 X0*785 X0-0082=0-205 m^, 
then the velocity of water through the openings is : 
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240 

3600x0-205 
=0’325 m/sec. 

The height of the overflow may foe determined by the following equation : 


putting ft= 0*625 




2gf?’ 


0-325» 

2 X 9-81 X 0-622 
0*014 m=14 mm. 


The final gas cooler thus designed ensures a water flow rate of 240 in^ per 
hour and hence the cooling of the gas and its purification from naphthalene. 



Chapter Seven 


TECHNOLOGICAL FLOW-SHEET AND EQjQIPMENT DESIGN 
FOR RECOVERY OF RAW BENZOL 

The typical flow-sheet of Giprokoks for the producation of raw benzol from 
coke oven gas is distinguished from the earlier practice in by-product coking 
plants by that a number of improvements have been incorporated with a view 
to greatly developing both the technical and economical aspects of raw benzol 
production. The following are the changes made : 

(1) Goal tar oil is used for the absorption of benzol hydrocarbons from coke 
oven gas; 

(2) For the continuous regeneration of coal tar oil a steam regenerator has 
been included. This permits of improvement in the quality of wash oil; 

(3) AVith a view to having a more rational treatment of raw benzol into 
pure products, a new flow-sheet has been worked out. This allows the pro¬ 
duction of two grades of raw benzol—light benzol fraction and heavy benzol 
fraction. For the production of these two fractions of raw benzol in the 
benzol shop a divided rectification column has been installed. 

These principles of perfection in the technological flow-sheet of raw benzol 
recovery has been used by Giprokoks as a basis for designing benzol shops in 
new by-product coking plants. The existing plants are also being reorganised 
in the same direction. 

I Description of Technological Flow-sheet 

The recovery of benzol hydrocarbons from the coke oven gas is affected in 
many existing plants in the following way (Fig. 29). 

Coke oven gas cooled down in the final gas cooler to 25 to 30° enters 
into the benzol scrubbers, passes from one scrubber to another in series and 
then is sent by pipes either to the consumers or to the coke ovens. 

Debenzolised wash oil at a temprature of 27 to 30° is sent by the centrifugal 
pump (6) to the upper part of the packing of the last scrubber. Oil flows 
through the packing counter-current to the gas flow and thereafter falls into 
an over flowing tank through a seal. Then it is pumped into the next scrubber. 
The oil saturated with benzol is taken out of the first scrubber by the centri¬ 
fugal pump (10) and then sent for recovering benzol from it. 

Gas pipes attached to the scrubbers and wash oil pipes have corresponding 
number of valves which can allow shutting down of any scrubber without 
disturbing the normal operation of the scrubbers as a whole. 

For avoiding absorption of moisture by the wash oil in the scrubbers (parti¬ 
cularly in winter) due to the condensation of water vapours from coke oven gas 
it is essential that the temperature of the oil fed to the scrubber is higher than 
the temperature of the coke oven gas by 2 to 3°C. 
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The content of benzol hydrocarbons in the coke oven gas after the benzol 
scrubbers must not be more than 2 g/nm^. The inlet oil contains 1*5 to 2*5 
per cent benzol hydrocarbons and the exit oil contains 0-2 to 0.4 per cent 
only. 


II Scrubbers for Benzol Recovery 
(1) Construction of Scrubber and Characteristics of Packing 

Packed scrubbers are mostly used in the by-product coking plant for the 
absorption of benzol from coke oven gas. These scrubbers consist in welded 
cylinders of diameter up to 6 m and height up to 42 m. 

For causing good contact between coke oven gas and wash oil the scrubbers 
are filled up with wooden packings. The packings are made of wooden grids 
of thickness 10 to 12 mm and height 100 to 120 mm and are connected with 
the help of steel bolts. The spacing between two grids is 15 to 20 mm. A 
packing circle (made of a number of grids) has a diameter of 50 mm less than 
the diameter of the scrubber. The packings are arranged in the scrubber in 
segments, each segment having 20 to 24 circles. The packing segments are 
held on channel bars resting at the end of angle irons attached to the inner 
wall of the scrubber. 

In the new design of the benzol scrubber the following disadvantages of the 
old design have been removed : 

(i) The body of the scrubber is made of mild steel sheets by electric 
welding; 

{ii) The over-flow tank of the hydraulic seal is replaced by a level regulator 
placed in the lower part of the scrubber ; 

{in) The bottom of the scrubber is made conical for avoiding deposition of 
sludge. 

For decreasing the height of the scrubber and lowering the consumption of 
electrical energy metallic spiral packings are being used in the place of wooden 
packings, A spiral packing is in the shape of a spiral of diameter 19 mm and 
spacing 25 mm. The wall thickness of the spiral ribbon is 0*25 mm and 
the surface area of 1 of this packing is 130 m^. The corresponding surface 
area of wooden packing is only about 50 m®. 

The metallic spiral packing is fitted to the scrubber in segments of about 3 m 
height. In the process of installation this packing shrinks by 10 to 15 per cent 
of its original volume under the influence of its own weight. 

Each packing is installed on a metallic grating held by channel bars which 
in turn rest on angle irons welded to the internal scrubber wall. 

Practice has shown that the use of metallic spiral packing needs the mainte¬ 
nance of the following conditions : 

Coke oven gas must be free from tar, naphthalene and hydrogen 
sulphide; 

(u) The content of naphthalene, anthracene and other impurities in the 
rfgeneratfd coal-tar wash oil should be as small as possible. If thesu cpndi- 
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Fig. 30. benzol scrubber 

tions are not maintained the metallic packing often gets choked up with 
deposits and disturbs the normal operation of the benzol scrubber. 

However in spite of a number of advantages of the metallic spiral over the 
wooden packing the former are not widely used in by-product coking plants. 


(2) Design of Benzol Scrubber 

Material balance 

The following quantities enter into the scrubbers : 



Kgfhr 

nm^lhr 

Dry coke oven gas 

18,000 

37,500 

Water vapours 

990 

1,230 

Benzol hydrocarbons 

‘ 1,200 

316 

Hydrogen sulphide 

590 

390 


Total 20,780 

59,436 


The teriperature of incxHuibig gas is 27° and pressure is 855 mm Hg. 



RECOVERY OF. BENZOL 165 

Assume loss of benzol hydrocarbons with the exit gas to be 2 g/ni^ dry gas. 
Since their content in incoming dry gas is : 


1,200x1,000 

37,500 


=32 g/m^ dry gas, 


then the efficiency of recovery of benzol hydrocarbons from coke oven gas will. 
be: 

v]=l —^ =0‘9375=93‘75 per cent. 


The quantity of benzol hydrocarbons absorbed : 

^_37,500 (32-2) 

1,000 

= 1,125 kg/hr; 

the quantity remaining in the gas is 75 kg or 20 by volume. 
Thus the following quantities leave the scrubber : 


Dry coke oven gas 
Water vapours 
Benzol hydrocarbons 
Hydrogen sulphide 

Total 


Kglhr 

nm^lhr 

18,000 

37,500 

990 

1,230 

75 

20 

590 

390 

19,655 

39,140 


The actual content of benzol hydrocarbons in the incoming gas : 

___l,200x 1,000x273x855 
39,436x300x760 
=31-2 g/ms; 

the content in the outgoing gas : 

75x1000x273x825 
39,140x300x760 
= T9g/m3. 

The maximum content of benzol hydrocarbons in the incoming oil is deter¬ 
mined by an approximate equation which is valid for low concentration : 

C'w=2-24X;p^percent; 

where 0 : 2 —concentration of benzol hydrocarbons in exit gas in g/m^, 

P 2 =exit gas pressure in mm Hg, 
iVfa=molecular weight of wash oil 

and vapour pressure of benzol hodrocarbons in the incoming oil in 

mm Hg. 
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(In designing the scrubber assume that the composition of raw benzol in 
debenzolised oil is same as the composition of raw benzol produced). 

Assume exit gas pressure is 825 mm Hg, 

Coal tar oil of 170 molecular weight is used as the wash oil. 

For the determination of vapour pressure of benzol hydrocarbons in the 
incoming oil assume the following composition of raw benzol: Benzene 73 
per cent. Toluene 21 per cent, Xylene 4 per cent and Solvents 2 per cent. 

The vapour pressures of these components in mm Hg at 30*^ are : 


Benzene 118*4, 

Toluene 39*5, 

Xylene (as p-xylene) 23.5 

Solvents (taken as 1, 3, 5-trimethyl benzene) 5 


Average molecular weight of raw benzol: 

^ ±,, A 

78+92'^ 106'^ 120 

=83, 

where 78, 92, 106 and 120 are the molecular weights of the corresponding 
components. 

The contribution of the components to the average molecular weight of raw 
benzol is : 


m\j = 


73x83 
78 X lOU 


=0*775, 


21x83 

'”*“92x100 


0 ^ 75 , 


and 




4x83 

106X100 


=0-033 


_ 2x83 

120x100 


=0-017. 


Then the vapour pressure of benzol hydrocarbons at 30*^ will be : 
prh—m^ ph+nit pt+m^ px-i-rris ps 

=0*775 Xll8*4+0*175x39*5-f 0*033x23*5+0*017x5 

= 99 mm Hg. 

Thus the maximum content of benzol hydrocarbons in the incoming oil 
should be ■’ 


Cl 


2*24x825x2 


99x170 
=0*22 per cent. 
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The actual content Ci must be less than the equilibrium concentration and 
equals: 

Cl 

_ trtazi 


where a=coefficient of displacement of equilibrium 
= 1T to 1*2 

Then, assuming oc= IT, we get: 

Cl—-pj— =0*2 per cent. 


The minimum quantity of oil required for absorption is determined by the 
following equation : 


j p^.Mo'V' 7 ], 


where /;& = 

V = 

7 ] = 

•^oc = 


Pi = 
and Mo = 
We have : 


vapour pressure of pure benzene in mm Hg, 

volume of incoming gas in m^/hr at N. T. P. (excluding the 

volume of benzol hydrocarbons), 

actual degree of recovery of benzol hydrocarbons from gas, 
degree of recovery of benzol hydrocarbons from the gas under 
the conditions of equilibrium at the upper part of the scrubber 
or on the infinitely large surface area, 
incoming gas pressure in mm Hg 
molecular weight of wash oil. 

7=39,120 m3/hr, 

7]=0*9375, 

118*4 mm Hg, 

Pi=855 mm Hg 
and Mo=170. 


The degree of absorption on the infinitely large surface area is determined 
by the quation : 


•/] cc = 1 


^2 

Mai 


1-1x32 
=0.9432 
=94*32 per cent. 

Then the minimum quantity of wash oil will be : 

^ 118*4 X 39120 X 170 X 0*9375 

Cmin- 22*4 X 855 X 0*9432 

=40^800 kg/hr* 




Coke oven gas 
Wash oil 
Raw benzol 


20,780 

59,000 

118 


Coke oven gas 
Wash oil 
Raw benzol 


Total 


79,898 


Total 
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Determination of wetting area and dimensions of scrubbers 

Wooden packings with the following characteristics are used in the 
scrubbers: 


and 


thickness of a grid, a 
spacing of the grids, b 
height of a grid, c 


0*010 m 
= 0*02 m 

= 0-10 m. 


The critical gas velocity is determined by the following equation : 


Vcr=2-32x^ 

de9 

The viscosity of coke oven gas at 30° is 0*0127 centipoise (the temperature 
of exit gas is 30°). 

Density of exit gas : 

19,635 273 825 

39,140 ^ 3U3 ^76U 
=0*503 kg/m3. 

The equivalent diameter of the packing : 

(7^=2^?=0*04 m. 

Thus the critical gas velocity is : 

, .0.30,, 

icr—^ '^^^ 0 * 04 x 0*503 
= 1 *47 m/sec. 

Required live cross-sectional area of the packing : 


'3600Xi’ 




where 


Hence 


F= actual gas volume of the scrubber outlet 

_ 39140 X 303 m^/hr. 

825x273 ’ ' 


A 39,800 _7'5‘> in* 

■^'’“3600xl-47“' 

The total cross-sectional area of the scrubber packing 




= 7-52x 


0 - 01+002 
“0^ 


= 11-3 m* 
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Diameter of the scrubber : 


4 




4x11-3 
=V 3.14 
= 3-8 m. 

For the determination of the absorption area the following equation is used 




where G=quantity of benzol hydrocarbons absorbed in kg/hr, 
^P„,=averge mean motive force of absorption in mm Hg 
and jK'= overall mass transfer coefficient in kg/m^. hr. mm Hg, 
Motiv'e force of absorption at the top of the scrubber is : 

Api^P” a — P'l 

where /)'' 3 =partial pressure of benzol hydrocarbons in exist gas 


= 0-0224 X 


=0-0224x 


a2xP2 

Mr^ 

2x825 

83 


=0-445 mm Hg 

and j&^i=vapour pressure of benzol hydrocarbons in incoming oil 


=0-01 X 


pTh 

Mrt, 


0-01 x0-2x 170x99 
83 

=0-405 mm Hg. 

Then /\/i2=0-445—0-405=0‘04 mm Hg. 

Motive force of absorption at the bottom of the scrubber is : 

l^pi=p'3—p"u 

where p',=partial pressure of benzol hydrocarbons in inlet gas 


=0-0224 x 


aixPi 

Mrt 


=0-0224 X 


32x855 

83 


=7-35 mm Hg 
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and vapour pressure of benzol hydrocarbons in outgoing wash oil 

=0-01 X. 

Mrh 

0*01x2-llx99xl70 
" 83 

=4*27 mm Hg. 

Then 7*35—4*27 = 3-08 mm Hg. 

Average motive force of absorption,: 


Apn 


Api— AP^ 

2-3 log Api 

Ap2 

3 * 08 >~ 0*04 


2-3 log 


3*08 

0*04 


=0*65 mm Hg. 

Overall mass transfer coefficient : 

K— kg/m^. hr. mm Hg. 

Mass transfer coefficient for the gas film is determined by the equation 


JVm,= 0-0445 Re, Prg o -628 

Reynolds number : 


^..y.DBs, 


/?efl = 1000x 


vd^p 


1-47 X 0-04 X 0-503 
= 1000 X- -y. 0^27 

= 2 , 320 . 

Prandtl number is determined by the following formula : 


prg= 


Da 


where D^ = diffusion constant of benzol hydrocarbons in coke oven gas 


4-5x10-^ 
\/ Mg Mrb 


m^/secj 


Mj;=molecular weight of coke oven gasps=22“4x p# 
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and average density of gas in kg/m®. 

20 780 

Density of inlet -0-528 kg/m^. 

19 655 

Density of exit gas=-^~-j^ =0*503 kg/m®. 

Average density of gas : 




0*5284~0'503 


Then 


Therefore, 


=0*516 kg/m®. 

Af^=0*516x22*4 
= 11 * 6 . 

^ 4*5xl0~* 

X/flr = 


■\/ll-6x83 
= 14*5 X 10'® m^/sec. 

The diffusion constant under practical conditions is calculated from the 
following formula : 


D^ = 14*5xl0'®i 


(w)' 


X- 


760 


Average scrubber pressure, P„,=840 mm Hg. 
Therefore 


X 


760 


= 16*3 X 10"® m®/sec. 

Kinematic viscosity of gas under average condition : 

_ P 

''“'”1000 p. 

Since average density of gas under actual condition is ; 

f.=0'516x-|g-x-^=0-515kg;m.. 


0*0127 


Then 
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We have 


Thus 


Pr«= 


24-6x10-® 


16-3X10-® 
= 1-51. 


jVKs=0-0445x2320®-5s®x l-51«-*2* 
= 18-4. 

/. Mass transfer coefficient for the gas film : 


{ Y'* 

V 0-1 j 


= 18-4x 


16-3x10-* 


0-04 
0-0075 m/sec. 

AfrtX3600 


=0-0075 X 

=0-0075 X 


‘>‘>-4x760 

83x3600 


22-4x760 
=0-132 kg/m®, hr. mm Hg. 

Mass transfer coefficient for the liquid film is determined by the equation : 

1.503 




jVMi==471 P<ri«-®®«xPn' 

Reynolds number for the absorption : 

Rei=~ 

Vl 

where ii=intensity of spraying in m®/m. hr 
and vj=kinematic viscosity of wash oil in m®/hr. 

The magnitude of k is determined from the equation : 

. Li 
PXP^’ 

where Li=actual quantity of wash oil in kg/hr, 
pi=density of wash oil in kg/m®. 

= 1055 kg/m®. . . , . 

/i=perimeter for liquid flow in one packing circle m m 

; 

Z=length of grids circle 
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ll‘3-7-52 


0*010 
= 378 m. 


Then 

Therefore 


x378==756 m. 
=0-074 m»/m. hr. 


*'“756x1055 ' 


Viscosity of wash oil at 30° is 16-5 centipoise. The corresponding kinematic 
viscosity is : 

' a . 16-5 


Then 


'^'“1000 pj “ 1000x1055 
= 15-6 xl0-«x 3600 
=0-0562 m2/hr. 

0-074 


< = 15’6x 10“® m^/sec. 


Rei=- 


:T32. 


0*0562 

Prandtl number for the absorbent is determined by the equation : 


Pri 


~Dz^ 


where D 2 =diffusion constant of benzol hydrocarbons in m^/hr 


=0-0124xl0-«X-^xi/_f!L_ ma/hr; 

Pl-^l \ Mri 


Where T=temperature of wash oil^303°, 

Pj=density of wash oii=1055 kg/m®, 

kinematic viscosity of wash oil in m^/hr, 
average density of benzol hydrocarbons=880 kg/m® 
and Mr6=average molecular weight of benzol hydrocarbons=83. 
Therefore 


Z)j=0*0124xl0-«x 


303 


1055x0*0562 


X 


4 880 
83 


= 0*141 X 10-6 ma/hr. 


p 0*0562 

0*141x10-6 

=400,000* 


Then 
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Thus 


Nui-^^l\.Rei o-324xPrj 


o^issf! 


0-503 




=471 xl-32®-3®«X400,000 
=2,700. 

Hence the mass transfer coefficient for the liquid film : 

=2700 X- Q.Q4 

= 0*0095 m/hr. . 

For recalculating the motive force in mm Hg it is necessary to divide the 
value of Ki by Henry’s constant : 

0*0095 


/cz=- 




where i7= Henry’s constant in mm Hg/kg/m^. 

Since the vapour pressure of benzol hydrocarbons in the incoming oil, p j= 
0*405 mm Hg and the following is the relation for equilibrium : 

where a;i= content of raw benzol in incoming oil in kg/m®, 
then 

mm Hg/kg/m®. 

From the material balance of the scrubbers : 

_118x 1055 

59;TO0 

=2*11 kg/m®. 

Then 

^ 0*405 
^"" 2*11 

=0*192 mm Hg/kg/m®. 

Similarly determine H for the lower part of the scrubber. 

The vapour pressure of benzol in the outgoing oil 

mm Hg. 

The concentration of raw benzol in the outgoing oil 

_ 1243x1055 
59,000 

=22*2 kg/m®. 



176 

Then 


DESIGN OF BY-PRODUCT RECOVERY UNITS 


H— =0T92 mm Hg/kg/m®. 

Thus 

0-0095 

U-192 

=0-0495 kg/m®, hr. mm Hg. 
The over-all mass transfer coefficient: 

kaXKi 0-132x0-0495 
^~k„+Kr 0-1324-0-0495 
=0-036 kg/m®, hr. mm Hg. 

The required absorption area is : 


G 

• /\Pm 


1125 

0-036 X 0*65 


-48,000 m* 


This for one of dry coke oven gas becomes 


48,000 

37,500 


==1-28 


m2. 


The surface area of one packing circle 

^i=P.r, 

where perimeter for liquid flow along the packing—756 m 
and r=height of a grid=0*1 m. 

Then 

^1=756x0*1=75*6 m2. 

The required number of packing circles : 


48,000 
n =— 

75*6 

=634. 

Let there be 3 scrubbers each having 212 circles. In each scrubber assume 
9 sections of 24 circles each, total becoming 216 circles. 

Assume that the distance between two neighbouring sections is 0-5 m, the 
height of a grid with the bearing is 0T2 m and the total distance from the top 
of the packing to the roof and from bottom of the packing up to the tower 
bottom is 1*5 x<af. Total height of the scrubber : 

H=216x0-12+8x0'5+5*7 
=35*6 m. 



Chapter Eight 


TECHNOLOGICAL FLOW-SHEET AND EQUIPMENT DESIGN 
FOR RAW BENZOL PRODUCTION 

I Description of Technological Flow-sheet 

(1) Technological Flow-sheet for Production of One Grade of Raw 
Benzol (Fig. 31). 

Wash oil saturated with benzol from the scrubber enters into the dephlegma- 
tor (I) through the pipe (1). Here oil is heated from 30 to 70° by the heat of 
the condensing vapours of oil and water. 

Heated oil passes from the dephlegmator through the pipe (2) and enters 
into the tubular heat exchanger (II) in which it gets further heated up to 90° 
by the heat of debenzolised wash oil flowing through the benzol column. 

From the heat exchanger oil comes to the heater (III) in which it is heated 
up to 135° by the heat of condensation of steam passing through the intertu¬ 
bular space. From the heater (III) heated oil goes to the stripping section of 
the benzol distillation column (IV). 

Vapours of benzol hydrocarbons, oil and water liberated in the heater in a 
quantity of 25 to 30 per cent of their total content in wash oil are led out through 
the pipe (3) into the upper part of the column. 

1 to 1.5 per cent of wash oil from the benzol column is continuously led 
through the pipe (4) into the steam regenerator (V) in which steam passing 
through oil under regeneration is also continuously introduced. The heater (6) 
also receives steam under a pressure of 10 atm so that the temperature of wash 
oil under regeneration is maintained around 170 to 180°. 

The live steam in the regenerator vaporizes 80 to 90 per cent of oil. The 
mixture of steam and oil vapours passes through the pipe (7) into the benzol 
column at the lower plate of the stripping section. 

A part of the steam may be fed to the benzol column through the pipe (8) 
when it is necessary to control the degree of distillation of benzol from oil in 
the column. 

The polymers (resins) formed in the regenerator and containing anthracene 
and other high molecular cyclic hydrocarbons mix with some oil and conti¬ 
nuously leave the regenerator through the pipe (9). 

The vapours of benzol hydrocarbons in admixture with steam from the 
enriching section of the benzol column enter the dephlegmator (I) through pipe 
(10). Here they are subjected to fractional condensation. At the highest pipe 
of the dephlegmator the vapours are cooled by water fed through the pipe (11). 

The temperature of vapours of the benzol hydrocarbons leaving the dephle- 
gnlator is controiled by regiilating the water feed to the upper section of the 
d^falegmator, 
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Fig. 31. teghnoi.ogigal flow-sheet for production of one grade of raw benzol 
I. Dephlegmator; II. Heat Exchanger; III. Heater for oil; IV. Benzol Still; V. Steam Regenerator; 
VI. Condenser-cum-cooler; VII. Separator for Phlegma; VIII. Wash oil Collector; IX. Centrifugal 

Pump; X. Sprayer Cooler. 
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From the dephlegmator the mixture of vapours of benzol hydrocarbons and 
steam at 92 to 95° enters into the condenser (VI), where the cooling and con¬ 
densation of steam and vapours of raw benzol and oil takes place. The liberated 
heat is taken out by water. 

The separation of raw benzol from water condensate takes place in the 
separator (lower part of the equipment). The water condensate from the 
separator is continuously taken out by the pipe (15) and raw benzol passes 
through the pipe (16) and enters into the tanks from which it is sent to the 
storage by steam pumps. The uncondensed gases escape into the atmosphere 
through the pipe (17). 

The phlegma from the dephlegmator goes to the separator (VII) where it is 
divided into two layers. The separated water is directed to the settling tank 
through the pipe (18) and further to the drainage while the wash oil enters 
into the cycle of saturated wash oil through the pipe (19). 

The oil from the benzol column (IV) passes through the hydraulic seal (not 
shown in the flow-sheet) and goes to the heat exchanger (II) in which it is 
cooled by the incoming oil stream from the dephlegmator and then leaves the 
heat exchanger at a temperature of 80 to 115° depending on the arrangement 
employed. 

Wash oil then passes into the collecting tank (VIII) where water and wash 
oil are separated. 

From the collecting tank (VIII) wash oil is sent by the centrifugal pump 
(IX) to the sprayer cooler (X) for the cooling of oil down to 30°. The cooled 
wash oil is finally sent through the pipe (20) for the recovery of raw benzol in 
the scrubbers. 

(2) Teclmological Flow-sheet for Production of Two Grades of Raw 

Benzol 

Figure 32 shows the new and more perfect flow-sheet for the recovery of raw 
benzol, which has been in use in the by-product coking plants. This flow-sheet 
incorporates the latest development in the field of rational process of debenz- 
olisation of wash oil with the production of two grades of benzol—a light fraction 
with end boiling point of 150° and a heavy fraction boiling in the range of 140 
to 220°. 

The production of two grades of benzol has a number of technical and 
economical advantages from the view point of further treatment. 

According to this flow-sheet the saturated wash oil from the scrubbers is fed 
to the dephlegmator (4) which is made of four typical horizontal coils situated 
one above the other. The saturated oil enters into the tubular space of the upper 
coil and further passes through all the lower coils one after another. 

The vapours of benzol hydrocarbons mixed with water vapours from the 
benzol column (1) enter into the dephlegmator (4) in a counter-current way 
and pass from the bottoin ^ the tpp along the intertubular space of all the four 
.'Gohs... .. 
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design of by-product covery 



Fig. 32. technological flow-sheet of production of two grades of benzol 
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The oil heated in the dephlegmator up to 70 to 75° goes to the steam heater 

(3) for further heating up to 135 to 140°. 

The oil in the steam heater moves through the pipes and the steam under 
pressure 6 to 8 atm enters into the upper part of the intertubular space. 

From the heater (3) the saturated oil goes to the distillation column (1) into 
the lower part of which live steam is fed under 3 to 4 atm pressure with a view 
to distilling benzol hydrocarbons from the oil. 

From the lower part of the column the debenzolised oil goes to the interme¬ 
diate collecting tank from which it is pumped to the sprayer cooler for cooling 
down to 25 to 30°. 

The regeneration of wash oil takes place in the steam regenerator (2). For 
this 1 to 1.5 per cent of wash oil is taken out from one of the upper plates of 
the benzol column (1) and sent to the regenez'ator where large quantity of 
steam is blown. The oil is almost completely vaporised and together with 
steam enters into the lower part of the column. The polymers formed from the 
unsaturated compounds of the oil by the effect of high temperature (about 
180°) and also the high boiling part of the oil (anthracene, etc.) are taken out 
through the lower side pipe of the regenerator and sent to a collecting lank. 

The oil yield in the regeneration ranges between 80 and 90 per cent depend¬ 
ing upon the quality. 

The mixture of steam and vapours of benzol hydrocarbons and oil is sent 
from the upper part of the distillation column to the intertubular space of the 
lower coil of the dephlegmator (4). The cooling of the vapours is affected by 
heat transfer to the incoming saturated oil in the tubular space. 

The phlegma formed by cooling consists of the condensate of solvent naphtha, 
wash oil and water. It is taken out from the lower coil of the dephlegmator 

(4) and directed to the separator for the separation of water from the phlegma. 
After the separation from water the phlegma is directed to the cycle of wash 
oil and the water is sent to the settling tank in which the hiial separation from 
oil takes place. 

The mixture of benzol vapours and steam from the dephlegmator (4) enters 
into the rectification column (5) for the separation of the vapours of benzol 
hydrocarbons into two fractions—light benzol and heavy benzol. The column 
is made of two sections—lower stripping section and the upper rectification 
section. 

There are three indirect steam heaters in the lower part of the column for 
heating heavy benzol. The upper section is essentially a typical rectification 
column of bubble plates. 

The condensate formed in the upper plates of the stripping section consists of 
a mixtui"e of heavy benzol and water. It is sent to the separator (7) from which 
the heavy benzol after separation of water is returned to the stripping section 
where the light distillates are removed from it by indirect steam. 

Heavy benzol from the lower part of the column (5) goes to the cooler (12) 
and then pumped to the storage. 

^ ‘The vapours dflight beiii^l and steam from the uppdt part 6f the bolumn 
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(5) enter into the condenser (8) made of four horizontal coils similar to the 
dephiegmator in design. The condensation and cooling of raw benzol and water 
take place in the condenser. The vapours enter into the intertubular space and 
pass from the top to the bottom of all the four coils while the cooling water 
passes in the opposite direction along the pipe from the lower segment to the 
upper segment. The outlet water temperature is 45 to 50®. 

Light benzol and water from the condenser (8) go to the separator (9) and 
after separation from water light oil is directed to the collecting tank (10) and 
further to the storage through the measuring tank (11). 

A part of light benzol is sent from the cooler (10) by pump (13) to the upper 
plates of the fractionating column (5) as a reflux. 

The separator (6) is meant for the separation of reflux from water which is 
condensed in the upper plates of the column by cooling of steam. 

Of late the oil heat exchangers have become an essential component of the 
flow-sheet for the recovery of either one or two grades of benzol. 

II Wash Oil Heater 

(1) Functioii and Construction 

The heater for wash oil serves to heat the oil before it is sent to the benzol 
distillation column. During the heating of oil after the heat exchangers from 
90® to 135-145° the following processes take place in the heater : 

(i) Vaporization of a part of the benzol hydrocarbons dissolved in the wash 
oil (25 per cent of the total content in the oil), 

(ii) Evaporation of water present in the oil and also 

(Hi) V^aporization of a part of the wash oil (about 1 per cent). 

In design ^he wash oil heater is essentially an ordinary coil installed on iron 
supports. 

Wash cil after the heat exchanger enters at about 90® to the lower side tube 
of the coil and after passing through it enters into the upper chamber where 
the separation of the vapour phase from the liquid phase takes place. Steam 
of 6 to 8 atm pressure is given to the intertubular space. 

The condensate water is taken out from the pipe through the condensation 
vessel. 

The vaporous products separated from the wash oil are taken out through 
an outlet situated in the upper chamber and sent to the benzol column. The 
heated oil is also fed to it. 

At present Giprokoks has designed quick heaters for wash oil, in which the 
heat transfer coefficient is raised by increasing the rate of oil flow along the 
equipment by means of increasing the number of passes of the oil in the coils 
(8 passes). 

(2) Design of Oil Heater 

Material balance , ! , 

The folloyfing quantity of ,wa«h oil saturate with bew?Q} is the 
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heat exchangers to the heater: 

Kg! hr 

Wash Oil 

59,000 

Benzol hydrocarbons 

1,243 

Total 

60,243 


Assume content of water in the incoming oil to be 1 per cent of total weight 
of oil. This comes to 602 kg/hr. 

Thus the total quantity of oil, water and benzol hydrocarbons is 60,84-5 kg/hr. 
Since the composition of raw benzol is assumed as follows: 


Benzene 

Toluene 

Xylenes 

Solvents 


73 per cent 


21 

4 

2 


j j 

j j 

55 


100 


then 1,125 kg of benzol hydrocarbons separated per hour from the oil by distil- 


lation contains the following : 


Kglhr 


Benzene 

1,125 

X 0-73 

821 

Toluene 

1,125 

X 0-21 

236 

Xylenes 

1,125 

X 0-04 

45 

Solvents 

1,125 

X 0-02 

23 



Total 

1,125 


Assume the following composition of benzol hydrocarbons in the debepzo- 
lised oil: 


Benzene 


2*5 per cent 


Toluene 


19 


Xylenes 


31 


Solvents 


47-5 „ 


When the residual content of benzol 

bydrocarbons in 

the < 

the content of individual components 

will 

be : 




Kglhr 


Benzene 

118 

X 0-025 

3 

Toluene 

\m 

X 0-19 

23 

Xylenes 

118 

X 0-31 

37 

feolvients 


X _ Q-475 

55 



Total 

118 
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Thus the quantity of individual components entering the heater is : 


Benzene 


Kglhr 

824 

Toluene 


259 

Xylenes 


82 

Solvents 


78 


Total 

1,243 


The heater receives the following substances : 




Kglhr 

Molsihr 

Wash oil 


59,000 

347 

Benzene 


824 

10.55 

Toluene 


259 

2-82 

Xylenes 


82 

0-77 

Solvents 


78 

0-65 

Water 


602 

33*40 


Total 

60,845 

395*19 


For determining the quantity of distillate from oil assume that heating tem¬ 
perature of oil is 135°j pressure of vapours at heater outlet is 830 mm Hg .and 
all the water from oil is completely distilled off. 

Designate the fractions of benzene, toluene, xylenes, solvents, oil and water 
remaining in the oil by <j>o and These may be determined 

from the following equations : 


and 


<i>t^ 


(f>bph 




^ pbpb-\~{^ — pb)px ’ 




phph 


^bp\)~T{\—pb)ps 


^bpb 


pipb + (1 — Pb)po ’ 


— 0 I A = 




_ 

Mi 2^ Mi 


*‘-1 + f .' 


whereas, vapour pressures of the components in mm Hg, 

F=: total pressure of vapours at heater outlet in mm Hg, 
Gi=quantity of components entering into heater in kg 
-Mi=molecular weight of components. 
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For the determination of the value of it is necessary first to assign a value 
to ^6 then to determine and with the help of the above 

mentioned equations. Then A is determined and is checked by the following 
formula: 


The vapour pressures of the components at 135° in mm Hg are given below : 


and - 
Given 


pb 


3,160, 


pt ■ 

= 

1,600, 


px 

= 

720, 


Ps 


346 


Po 

= 

78. 


% 

= 

0-7. 



0-7 

X 3160 


0-7 X 

3160 + 0-3 X 

1600 

0-822 : 





0-7 

X 3160 


o 

X 

3160 + 0-3 X 

720 

0-91; 





0-7 

X 3160 


X 

‘O 

3160 + 0-3 X 

346 

0-955: 





0'7 

X 3160 


0-7 X 

3160 + 0-3 

X 78 


Mi 


0-989; 
395-19; 


X ^ ^ Q.y ^ 2-82 X 0-822 + 0-77 x 0-910 

^ Mi q-0-'65 X 0-955 "347 x' O-OS? 

354-2; 

354-2 

A — ^ X 830 

^ ~ 395-19 - 354-2 ^ 


7,200. 


'Check 
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Thus the following remain in the liquid phase : 





Mols 

Kgikr 

Wash oil 

347 

X 0*989 =: 

343*18 

58,351 

Benzene 

10‘55 

X 

o 

11 

7*38 

575 

Toluene 

2-82 

X 0.822 - 

2*32 

213 

Xylenes 

0*77 

X 0*91 = 

0*70 

74 

Solvents 

0-65 

X 0*955 = 

0*62 

74 



Total 

354*2 

59,287 

The composition of the gaseous phase : 






Mols 

Kgjhr 

Wash oil 

347 

- 343*18 

= 3*82 

649 

Benzene 

10*55 

7*38 

= 3*17 

249 

Toluene 

2*82 

2*32 

== 0*50 

46 

Xylenes 

0*77 

0*7 

= 0*07 

8 

Solvents 

- 0*65 

0*62 

= 0*03 

4 

Steam 



33.4 

602 



Total 

40*99 

1,558 


The content of benzol hydrocarbons in the liquid phase after passing through 
the heater is: 


575 + 213 + 74 +74 
58351 


X 100 


= T6 per cent of pure oil. 

The material balance of the heater is given in Table 7. 

Table 7 


Components 

Incoming 

Remaining in 

liquid phase 

Transferred to vapour phase 

kglhr 

mo Is 1 hr 

kglhr 

mo Is 1 hr 

kgjhr 

molsjhr. 

Wash oil 

59,000 

347 

58,351 

343*18 

649 

3*82 

Benzene 

824 

10*55 

575 

7*38 

249 

3*17 

Toluene 

259 

2-82 

213 

2*32 

46 • 

0*5 

Xylenes 

82 

0-77 

74 

0*7 

8 

0*07 

Solvents 

78 

0*65 

74 

0*62 

4 

0-03 

Water 

602 

33*4 

— 

— 

602 

.T , ,33-4 

Total 

60,845 

39549 

5%287 

354*2 

1,558 

40*99 
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Heat balance of heater 

Heat input : (1) Heat carried by wash oil at 90° : 

di = 59000 X 0-463 x 90 = 2,460,000 kcal/hr, 

, , , .. r U -1 + 0-00081# 

where thermal capacity of wash oil == 

0-403 + 0-00081 X 90 

T06 

= 0.463 kcal/kg. deg. 

(2) Heat carried by benzol hydrocarbons : 

0,2 == 1243 X 0*470 X 90= 52,400 kcal/hr, 
where thermal capacity of raw benzol 

=0*383+0*001043 t 
=0*383+0*001043x90 
= 0*47 kcal/kg. deg. 

(3) Heat carried by water present in oil: 

03=602x1x90 
= 54,200 kcal/hr. 

(4) Heat given by steam= 04- 
Total heat input: 

Oin=2,566,600+04- 

Heat output: (1) Heat carried by liquid oil at 135*^: 

05=58,351x0*498x135 
= 3,920,000 kcal/hr, 

where thermal capacity of liquid oil=— — x (0*403+0*00081 x 135) 

'\/ 1.U6 

= 0*498 kcal/kg.deg. 

(2) Heat carried by benzol hydrocarbons in oil: 

06=936 X 0*52 X 135=65,600 kcal/hr, 
where thermal capacity of benzol hydrocarbons=0*383+0*001043 X 135 

=0*52 kcal/kg.deg. 

Thus total heat carried by liquid phase=3,985,600 kcal/hr. 

(3) Heat carried by oil vapours : 

(1^^649 X 116*7=75,500 kcal/hr, 
where heat content of oil vapours at 135°=62*2+0*403 t 
^ ==62^2+0*403x115 
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(4) Heat carried by vapours of benzol hydrocarbons : 

0.8=307 X 142-4 
=43,700 kcal/hr, 

where heat content of vapours of benzol hydrocarbons : 

i?=103-HC.tkcal/kg; 

C= thermal capacity of benzol hydrocarbon vapours 

20-7-I-0-026 t 
~ M 

20-7-f0-026xl35 
~ 83 


Then 


= 0-292 kcal/kg.deg. 

77= 103-f 0-292 X 135=142-4 kcal/kg. 


(5) Heat carried by steam vaporised from oil: 

0.9=602x656=394,000 kcal./hr. 


where 

656=heat content of steam in kcal/kg. 

Thus total heat carried by the vapour phase=513,200 kcal/hr. 

Total heat carried by the liquid and vapour phase together=4,498,800 kcal/ 
hr. 

(6) Assume heat losses from the heater to the surroundings=0-5 percent of 
heat given by steam, i.e. 

0.19=0-005 X 0,i- 


.-. Total heat output: 

O.o«i=4,498,800+0-005 0.4- 

Balancing heat input with output, the heat given by the steam is: 

2,566,600+04=4,498,8004-0-005 0.4- 

.•. 0.4=1=941,900 kcal/hr. 

Heat losses: 

0.19=0-005x1941900 
=9,700 kcal/hr. 

Steam consumption by heater (without considering the utilisation of heat 
of condensate): 




Z,=latent heat rfbsMadenSa'tion of steam in kcal/kg. 


where 



RAW BENZOL PRODUCTION 


189 


Assume saturated steam of 6 atm pressure and 158-1° temperature, when 
£,=499-9 kcal/kg. 

Then 


1,941,900 

499-9 


Q nnn i_ 


HEAT BALANCE OF HEATER 
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Required quantity of pipes in one pass : 

Ai 

0-785 d-^ 

0-0185 

“0-785 X 0-021'^ 

=54 

Use a 8-pass coil; then it is necessary to have the following number of 
pipes: 

54x8=432. 

When there are 11 hexagonal sections, 439 pipes will be placed in the 
tubular grating. 

The total cross-sectional area of pipes; . 

Ai=Q-185d^xn 

=0-785 x 0-02Ux 439 
=0-152 m2. 

The actual oil velocity : 

Vo 

moAi 

60x8 

“ 3600x0-152 
=0*88 m/sec. 

Reynolds number 

i?fi=1000x 

0-88x0-021x1020 
= 1000x- ^ - 

=51,000. 

Prandtl number: 

Jx 

where 

/A=viscosity of oil=0*3 7 centipoise ; 

C= thermal capacity of oil at 112*5° 

=-i-X (0-403-1-0-00081 X 112-5) 

1-06 

=0*48 kcal/kg. deg 

ir= thermal conductivity of oil at 112*5° 

=360 (0*000311 +0-00000342 X112-5°) 

= 0*25 kcal/m. hr. degi 
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Then 


Pr= 


0-48 x0-37x 3*6 
0*25 


=2*56 

Heat transfer coefficient from wall to oil is determined by the following equa¬ 
tion : 

^2==jVMX 


where 


.*.^2 


.Ym=0-023 

=0-023 X 510000-8 X 2-560-^ 
= 196. 

196x0-25 


= 2,330 kcal/m. hr. deg. 


0-021 

Heat transfer coefficient from steam to wall is assumed : 

Ai= 10,000 kcal/m^. hr. deg. 

The overall heat transfer coefficient from steam to oil: 

1 


t7=- kcal/m-. hr. deg. 

. d . I 

hi 


K + 


When deposits are of 2 mm thickness and have 1 kcal/m. hr. deg thermal con¬ 
ductivity, the overall heat transfer coefficient becomes: 

1 

1 . 0-002 , 1 


Z7=- 


10000 ' 1 2330 

=396 kcal/m®. hr. deg. 

Logarithmic mean temperature difference between steam and oil is : 


158-r 


90° 


steam 

oil 


158-1° 


135° 


— 


68-1-23-1 


2-3 log 


68-1 

23-1 


=41-6° 


Required heat transfer ^r^ : 


r 


^=0-995 


> . ij 

(ti 




-•I'rivv} 


118m®. 


:396X'41-6>‘ 
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The required length of pipes of 21 mm internal diamter : 



118 

314x0*021x439 
=4 m. 


The diameter of the heater : 

d=2{xa-\-a') 
=2(11 x35 + 35) 
= 840 mm. 


where x =number of hexagonal sections =11, 

^z=spacing of pipes=35 mm 

and ^'=distance of end pipes from the heater wall=35 mm. 

in Colunm For Distilling Raw Benzol From Oil 
(1) Principle of Action and Construction 

In the new by-product coking plants distillation columns of Giprokoks 
design having productivity of 80 to 180 m^ oil per hour are used for distilling 
benzol hydrocarbons from wash oil. The column and a number of other 
equipment viz. regenerator, dephlegmator, heat exchangers and heater are 
installed outside the building. 

The distillation of benzol hydrocarbons from wash oil is achieved with the 
help of live steam (from steam turbines) of 3 to 4 atm pressure. The principle 
of action of the benzol column consists in the following (Fig. 33). The wash 
oil saturated with benzol hydrocarbons is heated in the heaters and continu¬ 
ously fed into the noiddle part of the column through a side tube. The 
distillation of benzol hydrocarbons is so carried out that the oil flows from the 
top to the bottom through the plates and steam is directed counter-current to 
the oil flow. The steam blows off the benzol hydrocarbons from oil and carries 
thto to the upper part of the column. Vapours from the heater are also 
directed to this point. The lower part of column serves to strip off the oil from 
benzol and is known as the stripping section of the column. Condensation 
of oil vapour takes place in the upper part (dephlegmation part) of the 
column. These oil vapours are thus separated from the lighter benzol hydro¬ 
carbons. 

As seen in Fig. 33 the benzol column is made of welded iron shells of thick¬ 
ness 8 mm. The body of the column is also welded. A plate is made of 12 
forged iron troughs supported on' a groove of a metallic frame on a packing 
of asbestos ropes and fastened baffles. The troughs are covered by longitu¬ 
dinal hoods, , 
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Fig. 33. benzol distillation still 
1-12 : Plates of Stripping Section. 
13-22 : Plates of Enriching Section. 


Vapours from each lower plate pass uniformly through all the twelve open¬ 
ings between the troughs and after bubbling through the oil enter below the 
hoods in the troughs. 

The live cross-sectional area of the plate equals the total area of the longi¬ 
tudinal appertures formed by the ends of the troughs. 

The height of liquid level in the troughs is achieved by the installation of 
a metallic plate at a certain height. The metallic plate is bolted to the over¬ 
flow weir. The weir has a slit in the place of bolting and this allows its verti¬ 
cal displacement by 20 mm either way. In these ranges it is also possible to 
regulate the height of the liquid layer on each plate of the column. 

The arrangement of a distillation column is described in details in special 
literature on the subject. 
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(2) Design of Benzol Column 

Material balance of the lower stripping section of the column 

The following quantity of liquid phase in the heated oil enters into the 
lower part of the column : 




kgjhr 

Wash oil 


58,351 

Benzene 


575 

Toluene 


213 

Xylenes 


74 

Solvents 


74 


Total 

59,287 


The degree of distillation of components from the oil in the lower part of 
the still depends on the following factors : 

(i) vapour pressure of components and hence heating temperature of oil, 

(n) pressure in the column, 

[in) number of plates and 
[iv) quantity of steam fed to the column. 

These four factors are connected with degree of distillation of each compo¬ 
nent by the following equation : 



where 7]f=degree of distillation of each component, 

;2=:number of plates in the lower part of column, 

equilibrium constant for each component determined by the equa¬ 
tion : 



vapour pressure of a component in mm Hg, 

P= total pressure in column in mm Hg 

and /== ratio of the quantity of moles of oil to the quantity of moles of 

steam fed. 

For the determination of the degree of distillation of each component, it is 
necessary to know oil temperature, column pressure, plate number and steam 
consumption. As a result of calculation of the degree of distillation of ^ch 
componeni it is possible to determine the residual content of components in tlie 
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absorbent at the outlet of the column i.e. in the debenzolised oil. If the calcu¬ 
lated content of benzol hydrocarbons in the debenzolised oil is higher than the 
given value then it is necessary to increase the number of plates in the column 
or to increase the steam consumption or to raise the heating temperature of oil 
If on the other hand the residual content of benzol hydrocarbons is less than 
necessary then these factors have to be lowered. 

Assume outlet oil temperature ; 

^=130^ 

steam consumption : 

G#}=4,100 kg/hr 

and plate number in the lower part of the column 

72=^12. . 

Then we have 

7 _ Go X Ms 

~'GsXMo 

__5835U^8 
4lU0 :< i 70’ 

--T51 moles oil/mole steam. 

Vapour pressures of components at 135° in mm Hg are 

^=2,824, 

Pt=h350, 

Px=625, 
ps--~S00 
and po~ 60. 

When TOlumn pressure is 830 mm Hg, equilibrium constant for each compo¬ 
nent will be : 


r 2824 „ , 

830 


7 1350 , 

830 

830^*^ 


*,=| 52 = 0-364 


and =^0*0723. 
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Thus the degree of distillation of each component will be : 



= 0-995: 



0-364 
~ 1-51 
=0-241; 



0-0723 

/-w___ 

~ i‘51 
=0*0478. 


Thus the following are vaporised in the lower part of the column : 


Kgjhr 


Benzene 

575x0-995 

== 

572 

Toluene 

213x0-89 

==. 

190 

Xylenes 

74x0-496 


37 

Solvents 

74x0-241 

r= 

19 

Wash oil 

58351x0-0478 

===== 

2790 


Total 


3,608 
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The following still remain in the liquid phase: 


Benzene 

575 

Toluene 

213 

Xylenes 

74 

Solvents 

74 

Wash oil 

351 


kglhr 


572 

3 

190 

23 

37 

37 

19 

55 

Total 

118 

2790 

55,561 

Total 

55,679 


Since the quantity of raw benzol remaining in the debenzolised oil is 118 
kg/hr and this corresponds to its given content in the debenzolised oil introduced 
to the scrubbers then it follows that the chosen conditions (temperature, steam 
consumption, number of plates) appear to be correct. 

The material balance of the lower part of the column is presented in Table 8. 

Table 8 



Incoming to lower 

Components 

part of column. 


kglhr 

Benzene 

575 

Toluene 

213 

Xylenes 

74 

Solvents 

74 

Wash oil 

58,351 

Steam 

4,100 

Total 

63,387 


Outgoing from lower part of column, kglhr 


to upper part of 
column 

to debenzolised oil 

Total 

572 

3 

575 

190 

23 

213 

37 

37 

74 

19 

55 

74 

2,790 

55,561 

58,351 

4,100 

— 

4,100 

7,708 

55,679 

63,387 


Alaterial balance of the upper dephlegmation part of the column 

Vapours from the heater and the lower part of the column enter into the upper 
part of the column. The total quantity of these vapours is given in Table 9. 

Table 9 


Incoming, kgjhr 


Components 

from heater 

from lower part of 
column 

Total 

incoming, 
mo Is/hr 

Benzene 

249 

572 

821 

10*53 

Toluene 

46 

190 

236 

2*57 

Xylenes 

8 

37 

45 

0*42 

Solvents 

4 

19 

23 

0*2 

Wash oil 

649 

2,790 

3,439 

20*2 

Steam 

602 

4,100 

4,702 

261 


Total 


1,558 


7,708 


9,266 


294*92 
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In the upper part of the column condensation of oil vapours takes place; the 
temperature drops down only by a value corresponding to the beginning of the 
condensation of oil and steam together ; therefore the number of plates should be 
such that it must not allow the condensation of steam while a large part of oil 
vapours is to be condensed. The temperature of vapours leaving the column 
therefore must be somewhat higher than the temperature of the oil-water 
eutectic mixture. 

The maximum number of plates of the upper part of the column, at which 
the eutectic temperture is achieved at the outlet is determined by the following 
formula : 

L ^ Yoe\ 

X Tp" ) 

5 ' ^ sc / 

where 

72«2aa;=maximum number of places, 

molar heat of condensation of oil vapours in kcal/mol, 
^=heat losses by the column surface per plate in kcal/hr, 
^7Zoj^=mols of oil entering the column, 

con tent of oil vapours in the eutectic, 

Tse=content of steam in the eutectic 
and mols of water entering the column 

The composition cf the eutectic mixture is determined by the following equa¬ 
tion : 



and Tse=l--Yoc, 

where 

P= total pressure at the column outlet in mm Hg 
and 4=eutectic point, °G ; 

The eutectic point is determined by following equation : 


33-5 

Assume pressure at the column outlet: P=800 mm Hg; 
then 

= 100-5°. 

Thus the lower permissible temperature of vapours is 100-5°. The composi¬ 
tion of these vapours is: 

_0-8x 100-5-63 
800 

=0-0218 

and rs.=0-9782. 
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The heat of condensation of one mole of oil: 

L=62*2x 170=10,600 kcal/mol. 

For determining heat losses (q) assume column diameter {d) 2.3 m, distance 
between plates {a) 0*75m, wall temperature (iw) 125° and air temperature (4) 
25°. 

The heat transfer area for one plate : 

A=7zda—3^ 14X2*3 X 0‘75=5‘4m^. 

The coefficient of heat transfer by convection : 

Ac=5*3+3'6z;, 

where 

z;=wind velocity=3 m/sec. 

Then 

/z^ = 5*3 + 3‘6x 3=16T kcal/m^. hr. deg. 

The coefficient of heat transfer by radiation : 


A^=0*94x4*96xV 


/125 + 273\ 


100 


H 


254-273 y 


100 


125-^25 

= 8*0 kcal/m^.hr. deg. 

The quantity of heat lost by one plate : 

q= — is) 

= 06*1+8*0)5*4(125-25) 

= 13,000 kcal/hr. 

Thus the maximum number of plates in the upper part of column is : 


10600 


:^ 20 - 2 - 


261 X 


0-0218\ 
0-9782 ) 


Assume the number of plates (n) is less than the maxium number and equals 
10. The actual composition of vapours leaving the column (if there are 10 
plates) is determined by the following equation : 




261 


26l+20-2-tLx_1300Q 

10600 


=0-97. 







Outgoing, kgjhr 


Components 

Incoming, kgjhr 

To dephlegmaior 

Condensed 

Total 

Benzene 

821 

821 


821 

Toluene 

236 

236 


236 

Xylenes 

45 

45 


45 

Solvents 

23 

23 


23 

Wash oil 

3,439 

1,379 

2,060 

3,439 

Steam 

4,702 

4,702 


4,702 

Total 

9,266 

7,206 

2,060 

9,266 


MATERIAL BALANCE OF THE ENTIRE COLUMN 


Entering to the column, kgjhr Leaving the column, kgjhr 


Liquid phase 

59,287 

From lower part of column 

55,679+2,060=57,739 

Vapour phase 

1,558 

From upper column 

7,206 

Distillation steam 

4,100 



Total 

64,945 

Total 

64,945 
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The material balance of the column (component-wise) is given in Tabic 1L 

Table 11 


Components 

Incomings kgjhr 

Total 

Outgoing, kgjhr 

Total 

Liquid 

phase 

Vapour 

phase 

Liquid 

phase 

Vapour 

phase 

Benzene 

575 

249 

824 

3 

821 

824 

Toluene 

213 

46 

259 

23 

236 

259 

Xylenes 

74 

o 

o 

82 

37 

45 

82 

Solvents 

74 

4 

78 

55 

23 

78 

Wash oil 

58,351 

649 

59,000 

57,621 

1,379 

59,000 

Steam from oil 

_ 

602 

) 







} 4,702 

— 

4,702 

4,702 

Distillation steam — 

4,100 

J 




Total 

59,287 

5,658 

64,945 

57,739 

7,206 

64,945 


Heat balance of the column 

Heat input : (1) Heat carried by liquid phase (vide calculation of heater) : 

0^1 = 3,985,600 kcal/hr. 

(2) Heat carried by vapour phase (vide calculation of heater) : 

0^2=513,200 kcal/hr. 

(3) Heat carried by steam : 

0,3--4,i00x 654*9 
=2,680,000 kcal/hr. 

Assume saturated steam with the following properties: 

P=4 atm, 

Pfrrz 654*9 kcal/kg 
and if= 142*9°. 

Total heat input : 

0,^«=7,178,800 kcal/hr. 

Heat output: (1) Heat carried by vapours from column at 102° : 

(i) Heat of oil vapours : 

^ 1 =1,379 X 103*7=143,000 kcal/hr, 
where heat content of oil vapours: 

: P/=62'24-0-403X 102=^ 103*7 kcal/^^ 
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{ii) Heat of steam : 

$2=4,702 X 640=3,000,000 kcal/hr, 
where 640=heat content of steam at 102° in kcal/kg ; 

{Hi) Heat of vapours of benzol hydrocarbons : 

$ 3 = 1,125 X 131-7=148,000 kcal/hr, 
where 103-1-0-281 X 102 = 131-7 kcal/kg. 

Total heat carried by the vapour phase : 

0,5=3,291,000 kcal/hr. 

(2) Heat carried by liquid phase from column at temperature, t : 

(i) Heat carried by oil ; 

$ 1 = (55,5614-2,060) x 0-493 Xi! 

= 28,400 X t kcal/hr ; 

C=-^— X (0-4034-0-00081 x 130) 

V 1-06 

=0-493 kcal/kg,deg, 

where 130 = assumed temperature of outgoing oil 
(a) Heat carried by benzol hydrocarbons : 

^2=118x0*52 yit 
= 61 X t kcal/hr ; 

(C=0-383 + 0-001043 X 130 
=0*52 kcal/kg.deg.) 

Total heat carried by liquid phase : 

Q^g=28,461 xt kcal/hr. 

(3) Heat lost to the surroundings : 

(i) Heat lost by the upper part of the column : 

^ 1 = 13,000 X 10=130,000 kcal/hr, 

where 10 = number of plates 

and 13,000=heat losses per one plate in kcal/hr ; 

(ii) Heat lost by the lower part of the column : 

Assume the lower part of the column is insulated, then 
^ 2 = 12 (Ac+Ar) A {tw—ts), 
w-here-^ 10 = 60 ® and 4=25^. 

The coefficient of heat transfer by convection at wind velocity of 3 m/sec. 
^c=5*3 + 3*6x3==;16T kcal/m^.hr.deg. 
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The coefficient of heat transfer by radiation : 

f273+60Y f 273 + 25\^ 

100 j I, iOO j 

=4*7 kcal/m^.hr. deg. 

When the diameter of the insulated column is 2* 5m and the height of the 
segment is 0*75m the surface area of the insulated segment is: 

^=3*14x2*5x0-75 = 5*9m*A 

Then 

(/2=12x5*9 (16*1+4*7) (60-25) 

=51,500 kcal/hr. 

Total heat loss to the surroundings: 

0^7=181,500 kcal/hr. 

Total heal output 

0^,^^ = 3,472,500+28,461 x^ kcal/hr. 

Balancing heat input with output: 

7,178,800=3,472,500+28,461 t. 

Hence the temperature of exit oil: 


^= 130 ° 

OVERALL HEAT BALANCE 


Inputs kcaljhr 


Outputs kcaljhr 


with liquid phase from heater 

3,985,600 

with vapour phase 

3,291,000 

with vapour phase from heater 

513,200 

with liquid phase 

3,706,300 

with distillation steam 

2,680,000 

heat losses 

181,500 

Total 

7,178,800 

Total 

7,178,800 


Determination of column diameter 

From the lower part of the column and the heater 294*92 mols of vapours 
per hour (vide calculation of the upper part of the column) enter into the 
upper part of the column. The volume of these vapours at 135° and 830 mm 
Hg will be : 


7=294*92x22*4 X 


273+135 

273 


760 

830 


=9,050 m^/hr. 

The velocity of vapours in the column is assumed to be 0*5 to 0*6 m/sec 
when the distance between the plates is 600 mm. 

Let 

t;=0*55 m/sec, 
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then the required ci'oss-sectionai area of the column : 

9050 

^“"0*55x3600 

=4*57 

and the internal diameter of the column : 



=2*4 m. 


IV Wasii Oil Regenerator 
(1) Function j Principle of Action and Construction 

Two methods of continuous regeneration of wash oil are now used in the 
by-product coking plants : 

(z)regeneration in tubular furnaces 
and (fz) regeneration by steam distillation. 

Practice has shown that the second method is the better one having the 
following advantages : 

{a) The process of regeneration is carried cut in the equipment of simple 
design ; 

{b) Steam used in the regeneration process can be further utilised for the 
distillation of benzol hydrocarbons from wash oil and thus the process of 
regeneration of wash oil practically does not I'equire any additional consump¬ 
tion of steam ; 

(c) Additional operational personnel is not required in the execution of the 
process 

and {d) The process is free from fire hazards. 

The design of steam regenerator system of Giprokoks is shown in Fig. 34. 

The equipment is essentially a \'ertical 5 welded cylinder of 5 to 6 m height 
and 2 to 3 m diameter. Horizontal steam heater tubes of total heating area 
of 36 to 50m2 are installed in the low^er part of the equipment. The equip¬ 
ment is properly insulated. Its productivity is TO to T5 per cent w^ash oil 
passing through the distillation column per hour. 

Situated below the heater tubes (1) is the system of bubbling tubes (2) 
through the opening of which superheated steam is fed and uniformly distri¬ 
buted over the entire cross-section. 

The wash oil for regeneration enters through the side tube (3). 

The heating of the oil is carried out by feeding the necessary quantity of 
steam to the heater (I). The temperature is to be raised up to 170 to 180° 
and for this, the steam must have a pressure of not less than 10 atm. Under 
these conditions the oil is subjected to heating and steam-distillation. 
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The mixture of oil vapours and steam ascend through the column and pass 



Fig. 34. steam regenerator for wash oil 

through the entrainer in which the liquid phase separates out and returns to 
the lower part of the equipment. 

Through the tube (6) the oil vapours and steam escape from the regenera¬ 
tor and enter into the lower part of the benzol column- The residual oil and 
polymers are continuously taken out from the regenerator through the side 
tube (4) in a quantity of 10 to 20 per cent of the incoming oil. 

(2) Design of Regenerator 

Material balance 

0 x1 enters into the regenerator from the second plate from above. 

The composition and quantity of products passing through this plate are 
determined on the basis of the degree of distillation of the components. 
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The degree of distillation of each component is determined by the equations 
of the following type : 

Let ?2=2, then we get : 

'- 0 * 694 : 


-==0*535; 


—0*333 ; 
-1 


-==0*194; 

-1 

—0*0455. 

-1 

are left in the oil on this plate : 


Benzene 

575 (1-0-694) 

Kglhr 

= 176 

Toluene 

213 (1-0-535) 

= 99 

Xylenes 

74 (1-0-333) 

= 50 

Solvents 

74 (1-0*194) 

= 67 

Oil 

58,351 (1-0-0455) 

= 55,691 


Total 

56,083 


1*51 
■ 3*4 


*/) 5 ^ 




I-5I 

1‘63 

\\- 63 ) 


'f\x - 


1-51 

0*755' 

filLV. 

Vo*755; 


-1 


'/]s— ■ 


1*51 

0*364 

1*51 \" 
0*364/“ 


1*51 

0*0723 ‘ 

V 0*0723 / 
The following quantities of components 
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Assume that 1 per cent of hourly quantity of oil i.e. 0*01 xSG^OSS^SGl kg/ 
hr enters into the regenerator. 

The quantity of components entering into the regenerator is : 




Kgjkr 

Benzene 

0*01x176 

1*76 

Toluene 

0*01x99 - 

0*99 

Xylenes 

0*01x50 - 

0*50 

Solvents 

li 

X 

o 

o 

0*67 

Oil 

0*10x55,691 = 

556*91 


Total 

560*83 


For calculation assume that the regenerator receives the entire quantity of 
steam (4,100 kg/hr) which is fed to the raw benzol column. 

The consumption of liquid phase in terms of the ratio of the mols of oil and 
hydrocarbons to the mols of steam is : 


561x18 
“ 170x4100 
=0*0145. 

Assume that the oil in the regenerator is heated up to 170° and distillation 
takes place at this temperature. 

For the determination of degree of distillation of each component it is 
necessary to use the equation similar for the lower part of the column, 
considering that the regenerator is equivalent to a plate- As shown by the 
calculation, the degree of distillation of benzene, toluene, xylenes and solvents 
is 100 per cent. Therefore, we shall determine only the degree of distillation 
of oil. 

The equilibrium constant is : 



The vapour pressure of oil at 170° : 

^0=270 mm Hg. 

Assume pressure at the regenerator outlet to be 860 mm Hg. 




270 

860 


=0*314. 
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Then the degree of distillation will be : 

V Ci-314 ) 

/0*0145Y'/“ 

^ \ 0*314; 

= 0*795; 

i.e. in the regenerator the quantity of oil distilled is 

0*795x556,91=444 kg 

and the quantity of oil remaining is 113 kg i.e. 20*5 per cent. 

Heat balance of regenerator 

Heat input : (1) Heat carried by oil: 

^1=561 X 135x0*498 
= 37,800 kcal/hr. 

(2) Heat carried by steam : 

0,2=4100 X 654*9=2,680,000 kcal/hr. 

(3) Heat of superheated steam = 0 , 3 . 

Total heat input: 

0,n=2,717,800+0,3 kcal/hr. 

Heat output : ( 1 ) Heat carried by liquid phase (in its continuous exit from the 
regenerator) : 

0,4= 113 X 170 X 0*525= 10,100 kcal/hr, 
where thermal capacity of oil at 170° : 

Ci=- J_:x (0*403+0*00081 x 170) 

V 1*06 

=0*525 kcai/kg. deg. 

(2) Heat carried by \-apouTS : 

(f) By oil vapours : 

^1=444x130*7=58,000 kcal/hr, 
where the heat content: 

i7=62*2+0*403x 170=130*7 kcal/kg; 

(ti) By steam : 

^2=4100 X 666*8 =2,740,000 kcal/hr, 

where 

//=654*9+0*44 (170-^142*9) 

= 666*8 kcal/kg; 
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(zn) By benzol hydrocarbons : 

{^3=3*92 X 154*3=600 kcal/hr, 

where 

103-1-0*302 X 170= 154*3 kcal/kg. 

The total heat carried by vapours : 

0,5=2,798,600 kcal/hr. 

(3) Heat loss to the surroundings is assumed to be 10 per cent of the heat 
given by superheated steam : 

Os. 

Total heat output: 

Oo«i=2,808,700+0*1 Os kcal/hr. 

Balancing heat input with output, we get heat given by superheated steam : 
2,717,800 + 03=2,808,700+0*1 Os; 
hence Q^z=l0lfi00 kc^ljliY. 

Use steam of 100 atm pressure, 179° temperature and 483*1 kcal/kg latent 
heat of condensation (L). 

Then the quantity of superheated steam given to the regenerator for 
heating : 

101,000 

483*1 

=210 kg/hr. 

Thus the total consumption of steam in the shop is: 



kglhr 

in the wash oil heater 

3,900 

in the raw benzol column 

4,100 

in the regenerator (superheated steam) 

210 

Total 

8,210 


Therefore steam consumption for recovery of one kg raw benzol in the 
scrubbers is : 

^210 7 ., 

7T^=7-3 kg. 


HEAT BALANCE OF REGENERATOR 


Inputy kcaljhr 

(1) Heat carried by oil 37,800 

(2) Heat carried by steam 2,680,000 

(3) Heat of superheated steam 101,000 


Outputy kcallkr 

(1) Heat carried by liquid phase 10,100 

(2) Heat carried by vapour phase 2,798,600 

(3) Heat losses 10,100 


Total 2,818,800 


2 , 818,800 
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Determination of heating area of the heater in the steam regenerator 

The coefficient of heat transfer from the wall of the heater to the oil is 
determined by the formula : 

^ 2 = 245 ®^^“—“ 

where 

4 —average oil temperature™ 152°, 
p=oil viscosity at 150°=0*09 centipoise 
and /M;=wall temperature of heater 
= 172° (assumed). 

Therefore 

o.. 172-152 

0-09 

= 1,485 kcal/m2. hr. deg. 

Assume the coefficient of heat transfer from saturated steam to the wall, 
/zi= 10,000 kcal/m2. hr. deg, when the deposit thickness=l mm, its thermal 
conductivity, K=0*5 kcal/m.hr.deg, the wall thickness = 3 mm and its K=50 
kcal/m.hr.deg. 

Then 

Ij^ . - 1 - 

1 0-003 , 0-001 ^ 1 

10000 50 ‘ 0-5 1485 

= 353 kcal/m^, hr. deg. 

Check wall temperature: 

f^=I70+ — 

^ 353 (179-170) 

• 1485 

= 172°* 

Required heat transfer area : 



101000 

”353 (179-170) 
=31-8 m2. 


V Deplilegmator 
(1) Fanctioii and Gonstructioii 

The main function of the dephlegmator is to free the vapours leaving the 
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benzol column from oil and water by means of cooling and partial condensa¬ 
tion and to increase the benzol content of vapours. As a result of the conden¬ 
sation of vapours the wash oil gets heated and the remaining part of heat is 
taken up by cooling water. 



Fig. 35. dephlegmator oe benzol still 

The condensate from the dephlegmator i.e. mixture of oil and water enters 
into the separator situated below the dephlegmator. In the separator the con¬ 
densate is divided into two layers. 

Remaining oil leaves through the side outlet of the separator and is sent 
back to the cycle (to the saturated oil after the scrubbers). Water is sent to 
the settling tank. 

In order to derive large values of coefficient of heat transfer in the dephleg¬ 
mator the coils are provided with a number of passes so that the oil velocity 
in the tubes is increased. 

The lower coils are cooled by separated wash oil flowing through the tubes 
and the upper coils are coaled by cpolii^ water.. 

The dephlegmator made of two oil coils and one water coil is shown in 
Fig. 35, 
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(2) Design of DepMegmator 

Material balance 

The foliov/ing quantities of vapours enter into the dephlegmator from the 
column at 102° : 




Kgfhr 

molsjhr 

Benzene 


821 

10-53 

Toluene 


236 

2-57 

Xylenes 


45 ^ 

0*42 

Solvents 


23 

0-20 

Oil 


1,379 

8-10 

Steam 


4,702 

261-00 


Total 

7,206 

282-82 


The temperature of vapours at the outlet from the dephlegmator may be 
determined by the following equation : 

62+(i642+P)& 

0-8+24-2 b ’ 

where P—total pressure at the dephlegmator outlet in mm Hg, 

^—coefficient determined by the formula : 

, lOO-D 


where Z)== distillate of raw benzol up to 180° in weight percentage ; 

average molecular weight of benzol hydrocarbons 
and ilPo=molecular weight of wash oil. 

Assume 

£)=90 per cent 
M»=83 

and Afo—170 

then 




10 


83 

170 


=0-0543. 


When the total pressure at the dephlegmator outlet: 


P=780 mm Hg, 


62+(1642+ 780) 0-0543 
0-8+24-2 x 0-0543 


we have 
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Since the distillate up to 180° in raw benzol is 90 per cent then the actual 
weight of raw benzol is; 

1125 

-^ = 1,250 kg/hr, 


where l,125=the quantity of raw benzol (up to 180°) entering into the deph- 
legmator. 

Consequently, the content of oil in raw benzol is 

1,250-1,125=125 kg/hr. 

=0*735 mols/hr. 

The remaining quantity of oil is 

1,379-125=1,254 kg/hr; 
this is condensed in the dephlegmator. 

The vapour pressure of water at 91*7°: 

P^=560‘7 mm Hg. 

The vapour pressure of oil at 91*7°: 

Po=li*4mm Hg. 

Then the quantity of steam leaving the dephlegmator : 


560-7x0*735 

11-4 


=36-2 mols/hr=650 kg/hr. 


The quantity condensed is: 

4,702-650=4,052 kg/hr. 

The material balance of the dephlegmator is given in Table 12. 

Table 12 


Components 

Incoming 

kg! hr 

molslhr 

Condensate 

kglhr 

kglhr 

Outgoing 

molslhr 

Benzene 

821 

10-53 

— 

821 

10'53 

Toluene 

236 

2*57 

— 

236 

2-57 

Xylenes 

45 

0*42 

— 

45 

0-42 

Solvents 

23 

0-20 

— 

23 

0-20 

Oil 

1,379 

8-10 

1,254 

125 

0*735 

Water vapours 

4,702 

261-00 

4,052 

650 

36*2 

. 

Total 

^206 

282-82 

5,306 

1,900 

50-655 
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Heat balance : 

Heat input : Heat carried by the vapours from the column (vide calculation of 
the upper part of the column) : 

Q,i=Q,^n==35291jOOO kcal/hr. 

Heat output : (1) Heat carried by vapours to the condensers : 

(i) Heat carried by oil vapours : 

^i== 125x99*2= 12,400 kcal/hr, 

where 

i^=62*24-0*403x91*7 
=99'2 kcal/kg; 

{ii) Heat carried by steam : 

5^2=650x636=415,000 kcal/hr, 

where 636=the heat content of steam at 91*7° ; 

{Hi) Heat carried by vapours of benzol hydrocarbons : 

^3=1125x129=145,000 kcal/hr, 
where 103+0*28 x 91*7= 129 kcal/kg. 

Total heat carried by the vapour phase : 

0,2=572,400 kcal/hr. 

(2) Heat carried by phlegma : 

(z) Heat carried by water : 

^1=4052x1x91*7 
=372,000 kcal/hr; 

{ii) Heat carried by oil: 

^2=1254x91*7x0*47 
=54,000 kcal/hr, 

where 

c=- J_xco^os+o-ooosixsi-y) 

s/i-m' 

=0*47 kcal/kg.deg. 

Total heat carried by the phlegma : 

03=426,000 kcal/hr. 

(3) Heat taken out by the cooling medium (water and oil separated by 
benzol) in the dephlegmator—O 4 

/. Total heat output: 

0.^^=998,400+ 04- 

Balancing heat input with output, the heat given to the dephlegmator is : 
04=2,292,600 kcal/hr. 
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Assume that a part of heat is taken out by oil and the remaining by cooling 
water. 

Assume that oil is heated in the dephlegmator from 30° to 70°. Then the 
quantity of heat taken out by the oil: 


where 

and 

where 

Again 

where 

and 

Therefore, 


(Io=q:o-q:o. 

Q/o=heat content of oil at 70° 

Q^"o=heat content of oil at 30° 

= (59000 X 0*415+1243 x 0*414+602) 30 

= 7603600 kcal/hr, 

0*415 = thermal capacity of oil at 30°, 
and 0*414=thermal capacity of benzol hydrocarbons at 30°. 

(59000 X 0*446+1243 X 0*456+602) 70 
= 130233000 kcal/hr3 

0*446=thermal capacity of oil at 70° 

0*456=thermal capacity of benzol hydrocarbons at 70°. 

0,0= 1,923,000-769,600=1,153,400 kcal/hr. 


Heat given by cooling water : 


Q,,=23292,600-13 153,400 
= 1,139,200 kcal/hr. 

The consumption of cooling water at its inlet temperature of 25° and outlet 
temperature of 45° is : 


W= 


1139200 

45-25 


=56,960 kg/hr 
==57m®/hr. 


Determination of cooling area of dephlegmator 

The calculation of the heat transfer area of the dephlegmator is carried out 
over three periods: 

(1) Condensation of oil vapours at temperature range of 102—9 T 7° with 
heat absorption by wash oil; 

(2) Condensation of steam and oil vapours at 91*7° with the absorption of 
heat by wash oil; 

(3) Same with the absorption of heat by cooling water. 

Heat transfer for the first period is determined in the following way; 

The heat carried by vapours to the depHegnnator : 

0,1=3,291^000 kcal/hr. 
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The heat content of vapours in the beginning of second period : 

(f) Heat carried by steam : 

^1=4702x636=2,990,000 kcal/hr, 

where 636=heat content of water vapours at 91*7° ; 

{ii) Heat carried by vapours of benzol hydrocarbons ; 

^2=1125 (103+0*28x91*7) 

= 145,000 kcal/hr; 

(m) Heat carried by oil vapours : 

^3=(62*2+0*403x91*7)a 

Since the quantity of steam is 261 mols and the vapour pressure of water 
at 91*7° is 560*7 mm Hg and the vapour pressure of oil at 91*7° is 11*4 mm Hg, 
then the quantity of oil in the eutectic mixture at 91*7° will be: 


mo~ms X'" 


261 X 

=5*3 mol/hr 
=900 kg/hr. 

(7=900 kg/hr. 

Then 

^3= (62*2+0*403 X 91 * 7) 900 
=89,300 kcal/hr. 

The heat carried by the condensed oil in a quantity 
1379-900=479 kg/hr is: 
^^=479x0*47x91*7=20,600 kcal/hr. 

The total heat content of vapours at the beginning of second period is: 

Q,2=-3,244,900 kcal/hr. 

Consequently, the heat taken out in the first period is : 

0,1== 0,1-0,2-3,291,000---3,244,900 
=46,100 kcal/hr. 

Heat taken out in the second period : 

0n=0p—0.i 

= 1,153,400-46,100= 1,107,300 kcal/hr. 
Heat taken out in the third period 

1,139,200 kcal/hr. 

The intermediate temperature of oil 4 is determined by the equation : 


too — 70— 


461Q0 
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where 


then 


P1/^=water equivalent of oil at 70° 
=.q;,/ 70= 1,923,000/70 
= 27,400 kcal/deg ; 


4=70— 


46100 

27400 


=68*3°. 


Temperature conditions of the dephlegmator : 

vapours of benzol hydrocarbons 
102° 91-7° 91-7° 

I period II period 

70° 68-3° 30° 

Oil 


91*7° 

III period 

45° 25° 

Water 


Design of oil coils 

Take tubes of diameter 36/38 mm 
The critical oil velocity : 


z;cr==2*32 X 


dxp 


The density of oil at average temperature of 50° in the I and II periods : 


1060 _ 

1-. U*()5()4U2 '50 !5j 

= 1,045 kg/m^. 

The viscosity of oil at 50° : 

ju,=6*25 centipoise. 

Then 

. _2.32x_ 

0-033x1045 

= 0-42 m/sec. 

The required cross-sectional area of tubes : 

A - ^ 

3600 B ’ 


where T=volume rate of oil=59000/1045—56'5 ni®/hr; 
then 



56-5 


3600x0:42 


=0-0374 m?. 
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The required number of tubes in one pass : 

0-0374 

”~0-785x 0-0332 


=44. 

When there are 6 passes it is necessary to have 264 tubes. Assume the 
number of tubes placed in 8 hexagonal sections to be 241. Then the live cross- 
sectional area of the tubes: 

A[=241 X0-0332X 0-785= 0-206 m®. 


Firsi period 

The actual velocity of oil in the tubes in the first period : 

6xF 

3600x0-206 ■ 


The density of oil at average temperature of the first period (69°) : 

1060 

‘’”1-1-0-000402 (59-15) 

= 1,040 kg/m®. 


Then the volume rate of oil: 


and the oil velocity : 


F= 59000/1040 
=56-7 m®/hr, 


6x56-7 

3600x0-206 


0*458 m/sec. 


Reynolds number: 

i?«=1000x—^ 


The viscosity of oil, /to at 69° is 2-53 centipoise. 
Then 


i?«=1000x- 


0-458x0-033x1040 

2-53 


Prandtl number: 


= 6 , 200 . 


Pr=3-6x 


C/j, 

TC' 


The thermal capacity of oil: 

- — xfO-403-1-0-00081 x69) 

V 

=0*437 kcal/kg. deg. 
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Then thermal conductivity of oil: 

-^=360 (0-000311+0*00000342x69) 
=0T97 kcal/m. hr. deg. 

Then 


Nusselt number : 


Pr=3*6x- 


0-437 X 2*53 
0-197 


= 20 - 2 . 


A^z^=0-023 P^o-8PrO-+<<I) 

=0-023 X 62000-8 X 20-2o-« x 0-94 
= 77-5. 

The coefficient of heat transfer from wall to oil: 

h%z=z]\!ux 


= 77-5x 


0-197 

0-033 


=463 kcal/m^. hr. deg. 

The coefficient of heat transfer from condensing vapours of oil to wall: 


Ai=7200x—, 

Mo 


where iro=thermal conductivity of oil at the average temperature of conden- 
102+91-7, 

sation of (-g- =: \ 97 

= 360 (0-00031 + 0-00000342x97) 

=0-232 kcal/m. hr. deg; 

^to—oil viscosity at 97°=0*7 centipoise. 

Therefore 


Ai=7200x^^ 

=25380 kcai/m^. hr. deg. 

Overall coefficient of heat transfer after considering the resistance of deposits 
will be : 


Ur- 


1 


0-003 


2380 50 


0*001 + 


463 


=275 kcal/m^hr. deg. 
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The logarithmic mean temperature difference in first period 


(102 — 70) — (91 *7—68*3) 

— 09 

2*3 loff r-±. . 

^ 23*4 

=27*3°. 

The required heat transfer area for the first period : 


Ai= 


- 

46100 

275x27*3 


=6 m^. 


Second period 

The actual velocity of oil in the tubes : 


v= 


56*5x6 


3600x0*206 
-0*457 m/sec. 


where F=59000/i045=56*5 m^/hr. 
Reynolds number : 


ie^=:iooox 


vdp 

P' 


__innnw 0*457x0*033x1045 
^ luuu X ^ - 

=2,520, 

where /x=viscosity of oil at average temperature of 50"" 

= 6*25 centipoise. 

Prandtl number : 


Pr= 3-6 x% 

Jx 

_ 3-6 X 0-411 X 6-25 
0-174 

=53-2, 

where C=thermal capacity of oil at 50°=0-411 kcal/kg. deg 
and -K‘= thermal conductivity of oil at 50°=0-174 kcal/m. hr. deg. 

Nusselt number: 

JVa=0-023 i2«o-8xPr0-«<I> 

=0-023 X 25200-8 X 53-2°-* X 0-52 
=30-8 
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The coefficient of heat transfer from wall to oil: 

h^Nux^ 

a 

_30*8x 0-174 
” 0-033 

= 162 kcal/m^ hr. deg. 

The coefficient of heat transfer from steam to wall: 

Ai=l3,500 kcal/m^. hr. deg (vide calculation of coils). 
Overall heat transfer coefficient: 


f/n=- 


1 


1 


1 


+ 0 - 001 - 


0-003 

50 


13500 ‘ 162 
= 137 kcal/m2. hr. deg. 

Logarithmic mean temperature difference in the second period : 




(91-7-30)-(91-7-68-3) 

2-3 log^^ 

'=23-4 

=39-5. 

The required heat transfer area for the second period ; 


_ 0,11 

UuAtm^ 

1107300 
“ 137x39-5 
=204 m2. 


The total heat transfer area for the oil coils : 

.4=204+6=210 m*. 


The required length of tubes : 

210 

^“3-14x0-033x241 
=8-4 m. 

Use three coils with length of tubes 2-8 m each. 


Design of water coils for third period 

Use the same coils as for oil. The rate of water flow in the tubes: 


57X6 

: 3600 x 0-206 


=0*46 in/sec. 
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Reynolds number: 


Prandtl number 


J?.?=1000x 


0*46x0*033x1000 

0*725 


= 21 , 000 . 


P;*=4*84. 


Nusselt number: 

M=Q'023 

=0*023 X 210000*3 X 4*840*4 
= 126. 

Then 

, ,, K 0*538 

h 2 ^Mx-j- = l26x *^033 

=2,050 kcal/m^. hr. deg. 

The coefficient of heat transfer from the condensing vapours of oil and steam 
is determined by the following equation : 

I Q,o~\'hsX Q^s 

*•“ a.+£i.—■ 


where =7200 X ^^=7200 x-~ 

= 14,000 kcal/m^. hr. deg; 

P's=thermal conductivity of water at 9T7° 

=0*585 kcal/m. hr. deg; 

viscosity of water at 91*7° 

=0*30 centipoise; 

jr n*99R 

ho== 7200 X—=7200 X 

fto 0*90 

= 1,700 kcal/m^. hr. deg. 

P' 0 =thermal conductivity of oil at 91*7° 

=360 (0*000311+0*00000342x91*7) 

=0*223 kcal/m. hr. deg; 
jao=oil viscosity at 91*7° 

=0*95 centipoise; 

0 ^ 0 =heat of condensation of oil 

= 143,00-12,400=130,600 kcal/hr; 

Q,s=heat of condensation of steam 

=3,000,000-415,000=2,585,000 kcal/hr; 

143,000 and 3,000,000=quantities of heat carried by the vapours of oil and 
steam to the dephlegmator from the column in 
kcal/hr (vide calculations for column) ; 
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12,400 and 415,000=quantities of heat carried from the dephlegmator to 
the condenser by the vapours of oil and steam in kcal/hr. 

Thus: 


_ 1700x130600+14000x2585000 
130600+2585000 
= 13,500 kcal/m^. hr. deg. 

Overall heat transfer coefficient considering the thermal resistances of 
the water side deposits and material of tube : 


f7=- 


1 

13500 


1 

+ 0*002 + 


0*003 1 

50“"^ 2050 


= 382 kcal/m^.hr.deg. 


Logarithmic mean temperature difference : 

(9P7-25)-~(91*7- 


A ttr 


-45) 


2*3 log- 


66-7 
46*7 


=55-8° 


Required heat transfer area : 

UAtm 

1139200 

■^382x55-8 

=53-5m2. 


Required length of tubes : 


/= 


A 

n d n 


53-5 

""3-14x0-033x241 
::=:2*2 m. 

Use /=2-5 m 
Coil diameter: 

d=2{xa+(^') 

=2 (8x50+50) 
=900 mm. 


VI Raw Benzol Condenser 
(1) Function and Construction 

In the new technological flow-sheet the equipment used as a condenser of 
raw benzol is amilajr to .&e dephl^jpo^tor iit des^n- 
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The condenser is made of three parts : 

(i) The upper coil in which condensation of benzol vapours and steam 
takes place; 

(ii) Intermediate coil which serves for the cooling of condensate down to 
30°; 

(iii) Lower coil (separater) meant for the separation of water from raw 
benzol. The cooling of vapours in the condenser is achieved by water. 

Uncondensed gases leave through the side hole and escape into the atmos¬ 
phere. 

The temperature of the cooled raw benzol must not be above 30° in order 
to avoid the loss of lighter components of raw benzol together with the uncon¬ 
densed gases. 

(2) Design of Condenser 

Material balance 

The quantities of vapours entering into the condenser from the dephleg- 
mator are : 



kgjhr 

molsihr 

Benzene 

821 

10*53 

Toulene 

236 

2-57 

Xylenes 

45 

0*42 

Solvents 

23 

0*20 

Oil 

125 

0-735 

Steam 

650 

36-2 

Total 

1,900 

50-655 


The temperature of inlet vapours is 9T7°. Assume pressure at the condenser 
outlet to be 760 mm Hg. 

The temperature of water-benzene eutectic mixture is determined by the 
following equation: 


where 


ig=70-f-10x 




P=total pressure in mm Hg 
= 760 mm Hg; 

= vapour pressures of benzol hydrocarbons at 
70^ and 80^; 

P'mrP''m pre^lires of water at 70° and * 
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The composition of raw benzol is: 



Benzene 

Toluene 

Xylenes 

Solvents 

Percentage by weight 

73 

21 

4 

2 

Percentage by volume 

77*5 

17*5 

3*35 

1*7 

Vapour pressure at 70®, 
mm Hg 

542 

204*1 

100*76 

30 

Vapour pressure at 80°, mm 



142 

50 

Hg 

748 

299 


Therefore the vapour pressure of mixture of benzol hydrocarbons is : 

^'j=459-5 mm Hg at 70° 
and mm Hg at 80°. 


The vapour pressure of water : 


Thus 


233*7 mm Hg at 70° 
and 355*1 mm Hg at 80°. 

760-(459*5+233-7) 

ie-70+10 233-7) 


= 72-2°. 

The content of steam in the eutectic mixture is determined by the following 
equation : 

_ ^ p'w~l J^"?o“i~Q*l w) h 

1 loe —' p ~~ 


8x233-7-7x355-1+0-1 (355-1- 233-7) X 72-2 

=-- ^gQ 

=0-343. 

ri,s= 1 — 0-343=0-657. 

Consequently, the condensation in the condenser takes place in two periods : 
(i) Condensation of steam with the lowering of temperature from 91-7° to 
72-2° 

and (m) Condensation of water vapours, raw benzol and oil at constant 

temperature of 72*2°. , . , 

The quantity of water vapours condensed in the two periods is determined 

by the equation: 

™ Twe 


= 14-455x^:111=7-5 mols/hr 
= 7-5x18=135 kg/hr. 
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The quantity of water condensed in the first period : 

650—135=515 kg/hr. 
MATERIAL BALANCE 


Input, kgjhr 



Output, kgjhr 

\^apours from 


Raw benzol 

1,250 

Dephlegmator 

1,900 

Water from separator 

650 

Total 

1,900 


1,900 


Heat balance 

Heat input: Heat carried by vapours from dephlegmator . 

0,1=572,400 kcal/hr. 

Heat output: (1) Heat carried by cooled raw benzol and watei •• 

0,2=(1250x 0-414+650) 30 
= 35,000 kcal/hr, 

where 30°—temperature of outlet condensate. 

(2) Heat taken out by cooling water =0.3- 
Total heat output; 

0„„t=35,000 + 0,3. 

Balancing heat input with output, the quantity of heat extracted m the 
condenser: 

03=537,400 kcal/hr. 

Assume that in the condenser the heat is taken out by water entering at 25 
and leaving at 45°. 

Then the consumption of the cooling water : 


ur 537400 
” 45-25 


=26,870 kg/hr 


x27 m3/hr. 


Determination of dimensions of condenser 

The calculation of surface area of the condenser is done over three periods 

(1) Condensation of water vapours at temperature range of 91-7° to 72-2°; 

(2) Condensation of vapours of water, oil and raw benzol at 72-2°; 

(3) Cooling of condensate from 72-2° to 30°. 

The heat taken out over different periods is : 


First period 


Qj=515 (636-72-2) 
=291,200 kcal/hr; 
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Second period 

(ln=135 (636-72*2)+ 125 (99-2-72*2x0*447) + l 125 (129 
-72*2 X 0-447) 

= 193,600 kcal/hr, 

where 0*447=thermal capacity of oil and raw benzol at 72*2'' ; 

T/iird period 

0,1X1=650 (72-2™30) + 1250 (72*2 x0*447--30x0*414) 

= 52,600 kcal/hr. 

The total heat taken out in three periods is 537,400 kcal/hr. 
Logarithmic mean temperature difference : 


91*7° vapours 72*2° vapours 

I period II period 

-<- 

45° water water 

The intermediate temperatures : 


72*2° condensate 30° 

III period 

- ^ — 

fw water 25° 


and 


r^=25- 




w 


=25- 


52600 

26870 


= 27° 


^+=27 


193600 

26870 


= 34*2°. 


Logarithmic mean temperature difference for : 
First period 


Second period 




(91’7-45)-(72*2-34*2) 


2*3 log- 


91*7-45 

72*2-34*2 


=42*r 


Third period 


(72*2-27)-(72*2-34*2) 

. in --- 




2-3 log: 


72-2-27 

72-2-34-2 


=41-2“; 




(72-2-27)-(30-25) 

2-3 iog72-2-27 


30-25 


= 18-3°. 
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Use tubes of diameter 33/38 mm. 

The critical velocity of water through the pipes is : 

Wcr=2320x^, 

The viscosity of water at average temperature 35°, 
ft,= 0'725 centipoise. 

2*32x0-725 
*''’"’■””1000x0-033 
=0*051 m/sec. 

The required cross-sectional area of the pipes : 

3600 

27 


3600x0-051 
=0*147 m2. 

Use a coil with one baffle, then the cross-sectional area of the coil will be: 

2x0-147=0*294 m2. 

The required number of tubes : 

_ 0*294 

”~0-785x 0-0332 
= 344. 

Use a coil similar to the dephlegmator coil with 241 pipes. Then the actual 
velocity of water will be : 

27x2 


Reynolds number ; 


3600 X 0-785 X 0*0332 x 241 
= 0*073 m/sec. 


Prandtl number: 


i?^=1000x 

= i000x 
=3,320. 


vdp 

0*073x0-033x1000 

0*725 


Pr==3-6x^ 


= 3-6x 
=4-84, 


0-998x0-725 

0-538 
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where 0*998—thermal capacity of water at 35° in kcal/kg. deg 
and 0*538—thermal conductivity of water. 

The heat transfer coefficient from wall to water is determined by the equa¬ 
tion : 

where J\/*m=0'023 <D 

= 0*023 X 33200-8 X 4*840*^ XO* 71 

= 20 - 0 , 

whence /;a= — =326 kcal/mS. hr. deg. 


The coefficient of heat transfer from the condensing steam to- the wall in 
first period : 

log ^ 1 = 1-69+0-0246 r, 

where T — average content of vapours by volume or molar percentage. 
Content of water vapours at the outlet: 


n= 


36-2 

50-655 


XlOO 


= 7T5 per cent. 

The content of water vapours after the first period : 




7-5 

" 7-5+14-455 


XlOO 


= 34 per cent. 


In average, T=52'7 per cent. 

Then 

Ai=antilog (1-69+0-0246x52-7) 

=915 kcal/m®.hr.deg. 

Overall coefficient of heat transfer in the first period, considering the de¬ 
posits of 1 mm thickness and thermal conductivity of 1-0 kcal/m.hr.deg : 


?7i = 


1 


- 0-001 + 


1 


' 326 
= 196 kcal/ni®.hr.deg. 

Required heat transfer area for the first period. 

0 ^ 


Ai= 




291200 

■" 196 x 42-1 

=35-2 m*. 
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The coefficient of heat transfer from the condensing vapours of water and 
raw benzol to the wall in the second period is determined by the following 

formula : 

, _ h,xQ, +ht-x-(b . 

(h+Qp 

Ms 


vhere 


iTs—thermal conductivity of water at 72 2 
=0*575 kcal/m.hr.deg; 

viscosity of water at 72*2'' 

=0*4 centipoise; 

/;,=7200x 

= 10,350 kcal/m^.hr.deg; 

Kj, 


hi=.7,200x- 




Hence 


ir6=thermal conductivity of benzene at 72’2° 
=0'12 kcal/m.hr.deg. 

/x 5 =viscosity of benzene at 72-2° = 0-35 centipoise. 

0T2 

=7200 

=2,470 kcal/m^.hr.deg. 

10350 X 76000 -1-2470 X 117600 


ni= 


193600 
=5,550 kcal/m^.hr.deg, 

where 76,000=heat of condensation of water vapour in the second period ; 

117,600=heat of condensation of vapours of oil and benzol hyrocarbons 
in the second period. 

Overall coefficient of heat transfer in the second period : 

1 


Un=- 


_J_ 

5550 


- 0-001-4- 


1 


326 


=235 kcal/m^.hr.deg. 

The required heat transfer area for the second period : 

A.r - 


UuXA^m^ 

193600 


=20 m® 


=235x41-2 
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Required heat transfer area for the first and second periods together : 

A=35'2+20 
=55*2 m2. 

Required length of tubes : 

udn 


55-2 

" 3-14x0-033x24i 
=2*2 m. 

Assume length of tubes Z=2*5 m. 

Diameter of coil: 

d—2 {xai-a') 

= 2 (8x50-1-50) 

=0*9 m 

The cooling of condensate of raw benzol and water in the third period is 
carried out in the equipment composed of two coils (external and internal) of 
diameter 0-8 m (dz) and 0*65 m {di) respectively. 

Assume diameter of pipe to be 45/51 mm. 

Reynolds number: 

i?<;^lQ00x 

y- 

G 

0‘9 TC d[i ’ 


where G=weight of condensate in kg/hr. 

_1900_ 

" 0-9 X 3-14 X 0-045 X 0-475x2 
= 15,700, 


where 2=number of coils 

and 0-475=viscosity of benzene at average temperature of 50° in centipoise. 
Prandtl number for condensate : 


Pr=3-6X 


C/j, 

K 


= 3-6 X 


0-45x0.475 

0-12 


=6-4, 

where ir= thermal conductivity of benzene at 50 
= 0-12 kcal/m.hr. deg 
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Nusselt number; 


jVu=0 


•023 Pr°-* ^ 1-F 3-54X 


0.4 ^ 


0*045 \ 

= 0*023 X 157000*8 X 6*40*^ ( 1+3-54x-q ^^ - j 
:134, 


where <4=average coil diameter=0*725 m. 

Then the coefficient of heat transfer from condensate to wall: 


ki=:jYu X 


K 


134x0*12 
” 0*045 

= 358 kcal/m^. hr. deg. 

The coefficient of heat transfer from the wall to water is determined by the 
equation : 

^2=245 

The viscosity of water^ jjl at average temperature of 26° is 0*88 centipoise. 
Wail temperature is assumed to be 32*5°; then 


3 32*5-26 


^ ' 0-88 
=477 kcal/m^. hr, deg. 
Overall heat transfer coefficient: 

Um=-^ -^-p 

358 +‘>' 0'»+477 

= 170 kcal/m^. hr. deg. 
Check wall temperature by the formula : 

UjaX 


= 26- 


A 2 

170x18*3 


= 32-5°. 

The required heat transfer area : 


477 


'III 


UiuAU 


3 

52600 


170x18*3 
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Required length of tubes of each coil: 


27C dm 

__17 

2x3*14x0*048 
= 56*5 m. 

The number of turns of the internal coil at a spacing (^i) of 75 mm : 

V 

56-5 

V(3-14x0-65)2-f-0-0752 
= 28. 

The height of the coil: 

i/=28x 0*075=2*1 m. 

The number of turns of the external coil: 

m2=-L —^ -- 


The spacing of this coil: 


_V 56*52-2*12 
3*14x0*8 
= 22 . 


2*1 

— =0*095 m. 


VII Heat Exchanger 

(1) Function and Construction 

, The tubular heat exchangers are installed for die utilization of sensible heat 
of debenzolised wash oil leaving the benzene column. 

The debenzolised oil passing through the intertubular space gives up its 
heat to the oil which is saturated with benzene and enters through the tubular 
space on a counter-current principle. 

For the improved conditions of heat transfer the coil and the intertubular 
space of the heat exchanger are divided into four sections by baffles. The oil 
flow rate in the equipment is thereby increased four times. 

(2) Design of Heat Exchanger 

Material balance . 

From the column the following quantity of hot oiT enters into the heat 
exchanger at 130^: . “ C 
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kg/hr 


Oil 

57,621 

Benzol hydrocarbons 

118 

Total 

57,739 

In the heat exchanger the heating of the cold oil takes place from 70° to 90° 

in the following quantity : 


kgjhr 

Oil 

59,000 

Water 

602 

Benzol hydrocarbons 

1,243 

Total 

60,845 


Heat balance 

Heat input : (1) Heat carried by cold oil at 70° : 

(^ 1 = (59000 X 0-4464-1243 x 0-456+602) X 70 
= 1,923,000 kcal/hr. 

(2) Heat carried by hot oil at 130° : 

0,2=(57621 X 0-493+ 118x0*520) x 130 
=3,706,300 kcal/hr. 

Total input: 

0^,1=5,629,300 kcal/hr. 

Heat output : (1) Heat carried by cold oil at 90° : 

03= (59000 X 0*463 + 1243 x 0*470+602) X 90 
=2,566,600 kcal/hr. 

(2) Heat carried by hot oil at t: 

04=(118 Gi+57621 C 2 ) i kcal/hr. 

Since the thermal capacity of benzol hydrocarbons : 

Ci=0*383+0*001043 t kcal/kg. deg 
and thermal capacity of oil: 


then 


C 2 =— -- (0*403+0*00081 t) kcal/kg, deg 

Vl*06 


Q,4=r 118x(0-383 + 0-001043 + (0-403+0-00081 0Ixi 

L- Vi-oe -1 


=22,645 f-f45-52 
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(3) Heat losses to the surroundings is assumed to be 2*5 per cent of the heat 
transferred: 

Q,5=:0-025 (2,566,600^1,923,000) 

= 16,000 kcal/hr. 

The total heat output: 

582,600-1-22,645 H~45*52 ^2. 

Balancing heat input with output : 

5,629,300=2,582,6004-22,645 ^4-45'52 

whence 110°. 

Heat balance 


Input, kcaljlir Output, kcaljhr 


(1) Heat of incoming cold oil 

1,923,000 

(1) Heat carried by cold oil 

2,566,600 

(2) Heat of incoming hot oil 

3,706,300 

(2) Heat carried by hot oil 

(3) Heat lost to the surround- 

3,046,700 



iiigs 

16,000 

Total 

5,629,300 

Total 

5,629,300 


Determination of heat transfer area and dimensions of heat exchanger 
Assume tubes for heat exchanger with diameter 33/38 mm. 
The velocity of cold wash oil for turbulent flow : 


The viscosity of oil at average temperature 80° is 1*5 centipoise. 
The density of oil at 80° : 

__Pi!_ 

1+0-000404 (80-15) 

1060 

“1 + 0-000404 (80-15) 

= 1,030 kg-/m»; 

»=10x-Q.Q33^ 1030 
=0*44 m/sec. 


then 



DESIGN OF BY-PRODUCT RECOVERY UNITS 


The required minimum cross-sectional area of tubes : 

'<"360Ete • 

- 60845 r-f-. «n 

where F„=volume rate of oii= - {030 ~ m^/hr ; 


. 59 

0-44x3600 
= 0-0373 m2. 

The number of tubes : 


0-785q!2 

0-0373 

”0-785x0-033® 

=44. 

Use tubes with two passes, then it is necessary to have 88 tubes. 
Use a coil with 91 tubes placed in 5 hexagonal sections. 

Then total cross-sectional area of tubes : 

T=0-785x0-0332x91 =0-078 m® 
and the velocity of oil: 

59x0-2 
0-078x3600 
==0*42 ni/sec. 


Re\Tiolds numbei': 


Prandtl number : 


1000 X 1030 X 0-033 X 0*42 
" "T 5 

=9,500. 

Fr=3-6-^ . 


where C= thermal capacity of oil at 80^ 

=- - -X (0-403 -f-0-00081 X 80) 

VT06 

=0-455 kcal/kg. deg. 

^= thermal conductivity of oil at 80° 

=360 (0-000311 + 0-00000342x80) 

=0-211 kcal/m. hr. deg. 

„ „ ^ 1-5x0-455 


Pr—3‘6x- 
= 11-7., 


0-211 
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The coefficient of heat transfer from wall to cold oil: 

K 


h2~J\fux 

where jV^/^0•023 O 

= 0-023 X 95000-8 X 11-70*^ X 1 
= 93. 

Hence 


d ’ 


/^2=93x 


0*211 


0-033 

595 kcal/m^. hr. deg. 


The coil diameter : 


Cl ) 

= 2 (5X50+-50) 

= 600 mm. 

The cross-sectional area of intertubular space : 

^,^ 0-785 {dP-nd‘^) 

=0*785 (0*62- 91 X0*0382) 
= 0-179 m2. 

The velocity of hot oil in the intertiibular space : 

2Vo 


where the volume rate of oil: 


Thus 


V, 


SeOQAo ’ 


__ 57739 
" 1020 
= 56-6 m^/hr. 

2 x56*6 

'"" 3600x0-179 
=0-176 m/sec. 


The viscosity of hot oil, at the average temperature ofj 
120° is 0-27 centipoise. 

The equivalent diameter of intertubular space : 

, 4:Ao 
Tcdn 


i' 4xO'I79 
3-14x0-038x91 
==0-066 m> 


130+110 _ \ 
2 " ) 



238 


DESIGN OF BY-PRODUCT RECOVERY UNITS 


Reynolds number for hot oil : 


_1000 X vdp 


The density of oil at 120*^ is 

P 


Prandtl number 


1060 


Re 


l-f 0-000402 (120—15) 

= 1,020 kg/ms ; 

1000 X 0-176 X 0-066 X 1020 


0-27 


=43,800. 


Pr = 3 * 6 X 




C= thermal capacity of oil at 120° 

^ X (0-403 + 0-00081 X 120) 


V 1-06 

= 0-486 kcal/kg. deg. 

.fir== thermal conductivity of oil at 120° 

= 360 (0-000311+0-00000342x120) 
=0-259 kcal'm. hr. deg. 


Pr- 


3-6 >^0-486x0-27 
0-259 


= 1-82. 

The coefficient of heat transfer from hot oil to wall : 


hi —Mil X 


K 


where 


Hence 


A"m= 0-023 Re^-^ P) °-^ 

=0-023 x43800“-8 x 1-820-^ 
= 151. 

, ^ 151 xO-259 

^ 0-066 

= 592 kcaj/m^. hr. deg. 
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The overall coefficient of heat transfer (when deposits are of 3 mm thick¬ 
ness on each side and have thermal conductivity of 1 kcal/m. hr. deg) : 


1 , 0-006 . 1 ■ 

5951 '■ 592 
= 107 kcal/m^. hr. deg. 

The logarithmic mean temperature difference between hot and cold oil: 
ISO'^ hot oil 110® 


cold oil 


90® 


A4z=40®. 


The required heat transfer area : 


A 


d 

U A tm 


70® 


where the c[uantity of heat transferred, 

Q,=2,566,600-1,923,000 
= 643,600 kcai/hr ; 

643,600 
“"107x40 
= 150 m2. 

The length of the pipes : 


Tzdmn 

150 

~ 3* 14 >: 0*0355x91 
= 15 m. 

Take in succession three coils of length 5 m each. 

VIII Oil Sprayer Gaoler 
(1) Function and Construction 

As seen from Fig. 36, the cooler is made of spun tubes of diameter 54/60 mm 
and length 6 m connected through special bends in the section consisting of 
24 to 40 tubes along the height of each section. Oil enters into the section in 
parallel flow from the common collecting tank. 

The debenzolised oil from the heat exchanger enters into the Icmei collecting 
tank of the sprayer cooler and aft^ passing upwards through the tubes gels 



cni muETr 


i 



Fig. 36. sprayer cooler for oil 

The hot water from the cooler is taken out for cooling in special coolinp 
towers. 

(2) Design of Sprayer Cooler 

The quantity of incoming oil : 

Wash oil enters from the heat exchanger at 110° in the following quantity : 


Oil 

Benzol hydrocarbons 
Total 


kg I hr 

57,621 

118 

57,739 


The oil should be cooled down to 30° by water. 
Heat balance 

Heat input: (1) Heat carried by oil at 110° : 

3,046,700 kcal/hr. 
(2) Heat carried by water at 2 5*^: 

W kcMjhr^ 




















Total heat input: 
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= 046,700+25 J+kcal/hr. 

Heat output: (1) Heat carried by oil at 30*": 

Q,3==(57,621 x0-415+118x 0*414) 30 
= 721,500 kcal/hr, 

where the thermal capacity of oil at 30° : 

Ci=- _!_ X(0'4034-0-00081x30) 

\/ 1-Ob 

=0*415 kcal/kg.deg 

and the thermal capacity of benzol hydrocarbons at 30°: 

C2=0*414 kcal/kg.deg; 

(2) Heat carried by evaporated water (assuming its quantity=2 per cent 
of W) with a heat content of 606 kcal/kg : 

Q4.= 0*02x606x1+ 

= 12*12 I+kcal/hr. 

(3) Heat carried by cooling water at 45° : 

Q^.:i=0*98x45 )+=44*l J+kcal/hr. 

Total heat output: 

Q,o^,^=721,500+56*22 M^kcal/hr. 

Balancing heat input with output: 

3,046,700+25 1+=721,500+56*22 W; 

hence 

W = 74,000 kg/hr 
= 74 m^/hr. 


Determination of heat transfer area and dimensions of cooler 
Use steel tubes of diameter 54/60 mm for the cooler. 

The density of oil at average temperature of / ^ 7 qo . 


1060 

^"“1 + 0*000402 (70-^15) 
= 1,040 kg/m\ 

where l,060=density of oil at 15°G in kg/m^. 
Viscosity of oil, /a= 2*4 ce:ntipoise. 
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DESIGN OF BY-PRODUCT RECOVERY UNITS 


The velocity of oil under the conditions of turbulent flow 10,000) : 

»=iox -y 

dg, 

2-4 

0-054x1040 
= 0-43 m/sec. 

The required number of sections will be : 

V 

3600x0-785 

57739 


where 


volume rate of oil = 


1040 


= 55*5 m^/hr ; 


3600 X 0-43 X 0- 785 x 0*0542 
= 15. 

Determine the coefficient of heat transfer from the oil to wall in the follow¬ 
ing way : 

Nusselt number : 

Aw== 0-023 

Reynolds number: 

^ ^ 1000X0-43X0-054x 1040 

^ 2-4 

i=:il0,000. 

Prandtl number : 


Pr=3-6x- 


The thermal capacity of oil at 70° 


C=- _-(0-403+0-00081x70) 

V 1-06 

= 0-435 kcal/kg.deg. 

The thermal conductivity of oil at 70° : 

^=360(0-000311+0-00000342x70) 

=0-2 kcal/m.hr.deg. 


Pr=3-6X- 


0-435 x 2-4 
0-2 


= 18-8. 

JVa=0-023 X 10000®-8 x 18-8«-« 
= 118. 
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hi=Nux 


=437 kcal/m-.hr.deg. 

The coefficient of heat transfer from wall to water is determined by the 
following equation : 

^* 0.4 

A2=40x -joT^kcal/m^.hr.deg, 

where z=intensity of spraying, kg/m.hr. 

Let tube length, /=6m, then 

74000 
2x6x15 
= 410 kg/m.hr. 

2_40x -Q.Qgo.e— 

= 2,400 kcal/m^.hr.deg. 

The overall coefficient of heat transfer (when the deposits on the water side 
have thickness of 1 mm and thermal conductivity of 1 kcal/m.hr.deg and 
those on the oil side have thickness of 2 mm and thermal conductivity of 0*5 
kcal/m.hr.deg) : 

u=- ^ — 

2400 -+0'001+0'001+- 

=212 kcal/m2. hr.deg. 

The lograrithmic mean temperature difference is: 


Water 


65-5 
2-3 log 


=23-4°. 

The required heat transfer area : 

.1 a 

UAU 


3,046,700- 721,500 
' 23-4x212 

=468 m*. 
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DESIGN OF BY-PRODUCT RECOVERY UNITS 


When the length is 6 m the number of tubes for the cooler is: 

_ 468 

3-14x0-057x6 
=437. 

Since the number of sections is 15 then each section should have 
= ^ 29 tubes. 
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REFERENCE TABLES AND PHYSICO-CHEMICAL CONSTANTS 
CRITERIA OF SIMILARITY IN HEAT CRANSFER 


Reynolds number : 

{i. V g*/] 0*9 "GpL 

Prandtl number : 

P)-=3-6.^-:3600%^=3600 

Jx Jx A 

Nusselt number : 

II 

Galileo number : 


Grashoff number 


Kirpichev number : 

Ud 

Criterion of condensation 


where 

t;=velocity, m/sec ; 

£/= diameter, m ; 

‘ p—density, kg/m^ ; 
pt—absolute .viscosity, centipoise, 

V— kinematic viscosity, m^/sec ; 
p'=density, kg. sec®/m^ ; 

7]—absolute viscosity, kg. sec/m^ ; 

G—quantity of material, kg/hr ; 

C=specific thermal capacity, kcal/kg. deg; 

jKr= coefficient of thermal conductivity, kcal/m. hi. deg ; 

4i=thermal diffiusivity, m®/sec; 

A—heat transfer coefficient, kcal/m®. hr. deg ; 
g--= acceleration due to gravity, cm/sec®; 

/=length, m; 

coefficient of volume expansion, 1/deg ; 
/\l==ttemperature difference between medium and wall, ‘’C; 
I7==;0verall heat transfer coef^cient, kcal/m®. hr. d^ ; 
jL=? latent heat of condensation, kcal|kg. 

247 ' :'■ „ , , , '' 


Ch=- 


Cl\t ' 
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APPENDIX 


Constants in Heat Transfer Equations 


(1) Natural convection : 


Nu^-m (Gr.Pr)^, 


Gr. Pr 

m 


0 < Gr. Pr < 10-® 

0*5 

0 

10-= < Gr. Pr < 500 

1*18 

1/8 

500 < Gr. Pr < 2-10’ 

0*54 

1/4 

2-10’ < Gr. Pr < 10“ 

0*135 

1/3 


Determining temperature : 

j trail ~rimedivni 
- 

(2) Forced convection in tubes : 

(f) Laminar flow : 

Nu^Q‘74 (Re.Pry'^ (Gr.Pr)®'" 

Determining temperature : 

. ^u'a ll~r^we (It v rn. 

2 

[ii) Turbulent flow in tubes : 

-0*023 

Determining temperature is the average temperature of heat carrier 


Re 

0 


2,300 3,000 
0*45 0*66 


4,000 5,000 
0*82 0*88 


6,000 7,000 

0*93 0*96 


8,000 10,000 

0*99 1*0 


{Hi] Turbulent flow in serpentine coils : 


where 


jV2z= 0*023 i2eO*8 Pr®*^^ 



:tube diameter, flfi=--coil diameter. 


(3) Heat flow across single tubes : 

JSfu=m Re^ 


Re 

m 

n 


5 < Re < 80 

0*81 

0*40 


80 < Re < 5-10= 

0*625 

0*46 


5*10® < Re < 5*10^ 

0*197 

0*60 


5*10^ < Re 

0*023 

0*80 


Determining temperature is the temperature of the running stream. 



(4) Heat flow in condensing vapours : 




(0 Condensation in vertical tubes : 




JSfu^m 

{Ga. Pr. Co)« 



Ga, Pr. Co 

m 

n 


10“ < Ga. Pr. Co 

0*0646 

1/3 


Ga. Pr. Co < 10“ 

1*15 

1/4 
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Determining temperature : 

/ _ hrull'h tvajmurs 

(ii) Condensation in horizontal tubes : 

Mi=^0-72 {Ga. Pr. Co)^^ xe, 

where correction for the number of rows of tubes (m) ; 


m 

1 

3 

5 

7 

9 

11 

13 

15 

17 

19 

h 

1 

0*97 

0-907 

0-86 

0*823 

0*792 

0-766 

0*745 

0-727 

0*710 

^3 

1 

0*875 

0-806 

0*757 

0*720 

0*689 

0*665 

0-645 

0*628 

0*612 


Note : ei —in chess board arrangement; 

C 2 —in corridor-like arrangement. 

Determining temperature. 

f _ ^iracl~\'fvapoursi 


(5) Heat flow in packed towers. 

(«) In the case of low content of water vapours : 


Intensity of spraying, m^/m^ of total cross- 
sectional area per hour (i) 


3*5 

0-09 

5*0 

0*15 

10*0 

0-225 

Determining temperature is the average gas temperature. 

{ii) In the case of large content of water vapours : 

Ki=mReg^’^ 

whei'c ;v=content of water vapours in volume fraction. 


Intensity of spraying, of total cross-sectional 

area per hour {i) 


5*0 

0*225 

10*0 

0*4 

15*0 

0*6 


m can also be calculated : 


OT--0*05-hp*035i. 



250 


APPENDIX 


Table 1 

PHYSICAL PROPERTIES OF SOLID SUBSTANCES 


J^^ame 

Density, kgln? 

(P) 

Thermal conductivity ^ 
kcaljm.hr.deg, 

{K) 

Thermal capacity, 
kcaljkg.deg. 

iC) 

Metals and alloys 

Aluminium 

2,700 

175 

0*22 

Bronze 

7,400-8,800 

55 

0*091 

Iron 

7,800 

45 

0*11 

Brass 

8,500-8,600 

80 

0*094 

Copper 

8,800 

330 

. 0*092 

Lead 

11,400 

30 

0*03 

Carbon steel 

7,800 

40 

0-115 

Chromium-nickel steel 

— 

14-15 

— 

Pig iron 

7,000-7,800 

40-80 

0*12 

Various materials 

Asbestos 

2,600 

OT-0-2 

0*195 

Asphalt 

1,100-2,800 

0-6 

0*5 

Concrete 

1,800-2,500 

0-62-lT 

0*21-0*27 

Glass wool 

150-200 

0-03-0*09 

0*16-0*19 

Cotton 

30-100 

0*036-0*042 

0*4 

Felt 

100-300 

0*036-0*07 

0*4 

Graphite 

1,900-2,700 

4*3 

0*16 

Diy wood 

Pine along fibres 

400-600 

0*22-0*33 

0*65 

Pine across fibres 

_ 

0*10-0*15 

— 

Oak along fibres 

700-1,000 

0*26-0*34 

0*42 

Oak across fibres 

— 

0*19-0*18 

— 

Ash 

2,200 

_ 

0*176-0*257 

Carton 

250 

0*065 

0*29 

Ceramics 

1,700-1,900 

0*68 

0*177 

Ordinary brick 

1,500-1,760 

0*475-0*8 

0*18-0*22 

Fire brick 

1,700-2,000 

0*6-0*9 

0*18-0*24 

Coke 

1,250-1,400 

0*164 

0*33-0*357 

Ice 

880-920 

1*95 

0*5 

Boiler deposits 


1*3 

— 

Naphthalene 

1,150 

— 

0*31 

Sawdust 

160-300 

0*06-0*118 

0*26 

Cork 

100-500 

0*035-0*08 

0*23-0*45 

Rubber 

1,200-1,500 

0*14 

0*33-0*4 

Sulphur 

1,960-2,070 

0*13-0*24 

0-18 

Mica 

290 

0*5 

0*21 

Ammonium sulphate 

1,764 


0*34 

Charcoal 

300-900 

0*06 

0*2 

Coal 

1,200-1,500 

0*12-0*16 

0*312 

Ply-wood 

575-650 

0*08-0*13 

0*26 

Granulated slag 

400-700 

0*18-0*125 


Blast furnace slag 

600-700 

0*11-0*13 

0*18 

Boiler slag 

1,100-1,300 

0*25-0*43 

0*17 

Slag concrete 

2,150 

0*8 

0-184)'21 

Slag wool 

200-400 

0*05-0*07 

0*18 

Plaster-of-Paris 

1,680 

0*67 
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Table 2 

RADIATION CONSTANTS OF DIFFERENT MATERIALS 


JVame of material 


Nature of surface Constant^ kcaljm^, hr, 


Absolutely black body 

__ 

Aluminium 

f polished 
rough 

Concrete 

rough 

Wood: pine 

planed 

oak 

planed 

Iron 

oxidized 

Red brick 

rough 

Dye : oil colour 

smooth 

enamel 

smooth 

Aluminium paint 

smooth 

Translucent ice 

smooth 

Rubber 

rough 

Lead 

grey, oxide 
f nickeled 

Steel 

(^oxidised 

Glass 

smooth 

Asphaltic roofing paper 

rough 

Pig iron 

oxidised 

Slag concrete 

rough 

Lime plaster 

— 


4*96 

0'26 

0-35 

3T 

3*82 

4-44 

4*6 

4*61 

3*97 

4*45 

1*98 

4*75 

4*26 

1*4 

0*27-0-3 

3-5 

4*95 

4*5 

2*98 

4*46 

4*3 


Table 3 

PHYSICAL PROPERTIES OF WATER 

t==temperature, °C ; v=kineniatic viscosity, m=/sec ; 

p=density, kg/m» ; [^-.absolute viscosity, centipoise; 

C=thermal capacity, kcal/kg. deg ; fl=thermal diffusivity, m-/hr ; 

if=therraal conductivity, kcal/m. hr. deg; fr^Prandtl numbei. 

7) rn-absolute viscosity, kg./sec/m-; 


t 

P 

C 

K 

r,.10^ 

V.W“ 

g 

aJO^ 

Pr 

0 

1000 

1*009 

0-474 

182*5 

1*79 

1*79 

4*7 

13*7 

10 

1000 

1-002 

0*494 

133 

1*3 

1*3 

4*9 

9*56 

20 

998 

0*999 

0*515 

102 

1 

1 

5*1 

7*06 

30 

996 

0*998 

0*531 

81*7 

0*805 

0*8 

5*3 

5*3 

40 

992 

0*998 

0*545 

66*6 

0*659 

0*65 

5*5 

4*3 

50 

988 

0*999 

0*557 

56 

0*556 

0*55 

5*6 

3*56 

60 

983 

0*999 

0*567 

48 

0*479 

0*47 

5*8 

3 

70 

978 

1*001 

0*574 

41*4 

0*415 

0-41 

5*8 

2*56 

80 

972 

1*002 

0*58 ' 

36*3 

0*366 

0*36 

5*9 

2*23 

90 

965 

i;*oi5 

0*585 

32*1 

0*326 

0*31 

6*0 

1*95 

100 

958 


0*587 

28*8 

0*295 

0*28 

6*1 

1*75 
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Table 5 

VAPOUR PRESSURE OF WATER 


mm Hg 


Pressure, 
mm Hg 

0 

1 

2 

3 

4 

5 

6 

7 

8 

9 






Temperature, °G 






0 

— 

__ 

-10-87 

-5-68 

-1-84 

+ 1-21 

3-76 

5-97 

7-92 

9-66 

10 

11-23 

12-68 

14-02 

15-25 

16-41 

17-50 

18-53 

19-50 

20-42 

21-30 

20 

22-14 

22-94 

21-72 

24-45 

25-17 

25-85 

26-52 

27-16 

27-79 

28-38 

30 

28-97 

29-54 

30-09 

30-63 

31-15 

31-66 

32-16 

32-65 

33-12 

33*59 

40 

34-05 

34-49 

34-92 

35-34 

35-76 

36-17 

36-57 

36-97 

37-36 

37-74 

50 

38-11 

38-48 

38-84 

39-19 

39-54 

39-88 

40-22 

40-55 

40-88 

41-21 

60 

41-53 

41-84 

42-15 

42-45 

42-75 

43-05 

43-34 

43-63 

43-92 

44-20 

70 

44-48 

44-73 

45-02 

45-29 

45-56 

45-82 

46-08 

46-34 

46-60 

46-85 

80 

47-10 

47-34 

47-58 

47-82 

48-06 

48-30 

48-53 

48-76 

48-99 

49-22 

90 

49-44 

49-66 

49-88 

50-10 

50-32 

50-53 

50-74 

50-95 

51.16 

51-37 






mm Hg 






Pressure, 

mmHg 

0 

10 

20 

30 

40 

50 

60 

70 

80 

90 


Temperature, °C 


100 

51-57 

53-53 

.55-34 

57-02 

58-60 

60-08 

61-18 

62-80 

64-08 

65-28 

200 

66-44 

67-54 

G8-60 

69-62 

70-61 

71-56 

72-47 

73-37 

74-23 

75-07 

SOO 

75-87 

76-67 

77-20 

78*18 

78-91 

79-61 

80-31 

81-00 

81-65 

82-30 

400 

82-95 

83-58 

84-18 

84*78 

8.5-38 

85-95 

86-51 

87-06 

87-61 

88-16 

500 

88-70 

89-20 

89-70 

90-20 

90-70 

91-20 

91-67 

92-13 

92-58 

93-03 

600 

93-49 

93-94 

94-40 

94-85 

95-30 

9.5-70 

96-10 

95-50 

96-90 

97-30 

700 

97-71 

98-11 

98-49 

98-88 

99-26 

99-63 

100-00 

“ 


- 
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Table 6 

HEAT CONTENT AND CONTENT OF WATER VAPOURS IN COKE OVEN GAS 
AT DIFFERENT TEMPERATURES 


Content of 

Tempera- water vapours 
ture, °C in 1 satura¬ 
ted gas, g 


Content of water 
vapours in the 
volume obtained 
by saturating 
1 m® at 0°, g 


Heat content of 
dry gas obtained 
from 1 nr? at 0°, 
callm^ 


Heat content of 
water vapours in 
the volume obtained 
from 1 n? at 0^, 
caljm? 


Total heat con¬ 
tent of saturated 
gas obtained 
from 1 m® at 0°, 
caljm^ 


0 

4*9 

4*93 

0*00 

2.93 

2*93 

1 

5T 

5*15 

0*36 

3*06 

3*42 

2 

5*6 

5*63 

0*72 

3*38 

4*10 

3 

6-0 

6*11 

T08 

3*64 

4*72 

4 

6-4 

6*55 

1*44 

3*91 

5*35 

5 

6-8 

6*98 

1*80 

4*17 

5*97 

6 

7-3 

7*52 

2*16 

4*49 

6*65 

7 

7-8 

8*08 

2*52 

4*83 

7*35 

8 

8-3 

8*64 

2*88 

5*17 

8*05 

9 

8.9 

9*30 

3*24 

5*57 

8*81 

10 

9-4 

9*86 

3*60 

5*91 

9*51 

11 

lOT 

10*65 

3*96 

6*39 

10*35 

12 

10*7 

11*32 

4*32 

6*80 

11*12 

13 

11-4 

12*12 

4*68 

7*29 

11*97 

14 

12*1 

12*92 

5*04 

7*77 

12*81 

15 

12-9 

13*84 

5*40 

8*33 

13*73 

16 

13-7 

14*77 

5*76 

8*90 

14*66 

17 

14-5 

15*70 

6*12 

9*47 

15*59 

18 

15*4 

16*76 

6*48 

10*11 

16*59 

19 

16*4 

17*93 

6*84 

10*83 

17*67 

20 

17*4 

19*10 

7*20 

11*54 

18*74 

21 

18*4 

20*30 

7*56 

12*27 

19*83 

22 

19*5 

21*63 

7*92 

13*09 

21*01 

23 

20*6 

22*97 

8*28 

13*92 

22*20i 
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Table 6 (Cantd,) 


Content of 

Tempera- water vapours 
ture, °C in 1 satura¬ 
ted gas, g 


Content of water 
vapours in the 
volume obtained 
by saturating 
1 m® at 0°, g 


Heat content of 
dry gas obtained 
from 1 m® at 0°, 
caljm^ 


Heat content of Total heat con- 

water vapours in tent of saturated 

the volume obtained gas obtained 

from 1 m® at 0^, from 1 m® at 0^, 
caljm^ caljm^ 


24 

2T8 

24*42 

8*64 

14*81 

23*45 

25 

23T 

26*00 

9*00 

15*77 

24*77 

26 

24-4 

27*65 

9*36 

16*78 

26*14 

27 

25*8 

29*30 

9*72 

17*80 

27*52 

28 

27*3 

31*26 

10*08 

19*01 

29*09 

29 

28*8 

33*15 

10*44 

20*17 

30*61 

30 

30*4 

35*20 

10*80 

21*44 

32*24 

31 

32*1 

37*40 

11*60 

22*80 

33*96 

32 

33*9 

39*73 

1T52 

24*24 

35*76 

33 

35*7 

42*10 

11*88 

25*70 

37*58 

34 

37*7 

44*75 

12*24 

27*35 

39*59 

35 

39*7 

47*45 

12*60 

29*02 

41*62 

36 

4T8 

50*28 

12*96 

30*78 

43*74 

37 

44*8 

53*27 

13*32 

32*63 

45*95 

38 

46*3 

56*43 

13*68 

34*60 

48*28 

39 

48*7 

59*74 

14*04 

36*66 

50*70 

40 

51*2 

63*27 

14*40 

38*85 

53*25 

41 

53*8 

67*02 

14*76 

41*17 

55*93 

42 

56*5 

70*95 

15*12 

43*62 

58*74 

43 

59*4 

75*13 

15*48 

46*24 

61*72 

44 

62*4 

79.60 

15*84 

49*01 

64*85 

45 

65*4 

84*10 

16*20 

51*82 

68*02 

46 

68*7 

89*12 

16*56 

54*94 

71*50 

47 

72.0 

94*27 

16*92 

58*16 

75*08 

48 

75*5 

99*80 

17*28 

61*64 

78*92 

49 

79*2 

105*70 

17*64 

65*32 

82*96 
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Table 6 {Contd.] 


Content of 

Tempera- water vapours 
ture, °C in 1 satura¬ 
ted gas, g 

Content of water 
vapours in the 
volume obtained 
by saturating 

1 at 0°, g 

Heat content of 
drv gns obtained 
from 1 at 0°, 

caljm^ 

Heat content of 
water vapours in 
the volume obtained 
from 1 m2 at 0°, 
caljm^ 

Total heat con¬ 
tent of saturated 
gas obtained 
from 1 n2 at 0°, 
caljm^ 

1 

2 

3 

4 

5 

6 

50 

83-0 

111*80 

18*00 

69*14 

87*14 

51 

87*0 

118*40 

18*36 

73*30 

91*66 

52 

9T0 

125*20 

18*72 

77*54 

96*26 

53 

95*3 

132*50 

19*08 

82*12 

101*20 

54 

99*7 

140*10 

19*44 

86*86 

106*30 

55 

104*3 

148*10 

19*80 

92*09 

111*89 

56 

109*1 

157*10 

20*16 

97*53 

117*69 

57 

114*1 

166*40 

20*52 

103*40 

123*92 

58 

119*2 

176*20 

20*88 

109*50 

130*38 

59 

124*6 

186*50 

21*24 

116*00 

137*24 

60 

130*1 

197*50 

21*60 

122*90 

144*50 

61 

135*9 

209*30 

21*96 

130*30 

152*26 

62 

141*9 

221*80 

22*32 

138*30 

160*62 

63 

148*1 

235*20 

22*68 

146*70 

169*38 

64 

154*5 

249*50 

23*04 

155*70 

178*74 

65 

16T1 

264*90 

23*40 

165*50 

188*90 

66 

168*1 

281*8 

23*76 

176*1 

200*86 

67 

175*1 

298*6 

24*12 

186*8 

210*92 

68 

182*5 

317*6 

24*48 

198*8 

223*28 

69 

190*1 

337*6 

24*84 

211*5 

236*34 

70 

198*0 

359*0 

25*20 

225*1 

250*30 

71 

206*2 

382*7 

25*56 

240*1 

265*66 

72 

214*7 

408*2 

25*92 

256*2 

282*12 

73 

223*3 

433*0 

26*28 

273*3 

299*58 

74 

232*5 

465*1 

26*64 

292*4 

319*04 

75 

241*9 

498*6 

27*00 

313*3 

340*,Ml ' 
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Table 6 {Contd.) 


Temper a- 
tnre^ °C 

Content of 
water vapours 
in 1 satura¬ 
ted gas, g 

Content of water 
vapours in the 
volume obtained 
by saturating 

1 at 0°, g 

Heat content of 
dry gas obtained 
from 1 at 0°, 

caljm^ 

Heat content of 
water vapours in 
the volume obtained 
from 1 mP at 0°, 
caljm^ 

Total heat con¬ 
tend of saturated 
gas obtained 
from 1 m^ at 0'‘, 
caljm^ 

1 

2 

3 

4 

5 

G 

76 

25T4 

532-7 

27-36 

335-4 

362-76 

77 

26 T4 

571-3 

21-n 

359*9 

387-62 

78 

27T8 

614-0 

28-08 

387-2 

415-28 

79 

282-4 

661-0 

'28-44 

417*0 

445-44 

80 

293-3 

712-5 

28-80 

449*7 

478*50 

81 

304-6 

769-9 

29-16 

486-4 

515*56 

82 

316*2 

832-8 

29-52 

526*5 

556-02 

83 

328-4 

905-6 

29-88 

572-8 

602-68 

84 

00 

o 

CO 

987-2 

30*24 

624-8 

655-04 

85 

353-7 

1079-0 

30-60 

683-9 

714-50 

86 

366*8 

1186-0 

30*96 

751-9 

782-86 

87 

380-4 

1308-0 

31*32 

830-0 

861-32 

88 

394*4 

1453-0 

31-68 

922-4 

954-08 

89 

408*7 

1623-0 

32-04 

1031-0 

1063*0 

90 

423-6 

1828-0 

32-40 

1162-0 

1194-4 

91 

438-9 

2079-0 

32-76 

1322-0 

1354-8 

92 

454-7 

2396-0 

33-12 

1525-0 

1558-1 

93 

470-9 

2801-0 

33-48 

1783-0 

1816-5 

94 

487-7 

, 3345-0 

33-84 

2131-0 

2164-8 

95 

505*1 

4106-0 

34-20 

2618-0 

2652-2 

96 

522-6 

5253-0 

34-56 

3352-0 

3386*6 

97 

540-6 

7173-0 

34-92 

4580-0 

4614-9 

98 

559*3 

10970-0 

35*28 

7010-0 

7045*3 

99 

578-7 

22460*0 

35-64 

14360-0 

14395-6 

100 ‘ 

598-7 

_ 

36-00 

— 

— 
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Table 8 

SATURATED STEAM 
( Variation of properties with temperature ) 


Temperature^’ 

Pressure i kgjcm} 

Weight of 1 nP 
steam, kg 

Heat content 
of steam, kcaljkg 

Latent heat of 
vaporization, kcaljkg 

1 

2 

3 

4 

5 

0 

0-0062 

0-00484 

595-0 

595-0 

5 

0-0089 

0-0068 

597*3 

592-3 

10 

0-0125 

0-0094 

599-6 

589*6 

15 

0-0174 

0-01283 

602-0 

587-0 

20 

0-0238 

0-01729 

604-3 

584*3 

25 

0-0323 

0-02304 

606-6 

581-6 

30 

0-0433 

0-03036 

608-9 

578-9 

35 

0-0573 

0-03960 

61T2 

576-2 

40 

0-0752 

0-05114 

613-5 

573-5 

45 

0-0977 

0-06543 

615-7 

570-7 

50 

0-1258 

0-0830 

618-0 

568-0 

55 

0-1605 

0-1043 

620-2 

565-2 

60 

0-2031 

0-1301 

622*5 

562-5 

65 

0-2550 

0*1611 

624-7 

559-7 

70 

0-3177 

0-1979 

626-8 

556-8 

75 

0-3930 

0-2416 

629-0 

554-0 

80 

0-483 

0-2929 

631*1 

551-2 

85 

0-590 

0-3531 

633-2 

548-2 

90 

0-715 

0-4229 

635-3 

545-3 

95 

0-862 

0-5039 

637-4 

542-4 

100 

T033 

0-5970 

639-4 

539*4 

105 

1-232 

0-7036 

641-3 

536*3 

no 

T461 

0-8254 

643-3 

533-1 

115 

1-724 

0-9635 

645*2 

530-0 

120 

2-025 

1-1199 

647-0 

526-7 

125 

2*367 

1-296 

648-8 

523-5 

130 

2-755 

1 -494 

650-6 

520-1 

135 

3-192 

1-715 

652-3 

516-7 

140 

3-685 

1-962 

653*9 

513-2 

145 

4-238 

2-238 

655-5 

509-6 

150 

4-855 

2-543 

657-0 

506-0 

160 

6-303 

3-252 

659-9 

498-5 

170 

8-08 

4-113 

662-4 

490-6 

180 

10-23 

5-145 

664-6 

482.3 

190 

12-80 

6-378 

666-4 

4/3*5 

200 

15-85 

7-84 

667-7 

464-2 

210 

19.55 

9-567 

668-6 

454*4 

220 

23*66 

11-60 

669*0 

443-9 

230 

28-53 

13-98 

668-8 

432*7 

240 

34-13 

16-76 

668-0 

420-8 

250 

40-55 

20-01 

666-4 

408-1 

260 

47-85 

23-82 

664-2 

394-5 

270 

56-11 

28-27 

661-2 

380-1 

280 

65-42 

33-47 

657-3 

364*6 

290 

75-88 

39-60 

652-6 

348n 

300 

87-6 

46*93 

648*6 

330-2 

310 

100-7 

55-59 

640*1 

310*8 

320 

115-2 

65*95 

632*5 

289-5 

330 

131*3 

78-53 

623-5 

266-0 

340 

149-0 

93-98 

613-5 

240*2 

350 

168-6 

113-2 

60T1 

210-3 

360 

190-3 

139-6 

583*4 

170*3 

370 

214-5 

171-0 

549*8 

98*2 

374 

225-0 

322-6 

501*1 

0 
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Table 9 

PROPERTIES OF SATURATED STEAM 
temperaturej °C ; 7)~ absolute viscosity, 


thermal capacity, kcai/kg. deg. 
A"'= thermal conductvity, 
kcal/m.hr.deg. 

a—thermal diffusivity, m^/hr. 


kg. sec/m® ; 

v--=^kinematic viscosity, m^/sec. 

Pr—Prandtl number 

i 

C/p 

kj(r- 

a.IO^ 

ri.IO^ 

V.W 

Pr 

100 

0*48 

2*08 

71*0 

1*23 

20-15 

1-02 

no 

0*49 

2*23 

54*4 

1*28 

15*20 

1-00 

120 

0*50 

2*37 

42*1 

1*34 

11*70 

0-99 

130 

0*52 

2*53 

32*5 

T39 

9-11 

1-01 

140 

0-53 

2*65 

25*4 

1*44 

7*18 

1-02 

150 

0*55 

2-85 

20*3 

T50 

5.76 

1,021 

160 

0*57 

3*00 

16*15 

1*55 

4*67 

1-04 

170 

0*59 

3*18 

13*05 

1*61 

3*83 

1-06 

180 

0*61 

3*30 

10*50 

1*67 

3*18 

1-09 

190 

0*65 

3*53 

8*56 

1*72 

2*64 

1*11 

200 

0*68 

3*71 

6*94 

1*77 

2*21 

1-15 

210 

0*72 

3*88 

5*63 

1*82 

1*86 

1*19 

220 

0-76 

4*04 

4*57 

1*87 

1*58 

1-24 

230 

0*81 

4*26 

3*76 

1.92 

1-35 

1*29 

240 

0*87 

4.47 

3*08 

1*98 

1*16 

1*35 

250 

0*92 

4*68 

2*55 

2*03 

0.997 

1*41 

260 

1.00 

4*88 

2*08 

2*09 

0-864 

T52 

270 

T09 

5*15 

1.69 

2*15 

0-750 

T60 

280 

1*19 

5*43 

1*37 

2*22 

0.654 

1*72 

290 

1*33 

5*74 

1*11 

2*28 

0-574 

T86 

300 

1*48 

6*03 

0*88 

2*35 

0-499 

2*03 

310 

1*69 

6*54 

0*71 

2*42 

0*435 

2*21 

320 

1*94 

7*00 

0*56 

2*50 

0*379 

2*45 

330 

2*34 

7*57 

0*42 

2*59 

0*329 , 

2-83 

340 

2*8 

8.2 

0*316 

2*70 

0*284 

3*24 

350 

4.0 

9*2 

0*203 

2*84 

0*245 

4*35 

360 

5*0 

10*6 

0*148 

3*03 

0*207 

5-05 

370 

7*0 

13*2 

0*095 

3*36 

0*163 

6-^0 
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Table 10 


DENSITY OF LIQUIDS 
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Table 12 

VISCOSITY OF LIQUIDS 
Vkinematic viscosity, rn^jsec. 
absolute viscosity, centipoise. 


Najne of liquid 

t 

v.iO' 


Gasoline 

20 

0-83 

0*53 


r 

15 

0*796 

0*70 

Benzene 

1 

1 

20 

0*73 

0-65 


1 

L 

25 

0-68 

0-60 

Kerosene 


20 

2-2 

1*80 

m-Cresol 


20 

20*1 

20*80 

o-Xylene 


20 

0*94 

0*81 

ni-Xylene 


20 

0*81 

0*62 

p-Xylene 


20 

0*74 

0*64 

Naphthalene 


80 

0*907 

1*05 

Pyridine 


20 

0*97 

0*95 

Carbon disulphide 


20 

0*29 

0*37 


r 40 

1 

145-220 

— 

Tar 

1 

80 

19-8-35-3 

— 


1.150 

2-11-4 

— 

Ethyl alcohol 


20 

1*51 

1*20 


( 

' 0 

0*87 

o 

CD 


1 

15 

0-717 

0*62 

Toluene 

■s 

: 20 

0-68 

0-59 



L 25 

0-64 

0*55 



r 20 

11*8 

12*70 

Phenol 


1 

( 50 

3-3 

3*50 



L 90 

1-18 

1*26 
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Table 13 

TEMPERATURE DEPENDENCE OF MSCOSITY OF OIL 
{In centipoise) 


t 

Wash oil 
{coal tar oil) 

M^m, 

9=h060 

kg/m^ 

Solar oil 
2\I=290~ 
350, 9=881 
kglm^ 

Solar oil 
M=350 
-380, p = 
884 
kgjm^ 

Solar oil 
M=380 
-410,9= 
825 
kgjm^ 

Light frac¬ 
tion of coal 
tar 

Phenol frac' 
tion of coal 
tar 

0 

10 

25 

— 

11*6 

19*9 

44*2 

— 

— 

— 

6*3 

O'S 

18*5 

0*86 

4*12 

30 

16*5 

3*7 

5*8 

9*0 

— 

— 

40 

10*0 

— 

— 

— 


— 

50 

6*25 

2 

2*8 

4*5 

0*7 

2*20 

60 

3*7 

— 

— 

— 

— 

— 

70 

2*4 

— 

— 

— 

— 

— 

80 

1*5 

T7 

2*2 

3*0 

— 

— 

00 

0*95 

— 

— 

— 

— 

— 

100 

0*6 

T2 

T5 

2*0 

0*4 

0*85 

no 

0*4 

— 

— 

— 

— 

— 

120 

0*27 

— 

— 

— 

— 

— 

130 

0*18 

— 

— 

— 

— 

— 

140 

0*13 

0*8 

0*9 

1*1 

— 

— 

150 

0*09 

— 

— 

— 

— 

— 

160 

0*055 

— 

— 

— 

— 

— 

170 

0*04 

— 

— 

— 

— 

— 

180 

0*03 

— 


— 

— 

— 

190 

0*024 

— 

— 

— 

— 

— 

200 

_ 

0*4 

0*5 

0*6 

—' 

— 
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Table 17 

VAPOUR PRESSURE OF PURE NAPHTPIALENE AND ITS CONTENT 
IN GAS AT DIFFERENT TExVIPERATURES 


Temperature^ 

"C 

Vapour pres¬ 
sure, mm Hg 

Content in lOOm^ Temperature, 

Vapour pres¬ 
sure, mmHg 

Content in 
lOOm^ gas, g 

0 

0-006 

4-51 

60 

1-83 

1,128 

5 

0-01 

7-38 

65 

2-65 

1,572 

10 

0-02] 

15-23 

70 

3*95 

2,363 

15 

0‘035 

24-95 

75 

5-43 

3,202 

20 

0-054 

37-83 

SO 

7-4 

4,301 

25 

0-082 

56-48 

85 

9-8 

5,617 

30 

0-133 

90-1 

90 

12-6 

7,122 

35 

0-21 

140 

95 

15*5 

8,643 

40 

0-32 

209-9 

100 

18-5 

10,170 

45 

0-518 

334-4 

110 

27-3 

14,624 

50 

0-815 

517-9 

120 

40*2 

20,386 

55 

1-26 

928-7 

130 

Gi-9 

31,514 

Table 18 


FUSION POINT AND BOILING POINT OF SOME SUBSTANCES 


Name of substance 

Fusion 

point, 

Boiling 

point, 

J^'ame of substance 

Fusion 
point, '^C 

Boiling 
point, "'C 

Ammonia 

—77-7 

—33*4 

Pyridine 

—42 

115*4 

Anthracene 

216*1 

342 

Sulphur 

119 

444-6 

Acenaphthene 

95 

277-5 

Hydrogen sulphide 

—85*6 

—60-7 

Benzene 

5-5 

80-1 

Carbon disulphide 

—111-8 

46*3 

Indene 

—2 

182-4 

Methyl alcohol 

—97-8 

64-7 

Carbazole 

240-3 

354-8 

Ethyl alcohol 

—117 

78-1 

0*Cresol 

30 

19T5 

Styrene 


145*2 

m-Cresol 

11-3 

202-8 

Tetraline 

— 

207-2 

p-Cresol 

36 

202-5 

Thiophene 

—30 

84*4 

O-Xylene 

—25-3 

144-4 

Toluene 

—95 

110-6 

m-Xylenc 

—47-9 

139-1 

Phenanthrene 

100 

340-2 

p-Xylene 

13-2 

138*3 

Phenol 

41 

181-2 

Coumarone 

—18 

174 

Fluorene 

113-5 

295 

Cumene 

— 

152*4 

Quinoline 

—14*7 

237-7 

Naphthalene 

80*1 

217-9 

Ethyl benzene 

—92*8 

I"3S*2 
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Table 19 

LATENT HEAT OF VAPORIZATION AND SOLIDIFICATION OF 
SOME SUBSTANCES 
jL^—L atent heat of vaporization, kcal/kg 
1 - 5 —Latent heat of solidification, kcal/kg 


Name of substance 


Ammonia 

327 

83-7 

Anthracene 

— 

38-7 

Benzene 

94-9 

30-2 

Water 

540 

79-7 

100 percent sulphuric acid 

122 

26 

Cresol 

100-6 

26-3 

O-Xylene 

82-51 


m-Xylene 

82-3 y 82 

39-3 

p-Xylciie 

8 Tl J 


Coal tar oil 

62-2 


Naphthalene 

75-4 

35-7 

Pyridine 

102 

— 

Sulphur (monocrystalline) 

362 

9-2 

Carbon disulphide 

84-1 

— 

Coal tar 

85-100 

— 

Ethyl Alcohol 

216-4 

25-7 

Toluene 

86*8 

_ 

Phenarithrene 

_ 

23 

Phenol 

122 

29 

Ethyl benzene 

76-4 



Table 20 


CRITICAL CONSTANTS OF GASES AND VAPOURS 
critical temperature, ""C 
critical pressure, atrn 
p(.y—density in the critical stale, g/cni'^ 


Name 

ter 


Per 

Nitrogen 

•147-1 

33.5 

0-311 

Ammonia 

132-4 

112 

0-235 

Benzene 

288-5 

47-8 

0-33 

Water 

374 

217-7 

0-4 

Hydrogen 

-239*9 

12-8 

0-031 

Ail- 

440-7 

37-2 

0-31 

Oxygen 

118-8 

49*7 

0-43 

O-Cresol 

422 

49-4 


m-Cresol 

432 

45 

_ 

p-Cresol 

426 

50-8 

_ 

m-Xylene 

345-6 

35-8 

_ 

Methane 

- 82T 

45-8 

0-162 

Naphthalene 

468*2 

39-2 


Carbon monoxide 

140-2 

35 

0-311 

Pyridine 

314 

60 


Hydrogen sulphide 

100*4 

89-1 

_ 

Carbon disulphide 

273 

76 

_ 

Methyl alcohol 

240 

78-5 

_ 

Ethyl alcohol 

243-6 

62-8 

0-275 

Thiophene 

317 

48 


Toluene 

320-6 

4T6 

0-292 

Carbon dioxide 

31 

72-9 

0*46 

Phenol 

419-2 

60-5 


Ethylene 

9-6 

50-7 

p-22,, 

Ethyl benzene 

346*4 

38*1 




APPENDIX 


269 


Table 21 

adiabatic CONSTAxMT 
{Specific heat ratio y) 


Name 


Nitrogen 

1*404 

Ammonia 

1*31 

Water 

1*324 

Hydrogen 

1*41 

Air 

1*4 

Oxygen 

T401 

Coke oven gas 

1*37 

Methane 

1*31 

Carbon monoxide 

1*404 

Hydrogen sulphide 

1*32 

Carbon dioxide 

T304 

Ethylene 

1*255 


Table 22 

AVERAGE 9’HERMAL CAPACITY OF GASES AND VAPOURS 


Aa O 2 CO H^O 

Tempera* 
turCf °C 

{in caljm^. deg) 


0 

0*309 

0*302 


0*310 

0*303 

0*346 

100 

0*310 

0*306 


0*315 

0*307 

0*353 

200 

0*310 

0*309 


0*320 

0*311 

0*360 

300 

0*311 

0*312 


0*325 

0*315 

0*366 

400 

0*312 

0*316 


0*329 

0*318 

0*373 

500 

0*312 

0*319 


0*333 

0*322 

0*379 

600 

0*313 

0*322 


0*337 

0*325 

0*386 

700 

0*314 

0*325 


0*341 

0*328 

0*392 

800 

0*316 

0*328 


0*344 

0*332 

0*398 

900 

0*317 

0*331 


0*347 

0*334 

0*404 

1000 

0*318 

0*333 


0*350 

0*337 

0*410 


CH^ 


Air 



H^O 


{i?i caljm^ 




{in caljkg. deg) 

0 

0*355 

0*49 

0*304 

0*485 

0*245 

0*431 

100 

0*389 

0*525 

0*308 

0*508 

0*276 

0*440 

200 

0*422 

0*560 

0*312 

0*531 

0*306 

0*448 

300 

0*454 

0*596 

0*315 

0*552 

0*337 

0*456 

400 

0*484 

0*629 

0*319 

0*573 

0*368 

0*464 

500 

0*514 

0*664 

0*322 

0*594 

0*399 

0*472 

600 

0*542 

0*699 

0*326 

0*614 

0*429 

0*480 

700 

0*568 

0*734 

0*329 

0*633 

0*460 

0*488 

800 

0*594 

0*768 

0*332 

0*651 

0*491 

0*496 

900 

0*618 

0:803 

0*335 

0*668 

0*521 

0*503 

1000 

0*641 

0'.8^8 

0*337 

0*685 

0*552 

0'5U 


COa 


0*402 

0*418 

0*433 

0*447 

0*460 

0*473 

0*485 

0*496 

0*507 

0*516 

0*525 


H.S 


0*232 

0*240 

0*246 

0*252 

0*259 

0*265 

0*271 

0*277 

0*282 

0*288 

0*292 
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Table 23 

PROPERTIES OF DRY AIR AT P=lkg/cm2 
temperature, °C ; ( 2 =thermal difTusivity, m^/hr ; 

p = density, kg/m® ; 73 —absolute viscosity, kg. sec/m® ; 

Cj,=thermal capacity, kcal/kg. deg ; v=kinematic viscosity, m®/sec ; 

jr=thermal conductivity, kcal/m, hr. deg ; Pr ^Prandtl number ; 


t 

P 

Cp 

K.IO- 

a. 10 ^ 



Pr 

0 

1-252 

0-241 

2-04 

6*75 

1-75 

13-70 

0-723 

10 

1-206 

0-241 

2*11 

7-24 

T31 

14-70 

0-722 

20 

1-164 

0*242 

2-17 

7-66 

T 86 

15-70 

0-722 

30 

1-127 

0-242 

2*22 

8*14 

1-91 

16-61 

0-722 

40 

1-092 

0*242 

2-23 

8-65 

1-96 

17-60 

0*722 


1-056 

0-243 

2-25 

9-14 

2-00 

18-60 

0*722 

60 

1-025 

0-243 

2-41 

9-65 

2-05 

19-60 

0*722 

70 

0-996 

0*243 

2-46 

10*18 

2-08 

20-45 

0-722 

80 

0-968 

0-244 

2-52 

10-65 

2*14 

21-70 

0-722 

90 

0-942 

0-244 

2-58 

11*25 

2*20 

22-90 

0-722 

100 

0-916 

0*244 

2*64 

11-80 

2*22 

23-78 

0-722 

120 

0-870 

0*245 

2*75 

12-90 

2-32 

26-20 

0*722 

140 

0-827 

0-245 

2-86 

14*10 

2-40 

28*45 

0-722 

160 

0-789 

0*246 

2-96 

15-25 

2-4G 

30*60 

0-722 

180 

0-755 

0-247 

3-07 

16-50 

2-55 

33*17 

0-722 

200 

0-723 

0*247 

3-18 

17*80 

2*64 

35*82 

0-722 

250 

0-653 

0*249 

3-42 

21*20 

2-85 

42*80 

0-722 

300 

0-596 

0*250 

3-69 

24-80 

3*03 

49*90 

0-722 

350 

0-549 

0-252 

3-93 

28-40 

3-21 

57*50 

0*722 

400 

0-508 

0*253 

4-17 

32-40 

3-36 

64*90 

0*722 

500 

0-450 

0-256 

4-64 

40-00 

3-69 

80-40 

0-722 

600 

0-400 

0*260 

5-00 

49*10 

4-00 

98-10 

0-723 

800 

0-325 

0-266 

5-75 

68-00 

4-54 

137-00 

0-725 

1000 

0-268 

0*272 

6-55 

89-90 

5-05 

185-00 

0-727 


Table 24 

DIFFUSION OF GASES AND VAPOURS IN AIR 


Name 

Ammonia 

Benzene 

Steam 

Hydrogen 

Oxygen 

Carbon monoxide 
Hydrogen sulphide 
Carbon disulphide 
Carbon dioxide 
Toluene 
Ethylene 


jD, cm^jsec at 0° and 760 mm Hg 

0-198 

0-0751 

0-198 

0-634 

0-178 

0-211 

0-0883 

0-099 

0-138 

0-171 

0-102 
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Table 25 


THERMAL CONDUCTIVITY OF GASES AND VAPOURS AND 
COEFFICIENTS OF EQUATIONS 

K~KQ'{-at ; 




2 73H-C/ T M 
r+C V 273 ; 


K is in kcal/m.hr.deg. 


Name 

K, 


■^100 

TTsoo 


C 

Nitrogen 

0-0196 

0-023 

0-027 

0-033 

— 

114 

Ammonia 

0-0185 

0-022 

0-027 

— 

8-85 

626 

Benzene 

0-0076 

— 

0-014 

0-024 

— 


Hydrogen 

O-HO 

0-lG 

0-19 

0-22 

— 

94 

Air 

0-021 

0-024 

0-028 

0-034 

•— 

125 

Oxygen 

0-0206 

0-025 

0-028 

0-035 

— 

144 

Methane 

0-0258 

0-031 

— 

— 

10-7 

— 

Carbon monoxide 

0-0194 

0-021 

— 

— 

— 

156 

Hydrogen sulphide 

0-0113 

— 

— 

— 

— 

— 

Carbon disulphide 

0-0055 

— 

— 

— 

— 

— 

Carbon dioxide 

0-0118 

0-016 

0-02 

0-027 

5-5 

— 

Ethylene 

0-0141 

0-018 

0-023 

— 

— 

— 

Thermal conductivity of steamy K in kcalj?nJir,deg, 

Temperature, °C 

0 

50 

100 

150 

200 

250 

K. 10« 

140 

170 

208 

244 

284 

326 

Temperature, °C 

300 

350 

400 

450 

500 

550 

K. IG^ 

368 

416 

467 

548 

652 

774 
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Table 26 

VISCOSITY OF GASES AND VAPOURS AT 0° 
V—kinematic viscosity, m^/sec. 

7}—absolute viscosity, kg.sec/m^ 

[JL—absolute viscosity, centipoise 
C—constant of equation : 



273 + C, 

( ^ 




r+c'l 

L 273 



Name 





Nitrogen 

13*3 

T74 

1-67 

114 

Ammonia 

12-2 

0*94 

0-93 

626 

Benzene 

2-01 

0-707 

0-70 

380 

Hydrogen 

94-27 

U-86 

0-85 

73 

Ail- 

13*7 

1-75 

1-73 

124 

Oxygen 

13-49 

1-96 

1-92 

131 

Methane 

14-49 

1-05 

1-04 

168 

Carbon monoxide 

13-26 

T7 

1-66 

100 

Hydrogen sulphide 

7-65 

1*2 

1-18 

331 

Toluene 

T5 

0*63 

0-62 

370 

Carbon dioxide 

7-16 

T42 

1*39 

254 

Ethylene 

7-46 

0*98 

0*96 

257 


Table 27 

TEMPERATURE DEPENDENCE OF VISCOSITY OF GASES AND VAPOURS 
(1) Absolute viscosity, “oTO®, kg^secjm^ 


Name 



Temperature, °C 





50 

100 

200 

300 

Nitrogen 

1-74 

1*94 

2*17 

2*57 

2*98 

Ammonia 

0-94 

1*15 

1*34 

1*75 

2*14 

Benzene 

0-707 

0-84 

0*96 

1*22 

1*48 

Hydrogen 

0-86 

0*99 

1-09 

1*26 

1*42 

Steam 

1-02 

1-17 

1*23 

1*62 

2*00 

Oxygen 

1-96 

9*22 

2*51 

3*16 

3*62 

Methane 

1*05 

1*22 

1*40 

1*61 

T86 

Carbon monoxide 

1-70 

1.94 

2*15 

2*53 

2*88 

Hydrogen sulphide 

T20 

1*42 

1*64 

2*06 

2*44 

Toluene 

0-63 

0-78 

0*91 

1*14 

1*26 

Carbon dioxide 

1*42 

1*66 

1*89 

2*32 

2*70 

Ethylene 

0-98 

1*15 ■ 

1-31 

1*61 

1*86 


f2) Kinematic viscosity, 10®, m^/scc. 



jyame 



Temperature, °C 



0 

10 

20 

30 

40 


Nitrogen 

13-3 

14*21 

15*11 

16*01 

16*91 

Benzene 

2*01 

2*18 

2*35 

2*53 

2*7 

Hydrogen 

94*27 

100*42 

106*56 

112*71 

118*85 

Oxygen 

13*49 

14*42 

15*36 

16*29 

17*23 

Methane 

14*49 

15*53 

16*57 

17*6 

18*64 

Carbon monoxide 

13*26 

14*15 

15*04 

15'93 

16*82 

Carbon dioxide 

7*16 

7*7 

8*25 

8*79 

9*34^ 

Ethylene 

7*46 

8-02 

8'59 

9*15 

9*72 



Table 27 ( Contd .) 

(3) Absolute viscosity^ ix. 10^ centipoise 
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Table 28 


CONCENTRATION OF AMMONIA IN AQIJEOUS SOLUTION 
AND IN VAPOURS OVER SOLUTION 
( % by wt ) 


in 

vapours 

in 

solution 

in 

vapours 

in 

solution 

in 

vapours 

in 

solution 

gq 

80 

55 

7-769 

12 

1-444 

98 

70 

54 

7*615 

11 

1*322 

97 

60 

53 

7*48 

10 

1*2 

96 

48 

52 

7-32 

9 

1*066 

95 

41 

51 

7*16 

8*5 

1*0 

94 

34'6 

50 

7*00 

8 

0-933 

93 

28-2 

49 

6*84 

7 

0*8 

92 

25*0 

48 

6*63 

6 

0-675 

91 

22*5 

47 

6*52 

5*4 

0*6 

90 

20*0 

46 

6*36 

5 

0*55 

89 

19*0 

45 

6*20 

4 

0*455 

88 

18*0 

44 

6*05 

3*7 

0*4 

87 

17*0 

43 

5-90 

3 

0-313 

86 

16-0 

42 

5*75 

2*9 

0*3 

85 

15-0 

41 

5*60 

2 

0*2 

84 

14*5 

40 

5*46 

1*5 

0*15 

83 

14*0 

39 

5*30 

1*0 

0*1 

82 

13*62 

38 

5*15 

0*7 

0*075 

81 

13*25 

37 

5*00 

0*5 

0*050 

80 

12*89 

36 

4*85 

0*25 

0*025 

79 

12*66 

35 

4*70 

0*1 

0*01 

78 

12*44 

34 

4*56 



77 

12*22 

33 

4*42 



76 

12*0 

32 

4*28 



75 

11*8 

31 

4*14 



74 

11*6 

30 

4*00 



73 

11*4 

29 

3*84 



72 

11*2 

28 

3*68 



71 

11*0 

27 

3*52 



70 

10*75 

26 

3*36 



69 

10*5 

25 

3*2 



68 

10*25 

24 

3*066 



67 

10*0 

23*5 

3*0 



66 

9*858 

23 

2*929 



65 

9*715 

22 

2*786 



64 

9*562 

21 

2*643 



63 

9*409 

20 

2*5 



62 

9*256 

19 

2*399 



61 

8*980 

18 

2*266 



60 

8*760 

17 

2*133 



59 

8*543 

16*2 

2 



58 

8*326 

16 

1*962 



57 

8*109 

15 

1*81 



56 

7*922 

14 

1*688 





13 

1*56 





SOLUBILITY OF GASES IN WATER 
{c.c. gasjlOOO cc water ; gas volume at NTP) 
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Table 30 

SOLUBILITY OF AMMONIA, CARBON DIOXIDE AND HYDROGEN 
SULPHIDE IN WATER 



.... 

Ammonia 

Carbon dioxide 

Hydrogen Sulphide 

TempBrature, 








a 

b 

a 

b 

a 

b 

0 

1,305 

98*4 

1-713 

0*3360 

4*67 

0*7066 

1 

1,225 

92*4 

1*646 

0*3213 

4*522 

0*6839 

2 

1,161 

87*4 

1-584 

0*3091 

4*379 

0*6619 

3 

1,107 

83*3 

1*527 

0*2978 

4*241 

0*6407 

4 

1,058 

79*6 

1*473 

0*2871 

4*107 

0*6201 

5 

1,024 

77 

1*424 

0*2774 

3*977 

0*6001 

6 

1,002 

75*3 

1*377 

0-2681 

3*852 

0*5809 

7 

980 

73-6 

1*331 

0*2589 

3*732 

0-5624 

8 

960 

72 

1*282 

0*2492 

3*616 

0*5446 

9 

931 

70-3 

1-237 

0*2403 

3*505 

0*5276 

10 

916 

68*6 

1*194 

0*2318 

3*399 

0-5112 

20 

715 

53*1 

0*878 

0*1688 

2*582 

0*3846 

25 

641 

47*2 

0*756 

0*1449 

2*282 

0*3375 

30 

586 

44 

0*665 

0*1257 

2*037 

0*2983 

35 

— 

— 

0*592 

0*1105 

1*831 

0*2648 

40 

_ 

30*4 

0*53 

0*0973 

1*66 

0*2361 

45 

— 

— 

0*479 

0*086 

1*516 

0*211 

50 

— 

22*4 

0*436 

0*0761 

1*392 

0*1883 

60 

— 

15*8 

0*359 

0*0576 

1*19 

0*148 

70 

— 

10*4 

— 


1*022 

0*1101 

80 

_ 

6*1 

— 

— 

0*917 

0*0765 

90 

— 

2*6 

— 


0*84 

0*041 

100 

— 

— 

— 

— 

0*81 

— 


JVo£e : a—^litres of gas at NTP dissolving in 1 litre of water at different temper^ures , 
] 3 __g of gas dissolving^ in 100 g water at different temperatures. 
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S?S^>'S^cocNr-HOC5-xii>‘inT^'cocvj 

OOOOOOOOOOOOOOOO 


, CO CO CM O lO 

j IT) tn o c: 9^ 

ch ih Si c?o 


OOOcMfiCMCOCM’—'COt^OOp 
CsOOrl^OOuDcb'^t^ihiOcM’—'CO 
►-(CM‘<ftOCjO'^COCMCMCOTj^':f 

i i I I I i 1 i I I I i I 


P C) P CTJ Th o CO p CM p 91 
r-^CMCO'^pi^OMOO'ti-cvi'^’jt'crvi^O 
OOOOOO—'C>fCO'^'-'^<JOCO — 


oC5T-''^oi>‘uorfuDr^cricof^ 

lOOCD^f^T^'0^^coo^s.>^»-<^ocD^'> 

o^a^coco9'r^*9*ppoiomp’^Tf^'^ 

ooooocb^ooooooooo 


cMiLCO'icncoooococoLOtococoocrir^ 

cocjDOCor^^cjDO's^Oi-^C^'^'-^OCM 

<CMCMCOCOcO"^'i^<‘^!^Or^ 


LotOcoOi'^ioO^-^iricoco 


CD ID r>- to 


CDr^rf»COCr>D-CMCM 


lOOCDCvlCncD'l'CMpC^O^CDOCsrp CO 
»—(T-MCMCMcO'^iO«jOCDr^COO’--^OvfCn 


iDOtOOinO>JOO«JQOtOO-iOO»OOJOOpO 

^ili,-tCMCMCOC0Ti<'^i^iO‘D^<U0»>*l>~C0C0CDCJ>O 


1,512 1-779 0-412 237-1 + 7-9 23-7 0-31 

1,633 1-814 0-387 268-9 -10-2 23-1 0-30 

1,742 1-834 0-362 306-3 - 21-8 23-4 0-29 

1,830 1-830 0-338 296-2 +10-45 27-8 0-28 
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Table 32 

DENSITY OF SULPHURIC ACID SOLUTIONS (kg/litre) 


Acid Temperature^ °C 


concen¬ 

tration 

0/ 

*0 

0 

10 

20 

30 

5 

1*036 

1*034 

1-032 

1*028 

10 

1*073 

1*070 

1*066 

1*062 

15 

1*112 

1*107 

1*102 

1*097 

20 

l*15i 

1*145 

1*139 

1*133 

25 

1*191 

1*185 

1*178 

1*172 

30 

1*233 

1*225 

1*218 

1*211 

35 

1*275 

1*267 

1*260 

1*253 

40 

1*318 

1*310 

1*303 

1*295 

45 

1*363 

1*355 

1*348 

1*340 

50 

1*411 

1*403 

1*395 

1*387 

55 

1*462 

1*453 

1*445 

1*437 

60 

1*515 

1*507 

1*498 

1*490 

65 

1*571 

1*562 

1*553 

1*545 

70 

1*629 

1*620 

1*610 

1*601 

75 

1*689 

1*679 

1*669 

1*660 

80 

1*748 

1*738 

1*727 

1*717 

85 

1*801 

1*790 

1*779 

1*768 

90 

1*836 

1*825 

1*814 

1*804 

95 

1*854 

1*844 

1.834 

1*824 

100 

1*852 

1*841 

1*830 

1*820 


40 

50 

60 

80 

100 

1*024 

1*019 

1*014 

1*002 

0*989 

1*057 

1*052 

1*046 

1*034 

1*020 

1*091 

1*086 

1*08 

1*067 

1*054 

1*127 

1*121 

1*115 

1*102 

1*088 

1*165 

1*159 

1*152 

1*139 

1*125 

1*205 

1*198 

1*191 

1*177 

1*163 

1*245 

1*238 

1*231 

1*217 

1*203 

1*288 

1*281 

1*273 

1*259 

1*245 

1*332 

1*325 

1*318 

1*303 

1*289 

1*379 

1*372 

1*364 

1*349 

1*335 

1*429 

1*421 

1*414 

1*398 

1*383 

1*482 

1*473 

1*466 

1*450 

1*434 

1*536 

1*528 

1*519 

1*503 

1*487 

1*592 

1*584 

1*575 

1*558 

1*542 

1*650 

1*641 

1*632 

1*614 

1*597 

1*707 

1*697 

1*687 

1*668 

1*649 

1*757 

1*747 

1*736 

1*716 

1*697 

1*793 

1*783 

1*773 

1*752 

1*733 

1*814 

1*804 

1*794 

1*775 

1*756 

1*811 

1*801 

1*792 

1*776 

1*761 


Table 33 

THERMAL CONDUCTIVITY OF SULPHURIC ACID (kcal/m.hr. deg) 


Concert’' 

tration 

% 


Temperature, °C 


0 20 40 


60 80 100 


10 

20 

30 

40 

50 

60 

70 

80 

90 

100 


0*45 

0*43 

0-41 

0*39 

0*37 

0*35 

0*33 

0*30 

0*28 

0*26 


0*48 

0-46 

0*43 

0*41 

0*39 

0*37 

0*34 

0*32 

0*30 

0*28 


0*50 

0*53 

0*48 

0*51 

0*46 

0*49 

0*43 

0*46 

0*41 

0*43 

0*38 

0*40 

0*36 

0*38 

0*33 

0*35 

0*31 

0*33 

0*29 

0*30 


0*56 

0*59 

0*53 

0*56 

0*51 

0*53 

0*48 

0*50 

0.45 

0*48 

0*43 

0*45 

0*40 . 

0*42 

0*37 

0*39 

0*34 

0*35 

0^*32 

P*:33 
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Table 34 

VISCOSITY OF SULPHURIC ACID SOLUTIONS (centipoise) 


Acid con- 
centra- 



Temperaturey °C 



Hon 

% 

15 

20 

30 

40 

50 

10 

1-47 

1.12 

0*99 

0*76 

0*58 

20 

1*83 

1*38 

1*19 

0*95 

0*76 

30 

2*44 

1*82 

1*52 

1*21 

0*99 

40 

3*24 

2*48 

2*10 

1*62 

1*39 

50 

4*65 

3*58 

2*72 

2*3 

1*90 

55 

5*74 

4*48 

3*38 

2*88 

2*28 

60 

7*15 

5*52 

4*08 

3*42 

2*77 

65 

9*32 

7*10 

5*78 

4*55 

3*55 

70 

12*8 

9*65 

7*9 

6*1 

4*20 

75 

18*6 

13*9 

10*6 

8*1 

5*90 

80 

31-3 

23*2 

15*2 

10*7 

7*72 

82 

32*2 

23*6 

15*9 

12*1 

8*11 

85 

32*3 

23*7 

16*1 

12*4 

8*48 

88 

32*1 

23*5 

15*9 

12*2 

8*50 

89 

31*9 

23*3 

15*7 

11*95 

8*50 

90 

31-7 

23*1 

15*55 

11*8 

8*45 

91 

31*6 

23*0 

15*5 

11*75 

8*42 

92 

31*65 

23*05 

15*55 

11*8 

8*40 

93 

31*7 

23*1 

15*6 

12*05 

8*40 

94 

31*85 

23*2 

15*65 

12*2 

8*52 

95 

32-1 

23*4 

15*75 

12*35 

8*71 

96 

32*6 

23*9 

16*0 

12*5 

8*95 

97 

33*7 

24*8 

16*5 

12*7 

9*15 

98 

34*9 

25*8 

17*1 

12*9 

9-46 

99 

36*1 

26*8 

17*7 

13*6 

9-75 

100 

3T*2 

27*8 

18*5 

14*2 

9*80 
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Table 35 

WATER VAPOUR PRESSURE OVER SULPHURIC ACID SOLUTIONS 

(mm Hg) 


Acid 

concert- 

tration 

10 

15 

20 

25 

Temperature, °C 

30 35 

40 

60 

80 

100 

10 

8-8 

12*3 

16*8 

22*7 

30*4 

40*3 

52*9 

143 

337 

720 

20 

8T 

11*3 

15*4 

20*9 

28*0 

37*2 

48*6 

133 

314 

676 

25 

7-5 

10*5 

14*5 

19*6 

26*3 

34*9 

— 

— 

— 

— 

30 

6-9 

9*7 

13*2 

17*9 

24*0 

31*9 

41*7 

116 

273 

588 

35 

6*2 

8*7 

11*6 

15*8 

21*2 

28*2 

— 

— 

— 

— 

40 

5*2 

7*3 

9*8 

13*4 

18*1 

24*2 

31*7 

86*5 

209 

468 

45 

4*2 

5*9 

8*0 

11*0 

14*8 

19*9 

— 

— 

— 

— 

50 

3*2 

4*5 

6*2 

8*5 

11*5 

15*5 

20*4 

58*1 

143 

325 

55 

2*3 

3*2 

4*4 

6*9 

8*4 

11*3 

— 

— 

— 

— 

60 

1*5 

2*1 

2*8 

3*9 

5*4 

7*4 

9*9 

30*2 

77*3 

181 

65 

0*8 

T2 

1*6 

2*3 

3*2 

4*4 

— 

— 

— 

— 

70 

0*3 

0*5 

0*6 

0*9 

1*3 

1*9 

2*95 

11*2 

29*7 

73*5 

75 

0*1 

0*2 

0*3 

0*4 

0*6 

0*8 

1*32 

5*09 

14*3 

36*3 

80 

0*04 

0*06 

0*1 

0*1 

0*2 

0*2 

0*46 

1*88 

5*92 

11*6 

85 

0*01 

0*02 

0*03 

0*04 

0*06 

0*09 

0*14 

0*54 

1*99 

5*99 

90 

0*002 

0*003 

0*005 

0*008 0*01 

0*02 

0*03 

0*17 

0*57 

2*05 

95 

— 

— 

— 

— 

— 

— 

— 

0*01 

0*04 

0*19 

98 


— 

— 

— 

— 

— 

— 

— 

0*01 

0*03 

100 


. .. 

— 


_ 


_ 

0*Q2 

0*06 

m 
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Table 36 

DENSITY OF AMMONIUM SULPHATE SOLUTIONS 
(kg/litre) 


Concen 

tion 

0 / 

/o 

tra- 



Temperature^ °C 





0 

10 

20 

30 

40 

50 

60 

80 

100 

1 

1-006 

1*006 

1*004 

1*001 

0*998 

0*994 

0*989 

0*978 

0*964 

2 

1-012 

1*012 

1*010 

1*007 

1*004 

1*000 

0*995 

0*984 

0*97 

4 

1-025 

1*024 

1*022 

1*019 

1*015 

1*011 

1*006 

0*995 

0*983 

6 

1-037 

1*036 

1*034 

1*031 

1*027 

1*023 

1*018 

1*007 

0*995 

8 

1*049 

1*048 

1*046 

1*042 

1*039 

1*034 

1*030 

1*019 

1*007 

10 

1-062 

1*060 

1*057 

1*054 

1*050 

1*046 

1*041 

1*030 

1*018 

12 

1*074 

1*072 

1-069 

1*066 

1*062 

1-058 

1*053 

1-042 

1*030 

14 

1*086 

1*084 

1*081 

1*077 

1-073 

1*069 

1*064 

1*054 

1*042 

16 

1*098 

1*095 

1-092 

1*089 

1*085 

1*080 

1*076 

1*065 

1*054 

18 

1*110 

1*107 

1-104 

1*100 

1*096 

1*092 

1-087 

1*077 

1*066 

20 

1*121 . 

1*119 

1-115 

1*112 

1*108 

1-103 

1-099 

1*088 

1*077 

22 

1*133 

1*130 

1-127 

1-123 

1*119 

1*115 

1-110 

1*100 

1*089 

24 

1*145 

1*142 

1-138 

1*134 

1*130 

1-126 

1-121 

1-111 

1*100 

26 

1*156 

1*153 

1-150 

1-146 

1-142 

1*137 

1-133 

1*122 

1*112 

28 

1*168 

1-164 

1*161 

1*157 

1-153 

1-148 

1-144 

1*134 

1*123 

30 

1*179 

1*176 

1-172 

1*168 

1*164 

1-160 

i -155 

1*145 

1*135 

35 

1-207 

1*204 

1-200 

1*196 

1*192 

1*188 

1*183 

1-173 

1*163 

40 

1*235 

1*231 

1-228 

1*224 

1*220 

1-215 

1-211 

1*201 

1-191 

45 

1*263 

1-259 

1*255 

1-251 

1*247 

1*243 

1*238 

1-229 

1*219 

50 ’ 

1*290 

1*286 

1-282 

1*278 

1*274 

1*270 

1*266 

1*257 

1-247 


Table 37 

BOILING POINT OF AMMONIUM SULPHATE SOLUTIONS 

Concentra¬ 

tion 

(% by ’^ t ) 

Boiling 

point 

CC) 

Concentra¬ 

tion 

(% by wt) 

Boiling 

point 

{°C) 

Concentra¬ 

tion 

(% by wt) 

Boiling 

point 

CC) 

Concentra¬ 

tion 

(% by wt) 

Boiling 

point 

CC) 

8 

100*55 

19 

101*51 

30 

102*9 

41 

104*9 

9 

100*62 

20 

101*62 

31 

103*05 

42 

105*2 

10 

100*72 

21 

101*75 

32 

103*20 

43 

105*4 

11 

100*78 

22 

101*85 

33 

103*35 

44 

105*7 

12 

100*85 

23 

102*00 

34 

103*55 

45 

105*9 

13 

100*95 

24 

102*10 

35 

103*70 

46 

106*25 

14 

101*05 

25 

102*20 

36 

103*90 

47 

106*6 

15 

101*12 

26 

102*35 

37 

104*05 

48 

106*9 

16 , 

101*21 

27 

102*45 

38 

104*30 

49 

107*3 

17 

101*31 V 

28 

102*60 

39 

104*45 

50 

107*65 

18 

101 * 40 ' 

.. 29 

102*75 

40 

104*70 

51 

108*1 
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Table 38 

VISCOSITY OF AMMONIUM SULPHATE SOLUTION 

(centipoise) 


Concentration 

{%bywt) 


Temperature, °C 


40 

60 

80 

0*713 

0*512 

0-395 

0*725 

— 

_ 

0*766 

0*551 

0-424 

0*807 

— 

_ 

0*994 

0*73 

0-571 

1*644 

1*203 

0-927 


Table 39 

VISCOSITY OF SOLUTIONS 
(centipoise) 


Concentration, 
g. molejlitre 
water 


Ka. CO. 


SO, 


] 18 

1*336 

Ml 

_ 

1*09 

125 

0*915 

1*055 

_ 

0*923 

1,40 

— 

— 

— 


fio 

_ 

_ 

_ 

_ 

1 18 

1*38 

1*192 

— 

1*14 

125 

0*945 

1*14 

0*942 

0*965 

[40 

— 

— 

— 


flO 

_ 

_ 



18 

1*45 

1*35 

_ 

1*22 

125 

0*944 

1*295 

0*983 

1*04 

L40 

— 

— 

0*725 

— 

fio 

— 

_ 

1*54 

_ 

1 18 

1*618 

1*76 

_ 

1*42 

125 

[40 

1*105 

— 

1*08 

0*807 

z 

fio 

_ 

_ 


__ 

1 18 

2*085 

3*22 

_ 

2*61 

< 25 

— 

2*96 

1*44 

— 


— 

_ 

0*994 

— 

i.80 

— 

— 

0*571 

— 

r20 

6*4 

10*9 

2*394 

3*4 

j 40 

3*3 

5 

1*644 

2*2 

] 60 

— 

_ 

1*203 

— 

1.80 

— 

— 

0*927 
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Table 40 

DENSITY OF CAUSTIC SODA SOLUTIONS 

( kgjlitre ) 


Concentra- Temperature, 

tion (% __ 

by w t) 



0 

20 

40 

60 

80 

100 

2 

1*02 

1*02 

1*01 

1*00 

0*99 

0*98 

4 

1*05 

1*04 

1*04 

1*03 

1*01 

1*00 

6 

1*07 

1*06 

1*06 

1*05 

1*03 

1*02 

8 

1*09 

1*09 

1*08 

1*07 

1*06 

1*04 

10 

1*12 

1*11 

1*10 

1*09 

1*08 

1*06 

12 

1*J4 

M3 

1*12 

Ml 

MO 

1*09 

14 

1*16 

1*15 

1*14 

1*13 

M2 

Ml 

16 

1*19 

1*17 

1*16 

1*15 

1*14 

1*13 

18 

1*21 

1*20 

1*19 

M7 

MS 

1*15 

20 

1*23 

1*22 

1*21 

1*20 

M8 

M7 

22 

1*25 

1*24 

1*23 

1*22 

1*20 

1*19 

24 

1*27 

1*26 

1*25 

1*24 

1*23 

1*21 

26 

1*30 

1*28 

1*27 

1*26 

1*25 

1*23 

28 

1*32 

1*31 

1*29 

1*28 

1*27 

1*25 

30 

1*34 

1*33 

1*32 

1*30 

1*29 

1*28 

32 

1*36 

1*35 

1*34 

1*32 

1*31 

1*30 

34 

1*38 

1*37 

1*36 

1*34 

1*33 

1*32 

36 

1*40 

1*39 

1*38 

1*36 

1*35 

1*34 

38 

1*42 

1*41 

1*40 

1*38 

1*37 

1*36 

40 

1*44 

1*43 

1*42 

1*40 

1*39 

1*37 

42 

1*46 

1*45 

1*44 

1*42 

1*41 

1*39 

44 

1*48 

1*47 

1*45 

1*44 

1*42 

1*41 

46 

1*50 

1*49 

1*47 

1*46 

1*45 

1*43 

48 

1*52 

1*51 

T49 

1*48 

1*46 

1*45 

50 

1*54 < 

i ,1*53 

T51 

1*50 

1*48 

1*47 
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Table 41 

BOILING POINT OF CAUSTIC SODA SOLUTIONS 


Concentration 
(% by wt) 

3 

5 

10 

15 

20 

25 

30 

35 

40 

45 

50 

55 

60 

65 

70 

75 

80 

85 

90 

95 


Boiling point 
(°C) 

100-8 

101 

102*8 

105 

108*2 

112*2 

117 

122 

128 

135 

142*2 

150*6 

159*5 

169 

179*6 

192 

206*6 

224 

245-5 

274-5 
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Table 42 

SPECIFIC GRAVITY OF MILK-OF-LIME SOLUTIONS 

Content of 

CaO 

(gllitre) 

Content of 

Ca (OH)^ 

(% by wt) 

Specific gravity 
at 20° 

10 

1*31 

1*009 

20 

2*59 

1*017 

30 

3*87 

1*025 

40 

5T3 

1*032 

50 

6*36 

1*039 

60 

7*58 

1*046 

70 

8*794 

1*054 

80 

9*96 

1*061 

90 

11*14 

1*068 

100 

12*29 

1*075 

110 

13*43 

1*083 

120 

14*55 

1*090 

130 

15*67 

1*097 

140 

16*76 

1*104 

150 

17*84 

1*111 

160 

18*90 

1*119 

170 

19*95 

1*126 

180 

21*00 

1*133 

190 

22*03 

1*140 

200 

23*03 

1*148 

210 

24*04 

1*155 

220 

25*03 

1*162 

230 

26*01 

1*169 

240 

26*96 

1*176 

250 

27*91 

1*184 

260 

28*86 

1*191 

270 

29*80 

1*198 

280 

30*71 

1*205 

29i0 


1*213 

300 


1-220 
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Table 43 

SPECIFIC GRAVITY OF AMMONIA SOLUTIONS 


Specific gravity 


Content of Ammonia^ g 


in 100 g 


in 1 litre 


0‘994 I 

0-990 2 

0-981 4 

0-973 6* 

0-965 8 


9-94 

19-79 

39-24 

58-38 

77-21 


0-958 

10 

0-950 

12 

0-943 

14 

0-936 

16 

0*930 

18 


95*75 

114-0 

132*0 

149-8 

167*3 


0-923 

20 

0-916 

22 

0-910 

24 

0-904 

26 

0-898 

28 

0*892 

” 30 


184-6 

200-6 

218*4 

235-0 

251-4 

267*6 




SOLUBILITY OF SALTS 
(" 1 ) g in 100 g solution 


APPENDIX 



Cf3 1 W J Cp I j 

CO ‘ o ' A. ‘ * 
m !>. 


^ <Ti CO 

«P^C0 'T' ‘p<?o 
LO *>- Od CO o 
CO CO CO CO 


LO OD ^ 


^ <p 05 (» tp S n 
^ (b O'! cb o 

CO CN4 ^ CO tn r-K ^ 


CO 

c <^ 7 ^ CO ^ o 
cn CM Pj cn o 
CM CM ^ CM 


CO CM CO o 

^ ^ ,p-, to 


to CO CM r>. 

CM ^ < CO 


^ p) ^ 


oo 

Sffi-^Rwo 

aaS c? 9 *S 9 



JlOo 
Hn Oco « 

o®:?gsq. 


oz&zxzo 


7 12-5 21-5 40-8 50 — 46-4 45 45 

42 51-5 109 119 129 145 174 313 347 

29-4 33-3 37-2 41'4 45-8 50-4 55-2 G5-6 77-3 

0'14 0-13 0-125 0-12 O'll 0-1 0-09 0-08 O-OC 



VAPOUR PRESSURE AND CONCENTRATION OF PYRIDINE IN THE GAS OVER MOTHER LIQUOR 
DEPENDING ON TEMPERATURE AND CONCENTRATION OF PYRIDINE IN MOTHER LIQUOR 

AT 6% BATH ACID STRENGTH' 
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0*0078 0*0361 0*0166 0*0723 0*0292 0*1351 0*0385 0*1783 
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Table 46 

HEAT OF SOLUTION AT 20° (kcal/mol) 


Substances 

kcaljmol 

Ammonia 

8,800 

Ammonium chloride 

—3,900 

Ammonium sulphate 

—2,370 

Sodium bicai'bonate 

—4,300 

Caustic potash 

13,290 

Sodium carbonate 

5,640 

Caustic soda 

9,940 

Hydrogen sulphide 

4,560 

Sulphur dioxide 

7,500 

Carbon dioxide 

5,880 

Hydrogen chloride 

18,440 

Chlorine 

4,900 

Soda Ash (NajiCO*. lOH^O) 

—16,160 

Calcium hydroxide 

2,790 



DISTRIBUTION OF PIPES IN HEXAGONAL SECTIONS 


290 


APPENDIX 





^CMco-THir>?X3r^coC50 



o CM CO 
CM CM CM CM 
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Internal diameter 
{mm) 

18 

21 

27 

33 

39*5 

46 

51 

57-5 

70 


APPENDIX 
Table 48 
STEEL PIPES 

External diameter 
{mm) 

22 

25 

32 

38 

44-5 

51 

57 

63*5 

76 


Spacing between pipes 
{mm) 

32 

35 

44 

50 

58 

66 

74 

81 

93 
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